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FERMENTATION KINETICS AND PROCESS ECONOMICS FOR THE PRODUCTION OF ETHANOL 

G e r a l d  R a y m o n d   sewsk ski* and  C h a r l e s  R. Wi lke  

1. ABSTRACT 

Although ethanol fermentation technology is extremely old, there 

have been no recent major technological advancements for the production 

of Pndustrial ethanol 5y fermentation. Since 1929 industrial ethanol 

has been produced by the catalytic conversion of ethylene. Presently 

over 98X of industrial ethanol is produced by this method in the 

United States. However, with the impending petroleum storages there 

has been renewed interest in the fermentation of carbohydrates to 

ethanol. The overwhelming advantage of fermentation is that the raw 

materials are renewable. Any fermentable sugar can be used as the 

fermentation substrate. Recent developments in acid and enzymatic 

hydrolysis of cellulose to fermentable sugars may possibly allow the 

economic production of fermentation ethanol from the vast and renewable 

quantities of cellulose on the earth. The ethanol may then be used as 

a chemical feed stock and/or a liquid fuel. 

The aim of this study was to develop and optimize fermentation 

technology for the production of ethanol. Using glucose as the 

fermentable substrate, optimal fermentation parameters of pH,temperature, 

oxygen tension and sugar concentration were determined in both batch 

and continuous culture. The experimental results indicate that 

although ethanol fermentation ie an anaerobic process, 

trace amounts of oxygen are required for maximal ethanol production. 



The ethanol productivity of the initial culture of Saccharonyces 

cerevisiae (ATCC #4126) was optimal at an oxygen tension of 0.7 mmHg 

and a temperatxre of 35°C. However, when long term continuous 

culture was maintained the yeast "adapted" after 3 weeks of operation, 

requiring an oxygen tension of only 0.07 rnmIlg for optimal ethanol 

production. As well, continuous ethanol production by the "adapted1' 

yeast was found to be 43% higher than for the "unadapted" yeast 

under conditions of complete substrate utilization. The pH of the 

broth had only a slight affect on fermentation rates between 3.5  and 5 .5 .  

However, the sugar concentration did affect ethanol productivities 

in continuous culture, with the optimal concentration being 10 wtZ sugar. 

A cell recycle system employing an external settler to increase 

the biomass concentration in continuous fermentations was examined. 

The cell mass concentration was increased fourfold in the recycle 

system over conventional continuous operations. This produced a 

corresponding fourfold increase in ethanol productivity. 

In addition, a novel vacuum fermentation scheme was developed 

where by ethanol is boiled away from the fermentation broth as it 

is produced. Vacuum operation is necessary to achieve boiling 

xt temperatures compatible to the yeast. Since ethanol is removed 

Erom the fermenting broth as it is formed, ethanol inhibition is 

eliminated permitting solutions of high sugar concentration to be 

fermented. A sevenfold increase in ethanol productivity over 

conventional continuous operation was obtained in the vacuum system 

when a 33.4X glucose solution was fermented. By combining the 

vacuum fermentation with cell recycle, yeast cell densities of 1 2 &  g 



dry wt/l were achieved resulting in a 14-fold increase in ethanol 

productivity over simple continuous operation. 

From the experimental results obtained industrial size ethanol 

fermentation plants were designed and an economic evaluation conducted. 

The process design studies indicated that over a 50% reduction in 

capital expenditure nay be obtained by continuous rather than batch 

operation. Further reductions in processing costs were achieved by 

both cell recycle and vacuum operation. Eowever, the cost of 

fermentable substrate, either molasses are enzymatic hydrolysate 

sugars, dominates the economics of ethanol production. 



2 .  PTTRODUCTIOB 

Cthanol fermentation technology is extremeLy old, dating back 

to prehistoric ages, During t he  14iddle Ages the Arabs learned to 

distill fermented broth and produce "fire water", water which burns. 

The production and consumption of distilled s?irits have influenced 

the history of mankind ever since. It was not until the Eighteenth 

Century that ethanol became an important industrial chemical. Up 

to i 9 2 9  practically all ethanol, ifidustrial or beverage, was 

produced from fernentation. Rut with the advent of petrochemical 

technology and the availability of cheap petroleum, industrial 

ethyl alcohol was produced by the catalytic conversion of ethylene. 

This situation exists today. Over 98% of all industrial ethanol 

is currently manufactured from ethylene in this country. Beverage 

alcohol, however, by law is still produced by fermentation. 

The recent petroleum shortages and variability of petroleum 

supplies in this country have renewed interest in the production 

of fermentation alcohol from renewable agriculture products and 

cellulosic wastes. The fermentation alcohol, ethanol, may be used 

as a liquid fuel or as a feed stock for the production of organic 

chemicals currently manufactured from petroleum. During the 1930's 

considerable research using ethanol as an automotive fuel indicated 

that a blend of 10 to 20% of absolute ethanol and gasoline could be used 

in automotive engines without any engine modifications. These 

results have been supported by current research in ~ebraska.~ Fleet 

testing, consisting of over 700,000 vehicle miles, using a 10% 

ethanol-gasoline blend gave 5 to 7% better fuel economy than gasoline. 



Engine wear and emission of pollutants were the same with the 

ethanol-gas blend as with gasoline. 

Ethanol may also be used as a chemical feed stock. Currently 

some 900,000 tons of ethylene derived ethanol are consumed annually 

4 
by industry. Ethanol is used for the manufacture of ethyl acetate, 

acetic acid, glycols and ethylene dibromide, as well as an industrial 

solvent. Thus, there is a definite market for ethyl alcohol as a 

chemical feed stock and as a fuel. The potential also exists for 

saving petroleum by manufacturing ethanol from a renewable resource. 

Ethanol can be produced by a yeast fermentation of a carbohydrate 

substrate. Strains of Saccharomyces cerevisiae are commonly used, 

but other yeasts, such as S. anamensis and Schizosaccharomyces pombe, 

5 
may be employed under certain conditions. Sugars from grain and 

"Blackstrap" molasses have been traditionally used as the fermentable 

substrate, however, any fermentable carbohydrate may be used. New 

developments in the enzymatic and acid hydrolysis of cellulose have 

re-opened the possibility of using cellulosic wastes to produce 

industrial ethanol. 6 9 7  The cellulose polymer of 8-1-4 glucose is 

selectively degraded to the monomer glucose sugar by the catalytic 

action of either acid or enzymes. The glucose can then be fermented 

to ethanol by the yeast S. cerevisiae. The work of this study is 

directly connected with the enzymatic hydrolysis of cellulose by the 

enzyme system produced from the fungus Trichoderma viride. An 

engineering design of the enzymatic hydrolysis process indicates that 

a 4.0% sugar solution can be produced for 5 cents per pound of sugar 

7 
from cellulosic wastes exclusive of the raw material cost. This 



compares favorably with the current selling price of 20 cent/lb for 

glucose. 

8 
In the United States each year, over 2.9x10 tons of residential, 

institutional and commercial solid waste are produced. This waste 

contains approximately 50% cellulosic materials. In addition, 

8 
4.73~10 tons of agricultural waste having a 40% cellulose content are 

available.' If these cellulosic wastes were enzymatically hydrolyzed 

to glucose and subsequently fermented to ethanol, the amount of fuel 

generated would be equivalent to 115 the current United States gasoline 

consumption. In addition, the possibility of cellulose farming 

exists. Here the sun's energy would be stored by the production of 

plant biomass. The biomass would then be hydrolyzed to glucose and 

fermented to a liquid fuel, ethyl alcohol. 

Because industrial ethanol has been produced from ethylene for 

the past 40 years, there have been no recent important advances in 

ethanol fermentation technology applicable to the rapid and bulk 

production of industrial ethanol. There have, of course, been 

developments in beverage alcohol production, but the beverage industry 

is concerned with flavor components and maintaining "old family 

recipes." The goal of this research then, was to develop new 

alcohol fermentation technology with emphasis on economic and 

engineering aspects. 
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3. BACKGROUND INFORPIATION AND PREVIOUS WORK 

3.1. Yeast Metabolism 

The yeast Saccharomyces cerevisiae used in the alcohol fermentation 

studies is a facultative anaerobe, able to grow in the presence or 

absence of oxygen. Under anaerobic conditions Saccharomyces ferments 

glucose to ethanol and carbon dioxide, but when oxygen is present 

only carbon dioxide and cell mass are produced through a respiratory 

metabolism. There is not a clean delineation as to whether the 

catabolic metabolism of Saccharomyces will be anaerobic or aerobic 

for a given fermentation. Many times a mixture of oxidative and 

fermentative metabolisms exists during an aerobic fermentation. ' The 
type of metabolism depends on the oxygen, glucose and to some extent, 

inorganic salt concentrations in the fermentation broth. 2 -4 

A simplified schematic of anaerobic and aerobic metabolisms is 

shown in Fig. 3.1. Under anaerobic conditions glucose is fermented 

to ethanol and carbon dioxide by glycolysis.5 Glucose is first 

converted to pyruvate by ten enzyme catalyzed steps. The pyruvate is 

then further metabolized to acetaldehyde and carbon dioxide, and then 

to ethanol by two additional enzymatic reactions. The overall 

reaction, shown in Eq. (3.1), produces 2 moles of ethanol and carbon 

dioxide for every mole of glucose fermented. 

C H 0 + 2C H OH + 2C02 
6 1 2  6 2 5 

Glucose Ethanol Carbon dioxide 

On a weight basis every gram of glucose can theoretically yield 

0.511 grams of ethanol. In actual practice the ethanol yield is 

about 90 to 95% of the theoretical yield, since a portion of the 





glucose is channeled into biosynthetic pathways. 

The anaerobic fermentation of 1 mole of glucose to ethanol 

produces 2 moles of the energy translating compound adenosine 

triphosphate (ATP) during glycolysis by addition of phosphate to ADP 

formed in biosynthesis. The energy produced from the fermentation and 

stored in the ATP is consumed in biosynthesis to produce cell mass. 

This points out an interesting fact. If the yeast growth rate is high, 

the fernentation rate inust also be high in order to supply the energy 

required for the production of cell mass. Conversely, if growth is 

suppressed the ethanol production rate will also be reduced. 

During aerobic conditions glucose is metabolized to cell mass 

5 
and carbon dioxide and no ethanol is formed. Also, as in the anaerobic 

metabolism, the glucose is first converted to pyruvate by glycolysis. 

The pyruvate then enters the Tricarboxylic acid cycle (TCA cycle) 

and is oxidized to carbon dioxide by the action of oxidized nucleotides. 

As the pyruvate is oxidized, reduced nucleotides, NADH and FADH are 

formed. These nucleotides are reoxidized through an electron transport 

chain using oxygen as the final electron acceptor to produce water. 

The energy liberated by oxidation of the nucleotides is stored by 

the production of ATP and subsequently used in biosynthesis. The 

aerobic oxidation of 1 mole of glucose yields 38 moles of ATP as compared 

with 2 moles of ATP obtained from the strictly anaerobic pathway to 

ethanol. The consumption of glucose per unit of cell mass produced 

is lower under aerobic than under anaerobic conditions because the 

specific energy requirement, i-e., moles of ATP, for biosynthesis is 

approximately the same in either case, while the aerobic processes 



makes 19 times more ATP available per mole of glucose consumed. Also, 

the yield of cell mass per gram of glucose consumed is higher in an 

aerobic metabolism because no glucose is used to produce ethanol. 

Typically 0.4 to 0.47 grams of cells are produced per gram of glucose 

aerobically metabolized while only 0.05 to 0.12 grams of cells are 

formed per gram of glucose in the anaerobic case. 

3.1.1. Effect of Oxveen 

Although the alcoholic fermentation has been classically thought 

of as totally anaerobic, numerous workers have shown that trace 

amounts of oxygen stimulate fermentation rates and that some strains 

of Saccharomyces cerevisiae actually require oxygen as a growth 

6-8 
factor. The amount of oxygen required to accelerate the fermentation 

rate is extremely small amounting to only 0.05 mmHg oxygen tension 

7 
in the fermentation broth. As a result, the determination of the 

absolute oxygen requirement is difficult and necessitates the 

purification of even high purity nitrogen to reduce the residual 

9 
level of oxygen to less than 1 ppm. For this reason the oxygen 

requirement of Saccharomyces has often been overlooked. 

The stimulating effect of oxygen on fermentation rates is of 

an anabolic rather than catabolic nature. At the optimal oxygen 

4 
tension of continuous culture, Haukeli et al. have shown that 

over 99% in the catabolism was fermentative rather than oxidative. 

Oxygen is necessary for the biosynthesis of poly-unsaturated fats 

and lipids required in mitrochondrial and plasma membranes. 
3,4,16 

Without these important structural components many essential membrane 

functions are impaired. 10yll Bloomfield and Black12 demonstrated that 



the synthesis of poly-unsaturated fatty acids in yeast is via thioester 

derivatives in the presence of oxygen and reduced pyridine nucleotides. 

Also, the production of the steroid, ergosterol in Saccharomyces has 

been shown to require oxygena3 Thus if the base fermentation medium 

is supplemented with erogsterol the oxygen requirement of S. cerevisiae 

may be eliminated. 
13,16 

The history of the inoculum in batch fermentations also affects 

the oxygen demand. l3 If the inoculum is grown either aerobically 

or in an ergosterol supplemented media, the oxygen requirement of 

the subsequent fermentation is diminished. This illustrates the 

ability of Saccharomyces to store unsaturated compounds during 

aerobiosis for use when fermentation conditions become anaerobic. 

Ergosterol can constitute as much as 10% of the cell dry weight of 

S. cerevisiae during aerobic growth while no ergosterol is found if 

growth is anaerobic. 
14 

High oxygen tension in the fermentation broth (above 200 mHg) 

can inhibit fermentation rates. l5,l6 Oural found that if the gas 

sparged through his fermenter contained more than 30% oxygen, the 

metabolism of the yeast was disturbed and ethanol and acetaldehyde 

were produced even though the fermentation was highly aerobic. 

cowland ,15 however, demonstrated a partial inhibition of ethanol 

fermentation at much lower oxygen tensions (2.3 mrnHg), but was able 

to adapt the yeast to higher oxygen tensions, although no increase 

in ethanol productivity was reported. 

There exists then an optimum oxygen concentration for the alcoholic 

fermentation. Indeed it may not be possible to maintain a continuous 



ethanol fermentation without sparging some oxygen through the 

6 
fermenter, but if the oxygen tension is too high either the ethanol 

fermentation rate is depressed or the metabolism of the yeast becomes 

1 
totally aerobic and no ethanol is produced. However, the final 

metabolism of the yeast is dependent on the glucose concentration in 

the fermentation broth as well as the oxygen tension. The interrelation 

between glucose and oxygen concentrations is discussed in the next 

section. 

3.1.2. Effect of Glucose 

High concentrations of glucose (above 150 g/l) inhibit enzymes 

17 
in both the fermentative and oxidative pathways. This is commonly 

called substrate inhibition. At moderate concentrations, (3-100 g/l) 

glucose selectively inhibits respiration in Saccharomyces. 
8 

This catabolic repression of the respiratory metabolism permits 

alcoholic fermentation to continue even in the presence of high oxygen 

tension. The catabolism will be fermentative and independent of oxygen 

concentration as long as the glucose level is above 3 to 5 g/l. 
18 

The mechanism of catabolic repression is not well understood. 

Richard et a1.19 have shown that glucose concentrations of 50 g/l 

strongly repress A-type cytochromes and to a lesser extent B- and 

C-type cytochromes of the electron transport chain. Therefore, an 

8 
inhibition of the aerobic metabolism is expected. But Akbar was not 

able to demonstrate a relation between the cessation of cytochrome 

synthesis and respiration activity during glucose catabolic repression 

in Saccharomyces. Akbar thus proposed that independent mechanisms 

repress the synthesis of cytochromes and other mitochondria1 enzymes. 



A theory of catabolic repression was also put forth by Eiols20 which 

relates the degree of repression to the increased level of the 

adenosine phosphate pool as the yeast begins to aerobically metabolize 

glucose. Although this theory supports the findings of Akbar, it does 

not explain the fact that cytochrome rich cells of S. cervisiae 

would make greater demands on the ATP pool for biosynthesis than 

actively fermenting cells. 

When the glucose concentration drops below 2 g/l catabolic 

repression lifts and if oxygen is present, yeast metabolism switches 

8 
from fermentative to oxidative. This results in a decrease of the 

specific glucose consumption rate and is known as the Pasteur effect. 

The Pasteur effect stems from the fact that more energy (ATP) is 

derived from the aerobic than anaerobic catabolism of glucose while 

the energy requirement for production of yeast cell mass remains 

unchanged. 

3.1.3. Effect of Ethanol 

When S. cerevisiae ferments concentrated sugar solutions,ethanol 

accumulates in the broth to such an extend that the metabolic activity 

of the yeast is suppressed. The fermenting yeast pollutes its 

environment with the end products of its metabolism until it ceases 

to grow and eventually dies. This end product inhibition is the 

reason wine is typically only 12% alcohol. 

The inhibition of ethanol and cell mass production by 

Saccharomyces in the presence of high ethanol concentrations has been 

extensively studied. Particular reference is made to the work 

of I3azuaz4 who characterized the alcohol inhibition kinetics of the 



yeast used in this work. The mode of ethanol inhibition is of a 

noncompetitive type. 22 Zines and ItogersP5 using - K. aerogenes 

demonstrated that the point of ethanol inhibition occurs after the 

catabolic metabolism and is probably located in the biosynthetic 

pathways. In addition, thepermeabilityof the cell membrane was 

altered by high concentrations of ethanol. 

There are numerous kinetics models relating alcohol inhibition 

to the fermentation rate of S. cerevisiae. 22324 Most of these models 

are of a parabolic type showing negligible inhibition at low alcohol 

concentration with growth and fermentation stopping at an ethanol 

concentration of 9 to 12%. The exact form of the kinetic models 

differ somewhat depending on the yeast strain and experimental 

conditions used in the particular study. 

Ethanol inhibition is of major importance in industrial 

fermentationsbecausea high tolerance of ethanol permits concentrated 

sugar solutions to be fermented. This allows a more efficient use 

of fermentor volume and reduces the size of auxiliary equipment 

such as media sterilizers and pumps. Also the distillation cost 

of concentrating the ethanol is reduced if the fermented beer has a 

high alcohol concentration. 

3.2. Present Ethanol Fermentation Technology 

The major advances in ethanol fermentation technology have been 

made in the beverage industry, particularly for the manufacture of 

beer. But concern for flavor components has limited the development 

of rapid industrial fermentations. Ethanol fermentations have been 

traditionally operated batchwise, although there is much literature 



dealing with the performance of continuous laboratory beer 

fermentations. 26-28 The commercial operation of one continuous beer 

fermentation, however, has been reported by Bishop. 29 The continuous 

system employs a two-stage fermentation to ferment the mixture of 

sugars present in the wort and a cooled settler to separate the yeast 

and fermented beer. 

~ortno,~' as well as Pirt and ~urowski~' have examined closed 

continuous fermentations in which the yeast cells remain in the 

fermentor by either sedimentation or filtration from the fermentation 

broth. Their findings indicate that a portion of yeast must be 

continually removed from the fermentor to maintain a viable and 

steady fermentation rate. If the fermentor system is operated totally 

closed with no yeast escaping in the fermented broth, the yeast 

viability declines with a corresponding decrease in fermentation rate. 

A deterioration of beer quality was also reported for the closed systems. 

The current state of the art of alcohol fermentations leaves much 

to be desired when applied to industrial ethanol production. 



REFERENCES 

1. E. Oura, Biotechnol. Bioeng. 16, 1197 (1974). - 

2. H. Holzer, J. Witt, Biochem. Z. - 330, 545 (1958). 

3. P. J. Rogers, P. R. Stewart, J. Gen. Microbiol. 79, 205 (1973). - 

4. A. D. Haukeli, S. Lie, J. Inst. Brew. 79, 55 (1973). - 

5. R. Y. Stanier, El. Doudoroff and E. A. Adelberg, The Microbial 

World (Prentice Hall, Inc, NJ, 1970). 

6. J. White, D. J. Munns, Vallestein Commun. 14, 199 (1951). 

7. T. W. Cowland, D. R. Maule, J. Inst, Brew. - 72, 480 (1966). 

8. M. D. Akbar, P. D. Richard, F. J. Moss, Biotechnol. Bioeng. 16, - 

455 (1974). 

9. A. A. Andreasen, J. J. B. Stier, J. Cell Comp. Phys. - 41, 23 (1953). 

10. S. Fleischer, B. Fleischer, Methods in Enzymology - 10, 406 (1967). 

11. L. E. Hokin, M. R. Hokin, Nature (London) - 189, 836 (1971). 

12. D. K. Bloomfield, K. J. Black, Bio. Chem. - 235, 337 (1960). 

13. A. D. Eaukeli, S. Lie, J. Inst. Brew. - 77, 253 (1971). 

14. S. C. Prescott, C. G. Dunn, Industrial Microbiology (McGraw-Hill, 

NY, 1959). 

15. T. W. Cowland, J. Inst. Brew. - 73, 542 (1967). 

16. M. H. David, B. H. Kirsap, 3. Inst. Brew. - 79, 20 (1973). 

17. H. Holzer, Aspects of Yeast Metabolism, A. K. Mills, ed. (Oxford, 

Blackwell Scientific Publications, 1968). 

18. F. J. Moss, P. A. D. Richard, F. E. Bush, Biotechnol. Bioeng. - 13, 

53 (1971). 

19. P. A. D. Richard, F. J. Xoss, D. Phillips, T. C. K. Mok, Biotechnol. 

Bioeng. 13, 164 (1971). 



20. A. Sols, - Aspects of Yeast Yetabolism, - A. I<. Mills, ed. (Oxford, 

Blackwell Scientific Publications, 1968). 

21. A.  S. Aigar, R. Ludeking, Chem. Eng. Frog. Symp. - 62(69), 57 (1969). 

22. S. Aiba, M. Shoda, M. Nagatani, BiotechnoL Bioeng. - 10, 845 (1968). 

23. I. Holzbring, R. K. Finn, K. H. Steinkraus, BiotechnoLBioeng. 9, - 

413 (1967). 

24. C. Bazua, Effect of Alcohol Concentration on the Kinetics of Ethanol 

Production by Saccharomyaces cerevisiae (M. S. Thesis), University of 

California, Berkeley, 1975. 

25. D. 0. Zines, P. L. Rogers, Biotechnol. Bioeng. 13, 293 (1971). - 

26. A. D. Portno, J. Inst. Brew. 74, 55 (1968). 

27. D. J. Millin, D. Phil, J. Inst. Brew. - 72, 394 (1966). 

28. T. G. Watson, J. S. IIough, J. Inst. Brew. - 72, 547 (1966). 

29. L. R. Bishop, J. Inst. Brew. - 76, 172 (1970). 

30. A. D. Portno, 3. Inst. Brew. - 73, 43 (1967). 

31. S. 3 .  Pirt, W. M. Kurowski, J. Gen. Microbio. - 63, 357 (1970). 



4. FERMENTATION KINETICS AED THEORY OF FEWNTER OPERATION 

4.1. Batch Fermentation 

Yeast cells of the Saccharomyces genus are oblate spheroids which 

reproduce asexually by a process called budding. A bud appears on 

the surface of a cell and grows until it reaches almost the size of 

the mother cell. The bud then separates from the nother cell and a 

new cell is formed. The budding process may be repeated 40 times 

before a cell stops reproducing. ' The number of times a cell has 
budded can be found by counting the number of scars left on the cell 

surface. When budding scars cover the surface of the cell, the budding 

process stops, but the cell still metabolizes fermentable substrates. 

Yeast growth is autocatalytic. One cell buds or divides to give 

two, two cells bud to give four and so on. The rate of cell mass 

production in batch culture is thus proportional to the cell mass 

concentration. The constant of proportionality is called the specific 

growth rate and designated by p. 

where, x = cell mass concentration, g dry vt/l 

t = time, hr 

-1 
p = specific growth rate, hr 

Rearranging Eq. (4.1) and solving for the cell mass as a function 

of time one pbtains, 



where, x = initial cell mass concentration at time 
0 

t = 0, g dry wt/l 

Equation (4.2) is a description of exponential growth which occurs 

during a batch fermentation. If the log of both sides of Eq. (4.2) is 

taken, Eq. (4.3) is produced. 

This illustrates that a plot of the log of cell mass vs time should 

yield a straight line with a slope equal to the specific growth rate. 

Depending on growth conditions such as pH, temperature and nutrient 

composition, the specific growth rate of yeast in batch culture varies 

-1 
between 0.2 and 0.6 hr . 

The specific growth rate has been related to the substrate 

2 
concentration by Eonod as, 

-1 
where 

I'lmax 
= maximum specific growth rate, hr 

Ks 
= saturation constant, g/l 

S = concentration of growth-limiting substrate, g/l 

The saturation constant, is typically quite small (0.1 to 0.3 g/l). 
4 

Ks ' 

Therefore, the empirical model presented in Eq. (4.4) dictates that 

the growth rate will be maximal and independent of substrate 

concentrations at high substrate concentrations and a linear function 

of substrate concentration at low concentrations. 



The production of ethanol is growth associated during exponential 

growth, but becomes non-growth associated during the latter stages of 

batch growth. It is also non-growth associated when the ethanol con- 

centration is high (end product inhibition). With this in mind, Aigar and 

3 
Luedeking correlated the specific cell ethanol productivity in batch 

fermentation as, 

where v = specific ethanol productivity, g ethanollg cell-hr 

P = ethanol concentration, g/l 

a = stoichiometric constant for conversion of substrate to ethanol 

-1 6 = proportionality constant, hr 

2' 

According to Eq. (4.5) if v is plotted against the specific growth rate, 

y, one should get a straight line with a slope a and intercept B .  

The efficiency of conversion of a substrate to ethanol and cell mass 

in both batch and continuous fermentations is often characterized by the 

following yield factors. 

where, Y 
X/ s = yield factor relating grams of cells produced per gram of 

substrate 

AX = cell mass 

AS = substrate 

Y 
a P  = -  

P/S as 

consumed 

produced, g/l 

consumed, g/l 

where, Y ~ / s  = yield factor relating grams of ethanol produced per gram 

of substrate consumed 

AP = ethanol produced, g/l 

AS = substrate consumed, g/l 



AP y = -  
PIX AX 

where, Y 
P/X 

= yield factor relating grams of ethanol produced per 

gram of cells produced. 

4.2. Continuous Fermentation 

In continuous fermentation a constant supply of fresh media is 

pumped to a well-mixed fermentation vessel while an appropriate amount 

of cells and fermented broth are continually withdrawn. At steady 

state the medium feed rate is equal to the fermented broth exit rate 

and there is no net accumulation of either cell mass or fermentation 

products in the fermentor. A cell mass balance may be written for 

the steady state operation of a continuous fermentor in a series of 

fermentation vessels. 
4 

-1 
where, = specific growth rate, hr 

X = cell mass concentration, g dry wt/l 

-1 D = dilution rate, hr 

n = fermenter number, n = 1 for first fermenter in series 

The dilution rate, D, is defined as 

where, F = medium flow rate, llhr 

V = fermenter volume, 1 

By definition, D is the reciprocal of the mean residence time. 

If only one continuous fermentor is used, Eq. (4.9) reduces to 

v =  D 



-2 3- 

Therefore, at steady state the dilution rate, D, is equal to the 

specific growth rate, u, for a single stage continuous fermentation. 

However, if the dilution rate is greater than the maximum specific 

growth rate of the cells, washout will occur. Washout is a 
max ' 

result of cells leaving the fermentor in the exit stream faster than 

they can reproduce within the fermentor. 

Conditions of washout can be predicted by solving Eq. (4.4) 

the exit substrate concentration, S, from the fermentor. 

Here use has been made of Eq. (4.10) to replace u with D. From 

Eqs. (4.6) and (4.7) the cell mass and ethanol concentrations in 

the fermentor are found. 

P = Y  (S - S )  
P I S  0 

for 

(4.11) 

(4.12) 

(4.13) 

where, S = initial substrate concentration in the fresh medium, g/l. 
0 

Equation (4.11) shows that at dilution rates much lower than p 
max 

the substrate concentration will be very low and proportional to D. 

The cell mass and ethanol concentrations calculated from Eqs. (4.12) 

and (4.13) will be maximal at low dilution rates, since S will be 

small. But as D approaches , Eq. (4.11) shows the exit substrate 
rnax 

concentration approaching infinity. Actually, the substrate con- 

centration can only rise to S since no substrate is being created. 
0 

At this point, from Eqs. (4.12) and (4.13), the cell mass and ethanol 



concentrations fall to.zero and washout of the single stage fermentor 

occurs. 

However, in a multi-vessel staged fermentation the dilution rate 

of the second and all succeeding fermentors may be greater than 
max 

without washout taking place. This may be shown by solving for D 
n 

in Eq. (4.9). 

Since, Dn-19 Xn-l and X are positive numbers, D can be larger than n n 

when the specific growth rate in the nth fermentor, 
lJmax ]-I,, is equal 

'max 
. Equation (4.14) reflects that the feed to the second and 

latter fermentors contain cells which were produced in the previous 

fermentors. Therefore, to maintain a stable cell mass concentration, 

not as many cells need to be produced in these fermentors. 

The overall ethanol productivity of any continuous system is 

defined as, 

where, Q = overall productivity, grams ethanolproduced/(liter of total 

fermentation volume-hr) 

F = medium flow rate, l/hr 

VT = total fermentation volume, 1 

P = ethanol concentration, g/l 

-1 
D~ 

= system dilution rate based on total volume, hr 



The specific cell ethanol productivity can then be calculated. 

where V = specific cell ethanol productivity, grams ethanol produced/ 

(gram cells-hr) 

X = cell mass, g / l  

4.3. Cell Recvcle 

In a cell recycle fermentation system a portion of the cells is 

separated from the ferinented broth and returned back to the main 

fermentor. The cell recycle increases the cell mass concentration 

in the fermentor and allows a single stage fermentor to be operated 

at a dilution rate higher than the specific growth rate of the cells. A 

schematic of a cell recycle system is shown in Fig. 4.1. F 

l/hr of fresh medium is fed to the fermentor and WF l/hr of cell con- 

centrate is recycled back to the fermentor. The relationship between 

the specific growth rate, p ,  of the cells and the fermentor dilution 

rate, D, is given by Ref. 4 .  

Provided the cell mass concentration of the recycle stream is much 

greater than the cell mass concentration in the fermentor. 

where W = recycle ratio, 0 G W G 1.0 

F = flow rate of effluent from separator, l/hr 
e 

F = flow rate of fresh medium, l/hr. 



Fermentor 47 
/ Centrifuge 

Fig. 4.1. Single vessel with cell recycle. F=flow of fresh medium, Fa=flow rate of cell suspension 
from fermentor, Fe=flow rate of effluent from separator, FeX=flow rate of cell concentrate 
from separator, W=recycle ratio, X-cell mass concentration in fermentor, Xe=cell mass 
concentration in effluent from separator, Xx=cell mass concentration in recycled 
suspension. 



Equation (4.17) indicates that steady state operation can be realized 

even if the value of D in single vessels is larger than V, provided 

the cell recyc1.e ratio, W, is selected appropriately. This implies 

that the ethanol productivity of a recycle system can be higher than 

schemes not employing cell recycle because the dilution rate in 

Eq. (4.15) can be increased. The rational of cell recycle operation 

may be viewed as increasing the cell mass concentration in the fernentor 

which produces a higher fermentation rate per unit volume of fermentor. 

4.4. Vacuum Fermentation 

The vacuum fermentation system takes advantage of the high 

volatility of ethanol. The ethanol is boiled away from the fermentation 

broth as it is formed, thus eliminating end product inhibition. The 

entire fermentation is carried out under a sufficient vacuum to cause 

boil off of the ethanol at a temperature compatible with the yeast. 

Since ethanol inhibition is eliminated with vacuum fermentation, high 

concentrations of sugar (50%) can be fermented. Also the cell mass 

in the vacuum fermentor may be maintained at a high level because 

only water and ethanol are vaporized and the cells remain in the 

fermentor. The ability of the vacuum system to use high sugar con- 

centrations and to sustain high cell densities results in extremely 

high ethanol productivities. 

The fermentation broth in the vacuum scheme may be idealized 

as a binary mixture of ethanol and water. The equilibrium vapor 

pressure of the solution is given by 



P = y x ~ ~ + y x ~ ~  
e e e  w w w  

where, P = equilibrium vapor pressure of solution, mmHg 

X = mole fraction of ethanol 
e 

xw 
= mole fraction of water 

ye = activity coefficient of ethanol 

w 
= activity coefficient of water 

s 
Pe = saturation pressure of ethanol, mmHg 

S 
Pw = saturation pressure of water, mmHg. 

The mole fraction of ethanol in the fermentor is held at a constant 

low value of 0.02 (5 wt%) to circumvent ethanol inhibition. Thus 

the activity coefficients in Eq. (4.18) may be assumed constant. The 

vapor pressure of ethanol and water are given by the Antoine Equation. 
5 

1554. 3 
log ps = 8.0449 - - 50.5 e 

1750.29 log ps = 8.1076 - - 38,0 W 

where, T = temperature, OC. 

The temperature is set by the optimum fermentation temperature of the 

yeast. With the temperature and composition set, the binary equilibrium 

is completely specified and the operating pressure of the fermentor 

is calculated from Eq. (4.18). In actual practice the inorganic 

salts in the fermentation broth decrease the fermentation pressure as 

calculated by Eq. (4.18). However, this was found to be a minor 

effect when compared to changes in ethanol concentration. 



During steady state operation, water and the ethanol produced by 

fermentation are boiled away from the fermentor. The ethanol-water 

vapor is condensed and collected in a product receiving tank. The 

carbon dioxide formed during fermentation does not condense and must 

be compressed up to atmospheric pressure to maintain a vacuum in 

the fermentor. The ethanol.mole fraction in the vapor wiil be higher 

than in the fermentation broth because of ethanol's high relative 

volatility. An equilibrium expression relating the mole fraction of 

ethanol in the vapor and broth is shown in Eq. (4.21). 

where, Y = vapor mole fraction 

X = liquid mole fraction. 

The subscript e refers to ethanol and w to water. The relative 

volatility, a of the ethanol water system is calculated from a 
12 ' 

correlation due to ~ala. (Hquation A. 41 in Appendix 1.) If the 

fermenting broth contains 5 wt% of ethanol, Eq. (4.21) yields an 

ethanol composition of 32 wt% in the vapor. Thus only a portion of 

the initial feed must be vaporized to hold the ethanol mole fraction 

in the fermentor constant. 

As ethanol and water are boiled away from the ferment05 fresh 

medium is fed to the fermentor to maintain the liquid level and 

supply substrate for fermentation. The boil up rate and hence the 

medium feed rate are controlled by the energy input to the fermentor. 

As more energy is transferred to the fermentation broth, the boil 



up rate and feed rate are increased. The temperature, however, remains 

constant as is determined by the equilibrium relation set forth in 

Eqs. (4.15) through (4.20). 

Because only ethanol and water are vaporized, unmetabolized 

inorganic salts and vitamin supplements accumulate in the fermentor. 

High concentrations of these constituents can have a deleterious 

effect on the yeast fermentation rate. Thus, a continuous bleed stream 

of fermented broth is required to keep the concentration of non-volatile 

components low enough so that they do not hinder fermentation. Cells 

also are removed with the bleed stream and this lowers the cell 

density in the fermentor. However, the cell concentration in the 

vacuum fermentor will still be larger than that experienced in 

conventional continuous culture. The cell mass concentration, as a 

function of fermentor bleed rate, is shown in Eq. (4.22) for the 

vacuum system. 

where, X = cell mass concentration, g dry wt/l 

F = fresh medium feed rate, l/hr 

B = fermentation bleed rate, l/hr 

Y = cell yield factor, g celllg substrate 
XI s 
S = initial substrate concentration, g/l 
0 

S = exit substrate concentration, g/l 

The cell mass increases in Eq. (4.22) as the bleed rate is decreased. 

Typically, a FIB ratio of 5 can be used in the vacuum system. This 

alone produces a fivefold increase in cell mass over conventional 



continuous operations, provided Y is constant. As mentioned X I  s 
previously, the initial substrate concentration, 

So ' can also be 

increased in vacuum fermentations. Again from Eq. (4.22), an increase 

in substrate concentration raises the cell density in the fermentor. 

The possibility of using the vacuum scheme with cell recycle 

also exists. If this is done, the cell density is independent of 

bleed rate. As shown in Chapter 6, very high cell concentrations are 

obtained with the vacuum-cell recycle combination, the end result 

being extremely high ethanol productivities. 
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5. EXPXREENTAL PROCEDURES 

5.1. Yeast Strain and Culture Medium 

The organism used in the alcohol fermentation studies was 

Saccharomyces cerevisiae, ATCC #4126. This yeast was chosen because 

it has been used for industrial ethanol production and ferments at 

1 
high temperatures. The yeast was stored at 4OC on agar slants of 

composition shown in Table 5.1. Every month new slants of the yeast 

were cultured to insure high viability and lower the chances of 

strain degradation. 

Inocula for the fermentation experiments were prepared by 

transferring a small amount of yeast cells with an inoculating loop 

to a 250 ml shake flask containing 150 ml of sterile liquid medium 

shown in Table 5.2. The shake flasks were then incubated at 35OC in a 

reciprocating shaker water bath for 16 hr. A volume equal to 2% 

of the fermenter working volume of the resulting yeast suspension was 

added to the laboratory fermenter as the inoculum. 

The medium listed in Table 5.2 is the standard media used in all 

batch and continuous experiments. When the sugar concentration was 

increased for the vacuum fermentation experiments, all other 

components were increased by the same ratio. The medium components 

were mixed and sterilized together at 121°C for 30 min for both 

batch and continuous fermentations. However, for the vacuum fermentation 

experiments, it was necessary to sterilize the glucose and minerals 

separately to avoid caramelizationof the glucose, which, while not 

affecting ethanol or cell mass production, did interfere with the 

optical determination of cell mass concentrations in the vacuum 

fermentation system. 



Table 5.1. Agar support composition. 

Component* 811 

Glucose (anhydrous) 20.0 

Yeast extract (Difco) 2.2 

CaC12 

Agar (Difco) 

Tap water Make up to 1 liter 

* 
All salts and glucose reagent grade. 

Table 5.2. Base fermentation media. 

Component* 

Glucose (anhydrous) 100.0 

Yeast extract (Difco) 8.5 

CaC12 0.06 

Anti-foam (General Electric AF60) 0.2 mls 

Tap water Make up to 1 liter 

* 
All salts and glucose reagent grade. 



Separate sterilization was accomplished by dissolving the glucose 

in water equivalent to 67% of the desired medium volume and the salts 

and yeast extract in the remaining 33% of the water. After 

sterilization in separate containers the solutions were allowed to 

cool to ambient temperature and mixed. 

5.2. Experimental Apparatus and Operation 

5.2.1. Batch Fermentations- 

A one liter "Mini Fern" f ermentor (New Brunswick Scientific) shown 

in Fig. 5.1 was used for the batch fermentation studies. The temperature 

was regulated by immersing the fermentor jar to 114 its height into 

a temperature controlled water bath. Agitation was supplied by a 

1.5 in. Teflon coated magnetic stirring bar driven by a variable 

speed magnetic stirrer through the bottom of the water bath and 

fermentor jar. 

The fermentor was charged with 800 ml of medium and sterilized. 

After securing the fermentor in the water bath, agitation was started 

and a flow of 20 ml/min of air was passed through the fermentor head 

space for 12 hr to insure the broth was initially saturated with 

oxygen at atmospheric conditions. The air was sterilized by 

filtration through a fiberous glass wool filter 5 cm in diameter and 

10 cm long with a packed volume fraction of glass wool of 0.033. 

The air flow was stopped and the fermentor inoculated through 

a silicone septum with a syringe. Thereafter, every hour for the 

duration of the experiment, 15 ml samples were withdrawn through the 

septum with a 20 ml syringe for analysis. 
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5.2.2. Continuous Fermentations 

The continuous fermentations were conducted in a 5 liter 

"Micro Ferm" fermentor (Fermentation Design Model MA501). The 

continuous culture apparatus is shown in Fig. 5.2. The pH was 

controlled with a Fermentation Design Ph-RT recorder-controller module 

used in conjunction with an Ingold 761-351B combination p'rI electrode. 

The pH was held at the set point by automatic addition of either 

6M H SO or 6M NaOH to the fermenter. A continuous and constant 
2 4 

flow of sterile medium was pumped by a kinetic clamp pump 

(Sigmamotors Model (TM-20-2))to the fermentor from a 20 liter 

reservoir. The reservoir was replaced as needed through the term of 

an experiment. A fermentor working volume of 2 liters was maintained 

by an overflow port in the side of the fermentor jar. Air, sterilized 

by filtration, was sparged through the fermentor and the oxygen 

tension of the fermentation broth measured with a New Brunswick oxygen 

probe connected to a Leeds and Northrup Speedomax Type G recorder. 

The oxygen tension was controlled by changing the RPM of the 

agitator and/or the air flow to the fermentor. 

The fermentor was first filled with 2 liters of medium and 

sterilized. With the fermentor in place, agitation and aeration 

were commenced and the system inoculated when the fermentor cooled 

to the fermentation temperature ( 3 5 O C ) .  At the end of batch growth, 

(usually 12 to 16 hr after inoculation) the medium feed pump was 

turned on. The medium flow rate was determined throughout the 

experiment by timing the filling of a graduate cylinder placed under 

the outlet of the fermentor. 





After three fermentor volumes (i.e., 6 liters) of broth passed 

through the fermentor, 10 ml of samples of effluent were collected 

every 4 hr and the cell mass concentration measured. When the cell 

mass remained constant over an 8 hr period steady state operation 

was assumed and a 20 ml sample was aseptically withdrawn from the 

fermentor for analysis. Experimental conditions were then changed 

and a new steady state established. 

5.2.3. Vacuum Fermentation 

A 5 liter Fermentation Design fermentor used for continuous 

culture was adapted for the vacuum fermentation studies. A 

schematic of the complete vacuum system is shown in Fig. 5.3. In 

order to achieve the required boil up rate of ethanol and water a 

1500 watt heater was added to the temperature control loop of the 

fermentor. The heater was constructed for four 10 in. diameter coils 

of 112 in. copper tubing wrapped with electrical heating tape. The 

heat input was controlled by adjusting either of two variable auto- 

transformers (Superior Electric Company Type 3PN1168). A 1 in. 

stainless steel pipe connected to the fermentor inoculation port led 

to two shell and tube condensers (American Standard No. 47x200-8A2) 

arranged in series. The vapor generated in the fermentor was condensed 

on the shell side of the exchangers by a 10% methanol-water solution 

chilled to 4.0°C by a Haws model HR4-24W water cooler. The condensate 

was then collected in a 40 liter stainless steel tank which was set 

in a dry ice bath. In addition, a 50 liter ballast tank was 

connected to the apparatus to dampen periodic pressure fluctuations. 





The entire system was connected to a Kinney model K2-8 vacuum 

pump. The vacuum pump ran continuously and the pressure ims controlled 

by a Manowatch model MW-1 controller (Instruments for Research and 

Industry, Inc.) which activated a solenoid valve that bled filtered 

air into the system when the pressure became too low. Although the 

fermentor pressure fluctuated 1-2 mmHg with this method of pressure 

control, it was found superior to placing the solenoid valve in line 

with the vacuum pump, as recommended by the manufacture, because the 

small pressure fluctuations helped to control foaming in the fermentor 

and allowed better liquid level control. This is discussed in more 

detail below. The absolute pressure in the fermentor was measured 

with a Zimmerli gauge. 

As the liquid level in the fermentor dropped due to boil off of 

vapor and the bleed off of the fermented broth, a liquid level 

controller (Cole Palmer Model 7186) opened a solenoid valve connected 

to the medium reservoir, and sterilebrothwas sucked into the 

fermentor. A liquid level probe was constructed of a 114 in. stainless 

steel rod which was forced down 1/2 in. teflon tubing so that both 

ends were exposed for electrical contacts. The Teflon coating was 

necessary because its high hydrophobic surface properties did not 

allow a condensate film to form on the probe. A liquid film (water) 

short circuits the probe and causes the controller to sense a high 

liquid level. However, during long term experiments the anti-foam 

and protein constituents of the medium adsorbed onto the Teflon, 

changing the surface properties and producing a short ci-rcuit. This 

was corrected by wrapping the length of probe above the heat plate 



with heating tape to boil off any surface water. 

A bleed of fermented broth and cells was withdrawn from the 

fermentor by a kinetic clamp pump (Sigmamotors Model (TM-20-2)) 

into a 4 liter jar which was maintained at the same pressure as the 

fermentor. The cell bleed rate was adjusted by changing the speed 

of the pump, and measured by emptying the 4 liter jar at timed 

intervals and measuring the volume. 

Although anti-foam was added to the fermentation broth, foaming 

proved to be a serious problem in the vacuum system. The foaming was 

overcome in part by arranging the pressure control system so that 

the pressure cycled 1-2 mmHg about the pressure set point of 50 mmHg. 

A complete pressure cycle required from 45 to 60 see. As the pressure 

dropped below the set point, rapid boiling in the fermenter commenced 

and foaming became extensive. When the pressure reached 1 mmHg 

below the control point a solenoid valve was actuated and air was 

rapidly bled into the system until the pressure was a 1 mmHg 

above the set point. At this point, the boiling and foaming subsided 

somewhat, allowing the liquid level control system to sense the true 

liquid height and introduce the required volume of fresh medium into 

fermentor. With the solenoid valve closed, the pressure then began 

decreasing and the cycle repeated. 

The extensive foaming experienced during the low pressure side 

of the pressure cycle was kept to a low level by the use of a 

mechanical foam breaker shown in Fig. 5.4. The foam breaker was 

connected to the agitator shaft 2-3 cm above the liquid level. When 

agitation levels were low (low impeller RPM) the foam breaker had 

little effect on collapsing the foam, however, foaming ceased to 
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be a serious problem at low agitation levels. But, as the agitation 

was increased and more foam was generated due to the greater dispersion 

of gas bubbles, the foam breaker became more effective. The net effect 

of the foam breaker and the fluctuating pressure produced very stable 

operation of the vacuum system over the wide range of experimental 

conditions. 

The vacuum fermentor was sterilized in place by filling the 

fermenter with 300 ml of a 70 vol% ethanol-water solution and boiling 

the solution under 250 mmHg total pressure (house vacuum) for 8 hr. 

The system was then flushed with air (3 literlmin) for 4 hr to 

remove the last traces of the sterilizing solution. The fermentor 

was filled with three liters of 10% glucose medium shown in Table 5.2, 

brought to 35OC and inoculated. An air rate of 0.5 literslmin was 

maintained during batch growth. At the end of batch growth (12 to 16 hr) 

the air flow was stopped and 0.12 VVM (240 mls/min at STP) of oxygen 

was sparged through the fermentor. The pressure in the fermentor 

was slowly decreased, 25 mm~g/min, until the fermentation broth began 

boiling at 35OC. As the ethanol in the fermentation broth boiled off, 

the pressure was further lowered to 50 mmHg to maintain boiling. 

When the volume of the fermentor dropped to 2 liters due to 

boil off of liquid, the liquid level controller began adding fresh 

sterile medium from a 40 liter reservoir, thus maintaining a 2 liter 

fermentor working volume. 

The fermentation was run for 24 hr at these conditions; 35"C, 

50 mmHg and no cell bleed, to build up the cell mass concentration 

to around 50 g dry wt/liter. At this point the cell bleed pump was 



turned on and experimental conditions adjusted and the system allowed 

to come to steady state. 

5.2.4. Cell Recycle 

Cell recycle experiments were run with both the continuous and 

vacuum fermentation apparatus using a jacketed settler vessel. A 

diagram of the settler arrangement is shown in Fig. 5.5. The inner 

chamber was constructed of 100 mm Pyrex tubing. A 1 in. hole at the 

bottom of the chamber was plugged with a rubber stopper through which 

penetrations were made to remove clarified lcquid and cell concentrate. 

The upper end was sealed with a 1 in. plexi-glass disk using a foam 

rubber gasket. The pressure in the settler and receiver flask was 

equilized enabling the clarified liquid to overflow by gravity to 

the receiver flask. The clarified liquid overflow rate was controlled 

by adjusting the difference between the pumping rate of the feed to 

the settler from the fermentor and the pumping rate of the cell 

concentrate recycle stream. 

A solution of methanol and water chilled to -4.0°C was circulated 

through the jacket to slow fermentation in the settler. The settler 

system was operated at a total pressure of 250 mmHg in the vacuum 

system and at atmospheric pressure in the conventional continuous 

system. Both cooling the settler and operating at a pressure higher 

than the vacuum fermentation pressure of 50 mmHg was necessary to 

minimize mixing effects of CO evolved during fermentation. 2 
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5.3, Assay Procedures 

5.3.1. Ethanol Concentrations 

Ethanol was measured by gas chromatography using an Aerograph 1520 

G-L Chromatograph. A 6 ft 114 in. column packed with chromasorb W-acid 

type 60-80 mesh was used with a flame ionization detector. The 

injector and detector temperatures were 175'~ and the column oven 

operated isothermally at 105OC. A calibration curve of chromatogram 

areas vs ethanol concentration was determined. The ethanol compositions 

of the unknown samples was then read directly to 22% of the total 

ethanol concentration once the sample's chromatogram area was found. 

5.3.2. Cell Mass Concentrations 

The cell mass concentrations were determined optically using a 

Fischer Electrophotometer with a 650 mu filter. The standard curve 

shown in Fig. 5.6 was prepared by measuring the optical density 

(absorbance) of samples of varying cell concentrations. The cell 

mass (g dry wt/liter) of the samples was determined by centrifuging 

the cells, washing twice with distilled water and drying the cells 

at 105°C until no further weight change occurred. The cell mass of 

unknown samples was then found by measuring the optical density and 

reading the cell concentration directly from Fig. 5.6 after the proper 

dilution had been made so that the cell concentration of the sample 

was between 0.01 g/l and 0.35 g/l. The accuracy of the optical 

determination of yeast cell mass was consistantly found to be better 

than +5%. 
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5.3.3. Glucose Concentration 

Glucose was determined by the dinitrosalicylic acid (DNS) method. 2 

The sample was clarified by centrifugation, and 1 ml added to 3 ml of 

DNS reagent and placed in a boiling water bath for 5 min. The 

reactants were cooled to room temperature and diluted with distilled 

water to a total volume of 24 ml. The absorbance of the diluted 

sample was measured at 600 mu against an appropriate blank of DNS 

reagent and water with a Beckman DU-2 spectrophotometer. The absorbance 

reading was converted to glucose concentration from a standard 

calibration curve prepared with known concentrations of anhydrous 

glucose. With the DNS method,glucose concentrations down to 0.1 g/l 

could be determined with an accuracy of +lo%. However, the accuracy 

of this method was better than +3% when the glucose concentration was 

above 1.0 g/l. 

5.3 .4 .  Oxygen Concentration 

The oxygen concentration of the fermentation broth was measured 

with a galvanic type electrode (New Brunswick Scientific Co.). The 

current from the probe was passed through a variable resistor and the 

voltage drop recorded with a Leeds and Northrup Speedomax Type G 

recorder. In this system the current developed by the probe was 

proportional to the dissolved oxygen concentration in the fermentor. 

The oxygen probe was calibrated before each fermentation by placing 

it in a sulphite solution of zero oxygen concentration and an oxygen 

saturated solution. A 0.5 M Ma SO solution containing 0.004 M CuS04 
2 3 

was sparged with nitrogen for 1 hr to obtain the current at zero oxygen 

concentration. The saturation current was determined using 



uninoculated fermentation broth sparged with air. The temperatures 

of these calibrationswerecarefully controlled at the temperature to 

be used in the subsequent fermentation. Once the calibrations had 

been made very low oxygen tensions (0.1 mHg) could be measured 

f0.05 m H g  by increasing the external resistance and switching the 

recorder from a 10.0 mV full scale reading to a 1.0 mV full scale 

reading. Of course the saturation calibration point was determined 

with a low external resistance and the 10.0 mV scale, while zero point 

calibration used a high external resistance and the 1.0 mV scale. 

5.3.5. Yeast Viability 

The percentage of viable yeast cells was determined using a 

methylene blue stain as described by   own send. Twenty ml of 0.2% 

methylene blue stain was mixed with approximately 0.5 g dry wt of 

washed cells. After the solution sat for 5 min, the stained dead 

cells and unstained viable cells were counted using a Betraff-Hausser 

cell counter. 
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6. 3ESULTS AND DISCUSSION 

6.1. Batch Fermentation 

Batch fermentations were used to determine the formulation of 

the fermentation medium and examine the effects of oxygen on fermentation 

rates. In all batch experiments the initial glucose concentration 

was 100 g/l and the initial pH of the broth was 5.5. During the 

fermentation the pH fell to a value between 4.0 and 3.5. As shown 

below, this low pH did not affect. the fermentation rate of 

Saccharomyces cerevisiae. A 2 volX inoculum prepared from either 

anaerobic or aerobic growth in shake flasks was used in the batch 

experiments. 

Figure 6.1 summarizes the results of a typical batch fermentation. 

These data were obtained by initially air saturating the broth with 

oxygen before inoculation, but air was not sparged through the fermentor 

during fermentation. The composition of the medium is listed in 

Table 5.2. The fermentation temperature was held at 35OC. 

As shown in Fig. 6.1, the yeast exhibits exponential growth for 

the first 8 hr of fermentation. During this period the specific 

-I 
growth rate of the yeast is 0.46 hr . The fermentation requires 

14 hr to run to completion, at which point, 5.4 grams of cells and 

47 grams of ethanol were produced from 100 grams of glucose 

( Y X I S  = 0.054and Y = 0.47). The ethanol yield is 92% of the 
P I S  

theoretical yield and, hence, indicates near optimum fermentation 

conditions. The yield of cells is lower than reported by Aiba 
1 

during ethanol fermentations, but as discussed below, this does not 

effect the overall fermentation rate. Indeed, a low cell yield allows 
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Fig. 6.1. Batch fermentation of initially air saturated medium 
using a 2% aerobically grown inoculum. 



more glucose to be used for the production of ethanol rather than 

cell mass. 

The ethanol production in Fig. 6.1 is growth associated. This 

is to be expected since the energy derived from the fermentation of 

glucose is used for the production of cell mass. The justification 

of the fermentation conditions in Fig 6.1 is now discussed. 

6.1.1. Medium Formulation 

The concentration of inorganic salts in the medium was initially 

2 
based on the elemental composition of the yeast. Yeast extract 

was added to the medium as a source of vitamins and amino acids. 

However, it was not possible to calculate the yeast extract requirement 

a priori because the exact vitamin and amino acid requirement of the 

yeast was not known. Figure 6.2 and Pig. 6.3 show the results of 

changlng the yeast extract concentration in the fermentation broth. 

Again, the broth was initially saturated with air and a temperature 

of 35OC was used in these experiments. 

The effect of yeast extract concentration on cell mass production, 

shown in Fig. 6.2, is relatively small. The yeast growth rate was 

independent of yeast extract concentration up to the seventh hour of 

fermentation. After the seventh hour the cell mass production began 

to level off when either 6.0 or 4.0 g/l of yeast extract was used. 

This indicates the yeast was starved for nutrients. There was no 

discernible difference in cell mass production if either 8.5 or 14 g/l 

of yeast extract was added to the medium. After 13 hr of fermentation 

there was only a 32% difference in total cell mass production between 

the 4.0 g / l  curve and the 8.5 g/l curve. Beyond 13 hr the cell mass 
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Fig. 6.2. The effect of yeast extract on cell mass production 
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concentration remained almost constant. 

However, the effect of yeast extract concentration on ethanol 

production was much more pronounced. Figure 6.3 shows ethanol 

production was severaly restricted if the concentration of yeast extract 

was 6.0 or 4.0 g/l. Although not specifically shown in Fig. 6.3, 

23 hr were required to reach the end of batch fermentation when the 

yeast extract concentration was 4.0 g/l and 19 hr were required when 

6.0 g/l of yeast extract was used. But when either 8.5 or 14.0 g/l 

of yeast extract was added the batch fermentation was complete in 

only 14 hr. 

Comparison of Figs. 6.2 and 6.3 shows that at low concentrations 

of yeast extract ethanol production continued even though cell growth 

had stopped. This is indicative of growth limitation by the exhaustion 

of an essential growth factor. The growth factor is depleted before 

all the glucose has been fermented to ethanol. Growth ceases and 

glucose is only slowly fermented to supply energy for the maintenance 

of cellular integrity. This again points out that active yeast growth 

is necessary to obtain high fermentation rates. 

From the above experiments the yeast extract requirement was 

set at 8.5 g per 100 g of glucose to be fermented. Yeast extract 

contains inorganic salts in addition to vitamins and amino acids. Thus, 

the amount of additional inorganic salts added to the medium could be 

lowered to less than initially predicted from the elemental composition 

of the yeast. Quantitative analysis of inorganic salts were made 

before and after fermentation using 8.5 g/l of yeast in the fermentation 

broth. The inorganic salt concentrations listed in Table 5.2 are a 



result of these analyses. The salt concentrations have been calculated 

to give a 10% excess over the absolute requirement. 

The medium recipe of Table 5.2 will produce from 5 to 10 grams 

of cells per 100 grams of glucose fermented. Also the fermentation 

rate of Saccharomyces cerevisiae will not be increased by raising 

the concentration of the salts or yeast extract in Table 5.2. However, 

the fermentation rate may be decreased if the concentration of these 

components is lowered. 

Enough trace minerals were present in the tap water and as 

impurities in chemicals so that the separate addition of trace 

elements was not required. If 1 ml of the trace element solution 

shown in Table 6.1 was added per liter of broth no difference in 

ethanol production or yeast growth was detected, as shown in Fig. 6.4. 

General Electric Anti-Foam (AP-60) was added to prevent foaming 

during fermentation. Foam was produced as a result of carbon dioxide 

evolution and sparging the fermentor with air. Figure 6.4 shows the 

anti-foam had no effect on the fermentation. 

The medium composition of Table 5.2 was used in all further 

ethanol fermentation studies. When the glucose concentration of 

the broth was altered all other components were changed by the same 

ratio. 

6.1.2. Fermentation Temperature 

Figure 6.5 shows the effect of temperature on the yeast growth 

rate and the maximum specific ethanol productivity in batch culture. 

A glucose concentration of 100 g/l was used and 15 mg/l of ergosterol 

was added to the fermentation broth. A flow of 20 ml/min of nitrogen 



Table 6.1. Trace minera l  s o l u t i o n s .  
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Fig. 6.4. The effect of Anti-foam and trace minerals on batch 
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was continually sparged through the head space of the fermentor to 

maintain anaerobic conditions. 

As discussed below, erogsterol was added to eliminate the oxygen 

requirement of the yeast. The fermentations could thenbe run under 

totally anaerobic conditions. This insured that the metabolism of 

the yeast was completely fermentative and that the experiments were 

not influenced by trace amounts of oxygen. While trace amounts of 

oxygen are beneficial to fermentation rates (see the next section) 

these trace concentrations are not easily reproduced in a series of 

batch experiments. Also, when oxygen is present the catabolism of 

3 
the yeast may be partially aerobic, and it was desired to obtain the 

optimum temperature for a strictly fermentative metabolism. 

The optimum temperature for both cell growth and ethanol 

production is 35OC. The occurrence of the optimum specific growth 

and ethanol production rates at the same temperature reaffirms the 

fact that ethanol production is growth associated. High cell growth 

rates are necessary to achieve high ethanol production rates. 

The specific growth rate is plotted against the specific ethanol 

productivity in Fig. 6.6 for the various fermentation temperatures. 

The linear relation between these two rates agrees with the kinetic 

4 
model presented by Aigar and Ludiking for ethanol production. It 

also shows the direct relation between growth and ethanol production. 

Ethanol production, however, becomes non-growth associated if yeast 

growth is limited by such factors as high concentration of ethanol 

and depletion of nutrients (i.e., when low concentrations of yeast 

extract were used). But optimal ethanol production is always associated 
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Fig.  6.6. Specific ethanol production rate as a function of specific 
growth rate in batch fermentation. 



with high growth rates. Further illustrations of this fact are shown 

when the effect of oxygen on fermentation rates is examined. 

The optimum fermentation temperature of 35°C is used in the 

remaining experiments. This is a higher temperature than normally 

used in fermentation work (25-30"~) ' 6  and certainly higher than used 

7 
in the brewing industry (8-15"~). However, temperature optimum 

experiments are not reported for the yeast strains employed in many 

studies. The beverage industry is forced to use low fermentation 

temperatures to reduce the production of fusel oils, which alter 

8 
flavor. But this is unimportant in the production of industrial 

ethanol. The fusel oil concentration, at most, is only 0.5% of the 

9 
ethanol concentration. This percentage of fusel oil has disastrous 

10 
effects on the taste of the ethanol but is an acceptable purity for 

the industrial use of ethanol, especially if the ethanol is used as 

a fuel. 

A high fermentation temperature is advantageous in industrial 

ethanol fermentation processes. It allows easier temperature control 

of the fermentors in both batch and continuous operation because the 

temperature difference between the broth and cooling water is increased. 

Also, a high fermentation temperature in the vacuum system permits a 

higher pressure to be employed and still maintain boiling in the 

fermentor. This reduces the cost of compression equipment. 



6.1.3. Effect of Oxygen 

The efzect of oxygen in batch fermentation is demonstrated in 

Fig. 6.7. A fermentation temperature of 35°C was used in these 

experiments and the initial glucose level was 100 g/l. The data presented 

in the upper curves were obtained by initially air saturating the 

fermentation broth and using an aerobically grobrn inoculum. Air was 

not sparged through the fermentor during fermentation. An expanded 

view of the upper curves is shown in Fig. 6.1. Anaerobic conditions 

were maintained in the lower set of curves by continually sparging 

with nitrogen. The fermentor was first sparged with nitrogen for 

12 hr to deoxygenate the broth and then inoculated with an anaerobically 

grown culture. 

-1 
The specific growth rate of the air saturated culture was 0.46 hr 

and ethanol production paralleled growth. The fermentation reached 

completion in 14 hr. But under anaerobic conditions, the specific 

-1 
growth rate was only 0.15 hr and the fermentation required over 30 hr 

to reach completion. The ethanol production of the anaerobic experiment 

paralleled growth initially. Toward the end of the experiment, 

however, growth stopped and ethanol production slowly continued until 

all the glucose was fermented. 

Comparison of the two ethanol production curves again shows the 

necessity of achieving high growth rates to produce rapid ethanol 

fermentation rates. It should be pointed out that the oxygen in the 

initially air saturated culture was used for anabolic purposes and 

did not enter into the catabolism or energy yielding pathways. This 

may be seen by the identical yield of ethanol obtained in the air 
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Fig. 6.7. Batch fermentation rates when the medium is initially air 
saturated and when the medium is sparged with nitrogen. 



saturated and anaerobic experiments. In both cases Y was 0.47. 
P/ s 

The negligible production of cell mass under anaerobic conditions 

after the fiftieth hour is due to oxygen limitation. As previously 

discussed, oxygen is required as a growth factor by Saccharomyces, 

enabling the synthesis of unsaturated fatty acids and lipids. 
6,11 

When the supply of these unsaturated compounds, which was either 

carried over by the inoculum or initially present in the medium, has 

been exhausted anaerobic growth stops. Because growth has been limited 

by the lack of an essential nutrient (oxygen) the fermentation need 

only supply enough energy for the maintenance of cellular integrity:. 

As a result, the fermentation proceeds at a very slow pace. 

The limited yeast growth under anaerobic conditions may be due 

to trace amounts of oxygen in the nitrogen gas sparged through the 

fermentor. Even high purity commercial nitrogen has been shown to 

contain enough oxygen to support limited yeast growth. '*'I3 If the 

nitrogen was further purified to remove the last traces of oxygen, no 

yeast growth was reported. No attempt was made to purlfy the nitrogen 

in this work and determine if the yeast had an absolute oxygen 

requirement. Since components in the medium can affect the oxygen 

requirement (see below), this experimentation would have been little 

use because semi-complex media was used in this work. 

The growth history of the inoculum can affect fermentation 

under anaerobic conditions. This is why the inoculum for the nitrogen 

sparged fermentation was grown anaerobically. If an inoculum is grown 

under aerobic conditions, the yeast has the ability to produce 

unsaturated fatty-acids and lipids and store these components for use 



during anaerobic growth. 5'6 This affected the fermentation in the 

air saturated culture even though only a 2% aerobic inoculum was used. 

This is illustrated in Fig. 6.8 in which the broth was initially 

saturated with air and inoculated with anaerobically grown yeast. 

Yeast growth began at the same rate as if an aerobic inoculum had 

been used (p = 0.46 hr-l) . After 8 hr the groxth rate decreased and 

yeast growth stopped after 14 hr. However, ethanol production continued 

until the eighteenth hour. 

The fact that yeast growth stopped k~hile ethanol production 

slowly continued is analogous to the anaerobic growth in Fig. 6.7. 

This indicates that fermentation of initially air saturated broth 

is partially oxygen limited if an anaerobic inoculum is used. Whereas, 

this is not the case if an aerobic inoculum is employed, as shown in 

the upper curves of Fig. 6.7 and in Fig. 6.1. 

It is surprising that the inoculum can have such a large affect 

on fermentation rates. Saccharomyces, however, has been shown to 

produce and store ergosterol, an unsaturated lipid, to as much as 10% 

of the cells dry weight during aerobic growth.' But no ergosterol is 

produced under anaerobic conditions and, as shown in Fig. 6.7, yeast 

growth is very slow. However, if only 0.3% of the final yeast dry 

weight in ergosterol is added to the medium, rapid growth is obtained 

under anaerobic conditions (see the next section). There is a factor 

of 33 in difference between the ergosterol content of aerobic cells 

and that actually required during anaerobic growth. The aerobically 

grown cells can use this surplus of ergosterol for growth during 

anaerobic conditions, and if the above reasoning is correct, produce 



33 times more cells than initially present in the inoculum. This 

explains why the growth history of even a 2% inoculum can have a 

pronounced effect on fermentation rates. 

The oxygen concentration as a function of time is also shown in 

Fig. 6.8 for a batch fermentation. The oxygen concentration rapidly 

decreases to zero in the first 2 hr of fermentation. During this 

time very little cell mass is produced. This agrees with the 

observation of Maule et 1 ,I5 who examined the batch fermentation 

of brewers wort. These findings indicate that rapid fermentation 

commences only after all the oxygen has been adsorbed by the yeast. 

The oxygen was not used for energy production. Rapid growth 

continued for 6 hr after the oxygen concentration had dropped to zero. 

If oxygen were used for energy production, the growth rate should 

have decreased as soon as the oxygen was depleted. However, the 

effect of the initial amount of oxygen in the saturated broth was 

evident well after the oxygen had been consumed. 

One explanation of this phenomena is that the yeast first consumed 

the oxygen for the production of unsaturated compounds or their 

precursors. Only a minor amount of cell mass was produced during 

this time. When all the oxygen had been depleted growth proceeded 

using the pool of unsaturated lipids thus formed. This implies that 

unsaturated components are transferred from mother to daughter cells 

during the budding process. 

The growth and ethanol production curves obtained when the oxygen 

tension in the fermentor was maintained at 0.7 mmHg are shown in Fig. 6.9. 

(This oxygen tension was found to be optimal for continuous fermentations.) 
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Fig. 6.8. Batch fermentation of initially air saturated medium 
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The oxygen tension was held constant by continually adjusting the 

air sparging rate during the fermentation. An aerobic inoculum was 

used. 

When the oxygen tension was held at this level the total cell 

yield, Y ~ / s ,  was 0.1 grams cells/gram glucose consumed. This is higher 

than the cell yield of 0.056 obtained if the medium was only 

initially saturated with air and air was not sparged through the 

fermentor. 

The increasedcellmass was produced at the expense of ethanol 

production. The ethanol yield, Y 
PIS'  

was only 0.44 in this experiment, 

whereas, it was 0.46 if an initially air saturated broth was used and 

the concentration of oxygen was allowed to drop to zero. 

The cell yield factor of 0.1 obtained when the oxygen concentration 

was held at 0.7 m H g  indicates that conditions for cell growth are 

near optimum (see continuous fermentation section). However, the 

fermentation time was not reduced and 16 hr were required to complete 

the fermentation. This was 2 hr longer than required if the broth 

was initially air saturated and the concentration of oxygen permitted 

to fall to zero (Fig. 6.1). 

Thus the optimal batch fermentation procedure was to first air 

saturate the broth and use an aerobically grown inoculum. No air 

sparging of the fermentor was required. With this arrangement the 

fermentation of a 10Z glucose solution required just 14 hr. Only 

5.6 grams of cells were produced and the ethanol yield was 92% of 

the theoretical yield. 



6.1.4. Effect of Ergosterol 

Ergosterol was first shown to stimulate anaerobic yeast fermentations 

12 
by Andreasen and Stier. The effect of ergosterol on yeast growth 

and ethanol production is shown in Pigs. 6.10 and 6.11, respectively. 

In these experiments anaerobic conditfons were maintained by continually 

sparging nitrogen through the fermentor. -The use of an anaerobic 

inoculum minimized the possibility of initial yeast cells containing 

a pool of unsaturated compounds. A stock solution of ergosterol was 

12 
prepared as described by Andreasen and an appropriate volume was 

added to the medium to give the desired concentration. 

The increase in growth and ethanol production rates when the 

ergosterol concentration was above 7 mg/l is striking. When more than 

7 mg/l of ergosterol was used the specific growth rate of the yeast 

-1 
was 0.56 hr and the total fermentation time was 16 hr. Whereas, 

under anaerobic conditions without ergosterol, the specific growth 

- 1 
rate was only 0.15 hr and fermentation proceeds for 80 hr. Addition 

of more than 7 mg/l of ergosterol had little affect on the fermentation 

rate. Although, more cell mass was produced when the concentration 

was increased to 10 mg/l. 

The data in Figs. 6.10 and 6.11 show that a concentration of 

7 mg/l of ergosterol completely eliminated the oxygen requirement 

of the yeast. This is why numerous workers l4 have hypothesized 

that the role of oxygen during fermentation is for the production 

of unsaturated compounds, specifically ergosterol. However, the 

possibility exists that ergosterol is partially metabolized by the 

yeast to produce other unsaturated lipids and fatty acids. 
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Fig.  6.10. Effect of ergosterol on cell mass production in anaerobic 
batch fermentations. 
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The r e s u l t  of adding e r g o s t e r o l  t o  a i r  s a t u r a t e d  medium is  

shown i n  Fig.  6.12. An ae rob ic  inoculum was used i n  t hese  experiments.  

The growth curves  of t h e  anaerobic  and a i r  s a t u r a t e d  fe rmenta t ions  a r e  

almost i d e n t i c a l .  Ten percent  more c e l l  mass, a l though,  i s  produced 

i n  t h e  a i r  s a t u r a t e d  fe rmenta t ion .  This may be due t o  t he  ca tabol i sm 

of t h e  sma l l  amount of oxygen i n i t i a l l y  p re sen t .  The l ack  of an 

apprec i ab le  d i f f e r e n c e  between t h e  anaerobic  and a i r  s a t u r a t e d  curves 

a g a i n  p o i n t s  o u t  t h e  a b i l i t y  of e r g o s t e r o l  t o  e l i m i n a t e  t h e  oxygen 

requirement du r ing  fe rmenta t ion .  

Although t h e  e t h a n o l  product ion  r a t e s  a r e  t h e  same whether o r  no t  

e r g o s t e r o l  i s  added t o  an  a i r  s a t u r a t e d  medium, t h e  c e l l  y i e l d ,  

Y ~ / s ,  and t h e  s p e c i f i c  growth r a t e  of t h e  y e a s t  d i f f e r e d  ( see  F igs .  6.12 

and 6.1) .  Y and t h e  s p e c i f i c  growth r a t e  a r e  0.09 and 0.53 h r - l ,  
X I  s 

r e s p e c t i v e l y ,  when e r g o s t e r o l  i s  used. But when an a i r  s a t u r a t e d  

b r o t h  wi thout  e r g o s t e r o l  is  employed, Y and t h e  s p e c i f i c  growth XI s 
r a t e  a r e  only  0.056 and 0.46 hr-', r e s p e c t i v e l y .  

The h ighe r  c e l l  y i e l d  and growth r a t e  i n  an e r g o s t e r o l  medium 

is probably due t o  t h e  e a s i e r  i nco rpora t ion  of  t h e  e r g o s t e r o l  i n t o  

c e l l  m a s s .  I f  on ly  oxygen i s  p re sen t  t h e  y e a s t  must produce e r g o s t e r o l  

o r  o t h e r  unsa tu ra t ed  l i p i d s  from simple carbon ske le tons .  This  

process  r e q u i r e s  more time and energy than  i f  t h e  e r g o s t e r o l  i s  a l r eady  

p re sen t  i n  t h e  medium. 

Ergos t e ro l  i s  much too expensive t o  u se  i n  an  i n d u s t r i a l  p rocess  

(30 c e n t / g ) .  I n s t e a d ,  t h e  medium would be supplemented wi th  oxygen. 

E rgos t e ro l ,  however, does provide  a u s e f u l  r e sea rch  t o o l  by e l i m i n a t i n g  

t h e  y e a s t  oxygen requirement  dur ing  fe rmenta t ion .  This permi ts  
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Fig. 6.12. Result of adding ergosterol to an initially air saturated 
medium and to an initially anaerobic medium when an 
aerobically grown inoculum is used. 



fermentations to be run under totally anaerobic conditions so that 

just the fermentative metabolism may be examined. Possible spurious 

effects of oxygen can thus be eliminated. The use of ergosterol also 

provides some insight into yeast metabolism and the role of oxygen 

during fermentation. 

6.2. Continuous Fermentation 

Continuous fermentations were used to examine the effect of 

oxygen and feed sugar concentration on the production of ethanol. 

The goal of this work was to maximize the ethanol productivity in 

continuous culture and demonstrate the practicability of using 

continuous fermentations for the production of ethanol. 

The optimum fermentation temperature of 35°C determined in the 

batch fermentations was used for all continuous experiments. To 

decrease the chances of contamination, a low pH of 4.0 was maintained 

in the continuous fermentations. However, the effect of pH on 

ethanol productivity was examined. The medium listed in Table 5.2 

was used for all experiments when a 10% glucose feed was fermented. 

But when the glucose concentration was changed, all other compounds 

in Table 5.2 were adjusted by the same ratio. 

6.2.1. - Effect of Oxygen and Ergosterol 

Figure 6.13 shows the results of a continuous fermentation with 

a 10% glucose feed. The feed to the fermentor was air saturated and 

no air was sparged into the fermentor. The glucose, ethanol and cell 

mass concentrations are  lotted against the fermentor dilution rate. 

The fermentor ethanol productivity is also shown as a function of 

dilution rate. 
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As the dilution rate increased the cell mass concentration 

dropped. Since there were fewer cells to carry out the fermentation 

at high dilution rates, the sugar concentration rose with a corresponding 

decrease in ethanol concentration. 

The ethanol productivity (grams ethanol produced in 1 hr per 

liter of fermentor volume) is calculated as the dilution rate times 

the ethanol concentration in the effluent from the fermentor. As 

the dilution rate was increased the productivity initially rose even 

though the ethanol concentration dropped. At a dilution rate of 

-1 
about 0.2 hr further increases in dilution rate were counter 

balanced by the decrease in ethanol concentration and the productivity 

-1 
remained constant. Finally, at a dilution rate of 0.37 hr the 

ethanol concentration rapidly dropped and the productivity followed suit. 

The continuous fermentation results shown in Fig. 6.13 are very 

-1 
poor. Even at a low dilution rate of 0.05 hr only 70% of the initial 

sugar was fermented. Extrapolation of the glucose curve shows that 

a zero dilution rate was necessary to ferment all the glucose. In 

other words, it was not possible to completely ferment a 10% solution 

of glucose in continuous culture if the medium was only air saturated. 

This was due to oxygen limitation of yeast growth. There was not 

enough oxygen in the incoming medium to sustain the required amount 

of yeast growth necessary to ferment all the glucose. 

Figure 6.14 illustrates this fact. Here the cell yield factor, 

YXIS,  specific cell ethanol productivity, V ,  and oxygen tension are 

-1 
plotted against dilution rate. At dilution rates below 0.35 hr 

the oxygen concentration in the fermentor was essentially zero. But 
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Fig. 6.14. Specific ethanol production, v, cell yield factor, 
Yx/s , and 

oxygen tension as a function of dilution rate in 
continuous culture when the feed medium is air saturated. 



-1 as the dilution rate was increased above 0.35 hr the oxygen 

concentration began to rise. This is typical behavior of a growth 

limiting substrate in continuous culture. Also, note that as the 

oxygen concentration increased the cell yield factor, Y , rapidly 

rose indicating more optimal conditions for cell growth. The specific 

ethanol productivity, however, decreases as the oxygen tension 

increased. This was offset somewhat by the increase in Y 
XIS' 

so that 

the total ethanol productivity in Fig. 6.13 did not drop as fast as 

did v with increased dilution rate. 

To eliminate the oxygen requirement of the yeast,ergosterol was 

added to the medium. From the batch experiments an ergosterol 

concentration of 10 mg/l was found to accomplish this task (see 

Figs. 6.10 and 6.11). The results of a continuous fermentation with 

10 mg/l of ergosterol added to the medium are shown in Fig. 6.15. 

The maximum ethanol productivity was 5.95 g/l-hr. This was a twofold 

increase over the productivity obtained in Fig. 6.13 when ergosterol 

was not added to the medium. Also, the glucose was completely 

-1 fermented at a dilution rate of 0.075 hr . The higher fermentation 

rates in Fig. 6.15, as compared to Fig. 6.13, were due to an increase 

in cell mass. When the medium was supplemented with ergosterol 

8.5 g dry wt/l of cell mass was produced at a dilution rate of 

- 1 
0.075 hr while only 3 g dry wt/l of cell mass was obtained at the 

same dilution rate if no ergosterol was added. 

This illustrates that yeast growth was indeed oxygen limited in 

continuous fermentation when the medium was only saturated with air. 

It also points out, as was discussed in the batch fermentation section, 
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Fig. 6.15. Continuous fermentation when the medium is supplemented 
with ergosterol. 



that substantial yeast growth was necessary to maintain high ethanol 

fermentation rates. 

Figure 6.16 shows the effect of maintaining an oxygen tension of 

0.07 mmHg in the fermentor. This experiment was run using a 8.9% 

glucose feed and a yeast that had been adapted to the oxygen con- 

centration. (The adaption of the yeast to high oxygen tension is 

discussed below.) A constant oxygen tension of 0.07 m H g  was achieved 

by adjusting the air sparging rate and/or the agitation rate. 

Comparison of Fig. 6.15 with Fig. 6.13 shows that both the cell 

mass concentration and ethanol productivity were substantially 

increased when additional oxygen was supplied to the yeast by sparging 

-1 
air into the fermentor. At a dilution rate of 0.2 hr , the yeast 

concentration was 12.0 g/l when the oxygen tension was maintained at 

0.07 mmHg. But when an air saturated feed was used and the oxygen 

tension allowed to drop to zero, as shown in Fig. 6.13, the yeast 

concentration was only 2.1 g/l at this dilution rate. This was 

reflected by an increase of ethanol productivity from 2.75 g/l-hr 

to 7.1 g/l-hr when the oxygen tension was held at 0.07 mmI!g. A very 

important point to be made is that all the glucose in a 10% solution 

- 1 
could be continuously fermented at a dilution rate of 0.19 hr 

(see Fig. 6.24) if the oxygen tension was maintained at 0.07 mmHg. 

Whereas, if just an air saturated feed was used and the oxygen 

tension permitted to fall to zero, the complete fermentation of a 10% 

glucose solution was not possible. 

It is also interesting to note that higher cell mass concentrations 

and ethanol productivities were obtained by supplying the yeast with 





oxygen than with ergosterol. For example, at a dilution rate of 

-1 
0.3 hr the productivity was 8.5 g/l-hr and cell concentration was 

8.5 g / l  when the oxygen tension was held at 0.07 mmHg. But when an 

anaerobic fermentation was supplemented with ergosterol, Fig. 6.15 

shows the productivity and cell concentration was only 5.9 g/l-hr 

-1 
and 4.25 g/l, respectively, at a dilution rate of 0.3 hr . If the 

ergosterol concentration was increased from 10 mg/l to 50 mg/l there 

was no increase in cell mass or ethanol productivity over that shown 

in Fig. 6.14. The cells were thus, not limited by ergosterol. 

This seems to imply that when oxygen was present the yeast was 

respiring some glucose and producing added cell mass. This additional 

cell mass per unit volume then produced a higher fermentation rate 

per unit volume (higher ethanol productivity). 

The increased cell mass was, of course, produced at the expense 

of a lower ethanol yield. Y was 0.42 in the presence of 0.07 mmHg 
P / S  

oxygen tension and 0.46 in the anaerobic experiment supplemented with 

ergosterol. This was only a 9X decrease in ethanol yield when oxygen 

was present. However, a 56% increase in productivity was experienced 

at conditions of complete substrate utilization when oxygen rather 

than ergosterol was employed. 

A more quantitative description of the effect of oxygen on 

continuous ethanol fermentation is shown in Figs. 6.17 through 6.19. 

The solid curves in these figures show the initial behavior of the 

yeast to varying oxygen tensions. The broken curves represent the 

behavior of the yeast after it had adapted to high oxygen tensions. 

The initial response of the yeast to oxygen tension is first discussed. 
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Fig. 6.19. Specific ethanol productivity in continuous fermentation as a function of oxygen 
tension at various dilution rates. 



The cell and ethanol productivities are plotted in Figs. 6.17 and 

6.18, respectively, as a function of oxygen tension for various 

dilution rates. As shown in these figures, the unadapted yeast had 

a definite optimum for both cell mass and ethanol productivity at 

0.7 m H g  oxygen tension. The occurrence of optimal cell mass and 

ethanol production at the same oxygen tension was to be expected. 

Since the energy requirement for growth was derived from the 

fermentation of glucose to ethanol, high cell mass production 

rates must imply high fermentation rates. This same relation between 

ethanol production and cell growth was also found in the preceeding 

batch culture experiments. 

It is also worth noting the low productivities obtained at zero 

oxygen tension. These data at zero tension were obtained using an 

air saturated feed and not sparging air through the fermenter. 

Again this points out the very poor continuous ethanol fermentation 

results obtained if the fermentor was naively operated in an anaerobic 

mode. The ethanol productivities are from 1.5 to 3 times higher if the 

oxygen tension was held at 0.7 mmHg by sparging air into the fermentor. 

Figure 6.19 plots the specific cell ethanol productivity 

(fermentor productivity in Fig. 6.17 divided by the cell mass 

concentration) against oxygen tension at various dilution rates. 

Here a minimum specific productivity occurred at the same oxygen 

tension observed for the maximum fermentor productivities. This, 

of course, was consistent because the increase in cell mass con- 

centration at the optimum oxygen tension more than offset the decrease 

in specific productivity. In going from zero oxygen tension to 

- 1 
0.7 mmHg at a dilution rate of 0.22 hr the specific ethanol productivity 



decreased by 5 4 % ,  but the cell concentration increased sixfold. The 

net effectwasa factor of 2.2 increase in total fermentor productivity 

at 0.7 mmHg oxygen tension. 

Since the ethanol concentration in these experiments was less 

than 5 X ,  product inhibition by ethanol may be neglected. l7 The minimum 

specific productivity may then be viewed as indicative of optimal 

c-ell growth conditions. The maximum amount of cell mass was being 

produced per unit of glucose ferinented to ethanol and the yeast was 

making the most efficient use of the energy derived from fermentation. 

The decrease in ethanol and cell productivit-ies at high oxygen 

tensions shown in Figs. 6.17 and 6.18 has also been reported by 

Hnulcel i. l9 Haukeli was able to adapt Saccharomyces cervisiae to -- 

high oxygen tensions and eliminate the oxygen inhibition of cell mass 

production. The ethanol production characteristics of the adapted 

yeast, however, was not reported. 

The same phenomenon was observed in this work. A continuous 

- 1 
fermentation was run at a dilution rate of 0.3 hr and at an oxygen 

tension of 3.0 mmHg. After 7 days of continuous operation, an increase 

in cell mass concentration with a corresponding decrease in glucose 

concentration was detected. With 3 more days of continuous operation 

a new s t e a d y  state was obtained and yeast growth was no longer 

inhibited by high oxygen concentrations. 

The response of the adapted yeast to oxygen tension is shown 

by the broken lines in Figs. 6.17 through 6.19. Figure 6.17 shows 

tl~e ethanol p r o c l ~ t c t i v i t y  O F  the adapLed ycost as a function nT oxygen 

- 1 
tension at a dilution rate of 0.22 hr . Two things are immediately 



obvious. First, ethanol production by the adapted yeast was much 

more sensitive to oxygen tension than was ethanol production by the 

unadapted yeast. The optimum oxygen tension was only 0.07 mmHg. 

This was 10 times lower than for the unadapted yeast. Also the 

adapted yeast had a 25% higher total ethanol productivity than did 

the unadapted yeast at the same dilution rate. This increase in 

ethanol productivity was a result of the increased cell mass produced 

by the adapted yeast. (As will be shown later,the cost of producing 

somewhat more cell mass is more than offset by reduced fermentor 

costs resulting from the increased prodiictivities.) 

This can be seen in Fig. 6.18, which plots cell mass productivity 

against oxygen tension. The cell mass production of the adapted 

yeast was not inhibited by oxygen. Indeed, at an oxygen tension 

of 1.75 mmHg the cell mass production of adapted yeast drastically 

increased while the unadapted yeast productivity declined. 

It appears that the adaption process had partially eliminated 

the catabolic repression mechanism of glucose in the yeast. As 

previously discussed, catabolic repression by glucose inhibits the 

respiratory metabolism of Saccharomyces when the glucose concentration 

is above 1 g/l. 21 (As was the case in the experiments of Figs. 6.17 

to 6.19.) This forces the metabolism of S. cerevisiae to be fermentative 

even at high oxygen tensions. The unadapted yeast exhibited catabolic 

repression as was evident by the continued ethanol production at high 

oxygen tension. The specific ethanol production of the unadapted 

yeast actually increased with oxygen tension above 0.7 mmHg as shown 

in Fig. 6.19. In contrast, the specific ethanol production of the 



adapted yeast continually decreased with increasing oxygen tension 

while the cell mass productivity increased. At an oxygen tension 

of 1.8 mmHg the cell yield factor Y 
X/ S ' for the adapted yeast was 

0.24, or 71% higher than for the unadapted yeast. But at this same 

oxygen tension the ethanol yield factor Y PIS' was 26% lower for the 

adapted yeast than for the unadapted yeast. 

Thus, the adapted yeast is producing substantial amounts of 

cell mass instead of ethanol at this oxygen tension. Catabolic 

repression had lifted in the adapted yeast and additional cell mass 

was produced via the respiration of glucose. 

However, as shown by ~ u r a , ~  there is an antigonistic effect 

between glucose and oxygen concentrations with regard to catabolic 

repression. High oxygen tension can eliminate catabolic repression 

when the glucose concentration is high, whereas, low oxygen concentrations 

will eliminate catabolic repression when the glucose concentration 

is low. Thus, the adapted yeast may be used for ethanol production 

by maintaining a very low oxygen tension in the fermentor so that 

the residual unfermented glucose will produce catabolic repression. 

The metabolism of the yeast will then be fermentative and produce ethanol. 

In the experiment shown in Fig. 6.18 an oxygen tension up to 1.6 mmHg 

could be used. Above this oxygen tension catabolic repression lifted 

and increased cell mass was produced at the expense of ethanol production. 

Once the yeast had been adapted ro high oxygen concentrations it 

could be deadapted by running at a dilution rate of 0.04 for 72 hr. 

But as shown in Fig. 6.17, the optimum ethanol productivity of the 

adapted yeast was 25% higher than the optimum productivity of the 



-1 
unadapted yeast at a dilution rate of 0.22 hr . Also, the ethanol 

yield factor of the adapted yeast was only 6% lower than the 

unadapted yeast at the optimum oxygen tensions. For these reasons 

the remainder of continuous fermentation experiments were run using 

the adapted yeast and controlling the oxygen tension at 0.07 rnmHg. 

Further examples of increased ethanol productivities of the adapted 

yeast over the unadapted yeast are illustrated below. 

In order to establish that the adapted yeast cells represented 

a stable population in continuous ethanol fermentations, a long term 

continuous fermentation was conducted. The results are shown in 

-1 
Fig. 6.20. A constant dilution rate of 0.19 hr was maintained 

rhroughour the experiment. A feed of 8.9% glucose was used and the 

oxygen tension set at 0.07 mmHg. 

The data of Fig. 6.20 shows a very stable continuous fermentation 

for over 480 hr or 20 days. Over 97% of the glucose in the feed was 

fermented to produce 13.4 g/l of cells and 40 g/l of ethanol. The 

ethanol yield, 
Y ~ /  s ' was 0.46 representing 91% of the theoretical 

yield of ethanol. 

The small graph in the center of Fig. 6.20 shows the results 

obtained by portno2' for the continuous fermentation of brewers wort. 

Portno was not able to maintain a stable continuous fermentation and 

the effluent sugar concentration cycled between 5% and 10%. The 

percentage of viable yeast cells was also reported to cycle between 

90% and 50% of the total yeast population. Portno thus hypothesized 

that if a low concentration of fermentable sugars was maintained in 

continuous culture for an extended period of time the yeast loses the 
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ability to adsorb and ferment the sugars. Further, he points out 

that in order to maintain a stable continuous culture the yeast must 

be periodically exposed to high sugar concentrations. 

However, this phenomenon was not found in the present investigation. 

Figlire 6.20 shows a stable fermentation was maintained for over 20 days 

with a residual glucose concentration of less than 0.29% (2.93 g/l) 

without cycling of cell mass or fermentation rate. These results agree 

3 
with Oura who maintained stable long term continuous yeast fermentations 

once an optimum medium formulation was determined. The cycling observed 

by Portno in continuous ethanol fermentations was possibly due to a 

deficiency of a required yeast growth factor in the medium. Also, the 

fact that no oxygen was supplied to the yeast could have contributed 

to the cycling in Portno's fermentations. 

The data then presented in Fig. 6.20 demonstrate the practicality 

of continuous ethanol production. A stable ethanol fermentation was 

maintained at various dilution rates for 90 days in this work without 

problems of cycling or contamination. 

A residual glucose level of 2.9 g/l was sustained throughout the 

experiment shown in Fig. 6.20. As shown in Fig. 6.16, the residual 

glucose concentration was independent of dilution rates below 

-1 
0.19 hr and could not be reduced below 2.9 g/l even at a dilution 

-1 
rate of 0.06 hr . This residual glucose level is higher than has 

been previously reported in ethanol f errnentation~~~' 25 but is a direct 

consequence of the Pastuer effect discussed in Chapter 3. 

When the concentration of glucose was high, catabolic repression 

takes place which inhibits the respiratory metabolism and the 



energetic arguments of the Pasture effect do not hold. However, 

when the concentration of glucose was at this low value of 2.9 g/l 

catabolic repression was lessened. The specific glucose consumption 

rate decreased due to the increase in available energy that was 

obtained through the respiration of glucose (the Pastuer effect). A 

dynamic equilibrium was then struck between the stimulating effect 

of oxygen on fermentation rates and the Pastuer effect. As a result, 

there was always a small amount of unfermented sugar present in a 

continuous ethanol fermentation if oxygen was sparged into the fermentor. 

To overcome this problem a second stage anaerobic fermentor is needed. 

Since no oxygen would be present in the second stage fermentar, the 

Pastuer effect would be eliminated and the residual glucose would 

be fermented. 

Figure 6.21 shows the results of a two stage fermentation using 

a 1 liter "mini ferm" (Fermentation Design, Inc.) as the second stage 

fermentor. The first stage was continually sparged with air to 

maintain the oxygen tension at 0.7 mHg, while in the second stage, 

no air was sparged and the oxygen tension was essentially zero. With 

this arrangement the residual glucose level was reduced to less than 

-1 
0 .2  g/l at a total system dilution rate of 0.13 hr (Total system 

dilution rate = medium flow/(sum of volumes of both stages).) This 

unfermented glucose concentration was 15 times lower than achieved in 

the one stage fermentation. 

Two stages were necessary because if a one stage anaerobic 

fermentor was used the yeast became starved for oxygen as shown 

in Fig. 6.13. The use of an aerobic fermentor followed by an anaerobic 
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fermentor allowed the production of from 12 to 6 g/l of cell mass 

in the aerobic stage which was then fed to the anaerobic stage. The 

yeast during anaerobic conditions in the second stage could then 

use the pool of unsaturated compounds stored during aerobic growth 

to ferment the residual glucose and were not oxygen limited. 

6.2.2. - Effect of Feed Sugar Concentration 

Figures 6.22 through 6.24 illustrate the effect of feed sugar 

concentration on continuous ethanol production. In these experiments 

the oxygen tension was held at 0.12 mmHg because the 0.07 mmHg optimum 

had not yet been determined. However, the behavior does not change 

significantly over this range. Figure 6.22 plots the effluent ethanol 

concentration against dilution rate for various sugar feed concentrations. 

As the dilution rate increased the ethanol concentration dropped 

due to incomplete utilization of the glucose. At high glucose concen- 

trations the ethanol concentration dropped more rapidly with dilution rate 

because ethanol inhibition became an important factor, as shown by 

Bazua and vilke.l7 An explanation of the continued steep decrease 

in alcohol concentration at high dilution rates for the 12.1% glucose 

feed is not clear but may have been due to a combination of ethanol 

and glucose inhibition. 

Note also the poor performance of the unadapted yeast. The 

-1 
ethanol concentration began to drop at a dilution rate of 0.11 hr 

if the unadapted yeast was used for the fermentation of a 8.9% glucose 

feed. However, if the adapted yeast was employed under the same 

conditions, the ethanol concentrations remained constant up to a dilution 

-1 
rate of 0.19 hr . The premature drop in ethanol concentration with 





the unadapted yeast shows that the fermentation became incomplete 

at a lower dilution rate than for the adapted yeast. 

The dilution rate required to ferment essentially all the glucose 

in the feed is shown as a function of feed sugar concentration in 

Fig. 6.23. The required dilution rate had a linear relation to feed 

glucose concentration at low concentrations, but as the sugar con- 

centration increased the curve bent toward lower dilution rates. 

This was due to alcohol inhibition since higher sugar concentrations 

implied higher ethanol concentrations when the sugar was totally 

fermented. For the 16% sugar feed, 7.6% ethanol was present in the 

fermented broth and the specific cell ethanol productivity was reduced 

by 74% compared to conditions of negligible alcohol inhibition. This 

agrees with the work of ~azua,'~ who used ethanol enriched feeds 

rather than producing the ethanol by fermentation of concentrated 

sugar solutions. 

As shown in Fig. 6.23, a 42% decrease in dilution rate was required 

for the unadapted yeast to completely ferment a 8.9% sugar feed. 

This directly corresponds to a 43% decrease in fermentor productivity 

if unadapted yeast is used. 

Figure 6.24 is a combination of data presented in Figs. 6.22 and 

6.23. Defining "complete" substrate utilization as only 0.32 sugar 

unfermented, Fig. 6.24  relates the specific ethanol productivity to 

initial feed sugar concentrations. It is interesting to note that 

an optimum fermentor productivity existed at a 10% sugar feed. Above 

this value, the specific ethanol productivity decreased due to ethanol 

inhibition. But if the sugar concentration was lowered, the cell mass 



yeost \ 

Dilution rote necessory to ferment to 0.3OlO glucose 

Fig .  6 .23 .  Dilution rate required to ferment a given glucose feed 
concentration to 0.3% residual sugar. 



Per cent sugar in feed  

Condit ions at " ~ o m ~ l e t e "  Substrate Utilization 
XJ3L 751 1-9420 

Fig .  6 .24 .  Effect of glucose concentration on continuous fermentation. 



dropped resulting in a lower fermenter productivity even though the 

specific productivity increased. It should be pointed out that the 

productivities shown in Fig. 6.24 are those at complete substrate 

utilization and are not the maximum productivity obtainble for a given 

substrate concentration. 

6.2.3.  Effect of pH 

The effect of pH on fermentor productivities is shown in Fig. 6.25 .  

-1 
The dilution rate and oxygen tension were held at 0.3 hr and 0.7 mHg, 

respectively, during the experiment. As shown, Saccharomyces cerevisiae 

had a broad pH optimum between 3.5 and 5.5. Within this range the cell 

mass and ethanol productivities were constant. Since the dilution rate 

-1 
was held at 0.3 hr , this also implies that the cell mass and ethanol 

concentrations were unaffected between a pH of 5.5 and 3.5 .  A pH of 

4.0 was chosen for the majority of fermentations to decrease the 

changes of contamination. 

6 . 2 . 4 .  Cell Recvcle 

The results of a continuous fermentation employing cell recycle 

are shown in Fig. 6 . 2 6 .  A settler, as described in Chapter 5 ,  was 

connected to the effluent of the continuous fernentor. The concentrated 

solution of settled cells was pumped back to the fermentor, and 

clarified product overflow from the settler was collected. The dilution 

rate to the fermentor was set and the recycle system allowed to 

operate until a steady cell mass concentration was achieved. A bleed 

of cells was not required because the settler was not 100% efficient 

and some cells were lost in the overflow of clarified product. At 

steady state and amount of cellslost in the overflow was equal to the 
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amount of cells produced during fermentation. The cell concentration 

was adjusted by changing the pumping rate of the recycle stream. The 

fermentation was run at an oxygen tension of 0.12 m 9 g  and with a 

10% glucose feed. To stop fermentation in the settler it was cooled 

to - 4 O C .  The productivities were thus based only on fermentor volume 

and did not include the added volume of the settler. 

The data presented in Fig. 6.26 definitely show an increase 

in ethanol productivity was realized by increasing the cell mass 

concentration in the fermentor with a recycle system. The maximum 

specific productivity of the yeast in the recycle system was 

identical to the specific productivity obtained with conventional 

-1 
continuous operation, 0.58 hr , at conditions of complete substrate 

utilization. However, a cell mass concentration of 50 g/l or 4 tines 

higher than without cell recycle was achieved. The net effect was 

a fourfold increase in fermentor ethanol productivity in the recycle 

system over conventional continuous operation.. 

The yeast did not degenerate or lose viability in the recycle 

system. This is evident by the same specific productivities obtained 

with or without cell recycle. Also, yeast viability, as determined 

by methylene blue strain, remained over 96% for the duration of the 

14 day experiment. 

The steep decrease in cell mass and ethanol productivities above 

-1 
a dilution rate of 0.75 hr was due to exceeding the capacity of the 

settler and not because of a loss in yeast viability. When the 

- 1 
dilution rate was increased above 0.75 hr the flow velocity in the 

settler became higher than the settling velocity of the yeast. As a 



result, more cells were lost in the overflow stream than generated in 

fermentation and the cell mass concentration in the fermentor rapidly 

decreased. This reduced the fermentation rate and the ethanol 

concentration dropped with a corresponding increase in unfermented 

glucose concentration. 

These recycle experiments were conducted to demonstrate the 

feasibility and advantages of cell recycle operation for continuous 

ethanol production. The use of a settler was for experimental 

convenience only. In an industrial operation a continuous centrifuge 

would most probably be employed. A centrifuge is not as sensitive to 

changing flow rates as is a settler and would produce a more stable 

operation. Also a higher cell mass concentration can be obtained in 

the recycle stream with a centrifuge. 'i'hus, it may be possible to 

achieve higher ethanol productivities than shown in Fig. 6.26 with the 

use of a centrifuge. 

6.3. Vacuum Fermentation 

A vacuum fermentation system was operated as described in 

Chapter 5. In all experiments the total pressure was 50 mmHg. At 

this pressure the boiling point of the fermentation broth containing 

1% ethanol was 35"C, the optimum fermentation temperature of the 

yeast. A pH of 4.0 was used in the vacuum experiments. Unless 

otherwise stated, pure oxygen was sparged into the vacuum fermenter 

at a rate of 0.12 vvm at S.T.P. and an agitation rate of 500 rpm 

was used to supply adequate oxygen to the yeast. As discussed 

in Chapter 5, a liquid level control system maintained a constant 

fermentor volume. As liquid was removed from the fermentor through 



either the vaporization of ethanol and water or by bleeding off 

fermented broth, fresh medium was introduced into the fermentor. The 

feed rate of fresh medium was then determined by the boil up rate 

and/or the bleed rate of fermented broth. The ethanol and water 

vaporized during fermentation was condensed and collected for analysis. 

6.3.1.  Semi-Continuous Vacuum Operation 

Figures 6.27 through 6.29 illustrates the performance of the vacuum 

system during semi-continuous operation. Fresh medium was continually 

fed to the fermentor to maintain a constant volume as ethanol and 

water were boiled away. A bleed stream of fermented broth was not 

removed from the fermentor. This allowed the rapid accumulation of 

cell mass within the fermentor. However, components in the medium 

which were not metabolized by the yeast also accumulated in the fermentor 

under this nethod of operation. 

The step like appearance of the ethanol productivity curves in 

Figs. 6.27 through 6.29  reflect that the productivity (boil up rate 

times the ethanol concentration in condensed product) was increased 

by manually increasing the biol up rate and hence the feed rate to 

the fermentor. The boil up rate, and hence the feed rate, was always 

adjusted so that the yeast was able to ferment almost all the glucose 

in the feed. By this means the glucose concentration in the fermentor 

was held between 2 to 5 g / l .  

The results of a vacuum fermentation using a 10% glucose feed 

are shown in Fig. 6.27 .  The cell concentration and ethanol productivity 

steadily increased with time for 62 hr. A maximum ethanol productivity 

and cell mass of 42.5 g/l-hr and 47 g/l, respectively, were obtained. 
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However, after 62 hr of fermentation the yeast cell mass concentration 

began to decline and the feed rate, or boil up rate, had to be 

sharply reduced to obtain complete fermentation of the glucose, and, 

as shown, the ethanol productivity correspondingly decreased. 

Figures 6.28 and 6.29 show similar behavior for the semi-continuous 

operation of the vacuum system. The cell mass concentration initially 

increased permitting a higher fermentation rate per unit volume and 

the ethanol productivity increased. After 2 to 2.5 days of operation 

the cell mass and productivity declined. In Fig. 6.28 the medium was 

supplemented with ergosterol to eliminate the oxygen requirement 

during fermentation. The similar results obtained for a 10% glucose 

feed in Figs. 6.27 and 6.28 indicate that oxygen limitation was not 

affecting the fermentation and did not contribute to the decline in 

cell mass. 

Figure 6.29 shows the results of fermenting a 33.4% glucose feed. 

No ethanol inhibition was detected and the ethanol productivities 

and cell mass rose to 44.0 g/l-hr and 68 g/l, respectively. However, 

as was the case with a 10% glucose feed, the cell mass and productivity 

sharply declined after 48 hr of fermentation. 

The sharp decrease in cell mass after 2 to 2.5 days of semi- 

continuous operation indicated that non-volatile components were 

accumulating in the fermentor and killing the yeast. This required 

a bleed stream of fermented broth be continually withdrawn from the 

fermentor to keep the concentration of non-volatiles at a level that 

was cornpatable with the yeast. 



6.3.2. Continuous Vacuum Operation 

Figure 6.30 illustrates the effect of removing a bleed of fermented 

broth. The data in Fig. 0.30 were taken at steady state operation 

of the vacuum fermentor using a 33.4% glucose feed. The cell yield 

factor, 
Y ~ /  s , and cell concentration are plotted against a concentration 

factor. The concentration factor, C, is defined as 

where, F = volumetric feed rate, l/hr 

B = volumetric bleed rate, l/hr 

S = initial glucose concentration, g/l 
0 

A decrease in bleed rate, holding the feed rate constant, increases 

the concentration factor and also increases the concentration of non- 

volatile~ in the fermentor. The concentration factor in Fig. 6.30 

was increased by lowering the bleed rate. Thus, as the concentration 

factor increased the cell mass concentration rose because fewer cells 

were removed in the bleed stream. But when the concentration factor 

reached 8.5 the cell concentration and cell yield factor dropped. 

At this concentration factor the bleed stream was not sufficient 

and the concentration of non-volatiles reached a critical level which 

began to inhibit yeast growth. Further increases in the concentration 

factor had a deleterious affect on yeast growth. The results of 

Fig. 6.30  show that to sustain stable operation of the continuous 

vacuum fermentation a bleed of fermented broth had to be removed so 

that the concentration factor did not rise above 8.5. 





The results of a long term continuous vacuum fermentation are 

shovm in Fig. 6.31 for a 33.4% glucose feed. A constant bleed of 

fermented broth was withdrawn to maintain a concentration factor 

of 7.7. The cell mass concentration remained stable at 50 g dry wt/l 

for over 13 days of continuous operation, at which point the 

experiment was terminated. With this concentration of yeast the 

33.4% glucose feed was fermented to less than 0.4% residual sugars 

in a mean fermentor residence time of 3.8 hr. This corresponded to 

an ethanol productivity of 40 g/l-hr. Compared to conventional 

continuous operation,the vacuum system produced a sevenfold increase 

in ethanol productivity. 

The specific ethanol productivity in the vacuum fermentor was 

- 1 
0.8 hr . This is 33% higher than obtained for conventional 

continuous fermentations at optimal conditions (see Figs. 6 . 2 4 ) .  The 

increase in specific productivity experienced in the vacuum system 

seems to be a direct result of eliminating ethanol inhibition. The 

ethanol concentration in the fermentor was always below 10 g/l, 

however, during atmospheric continuous operation the ethanol concentration 

was 46 g/l for the optimal feed sugar concentration. As shown in 

Fig. 6 .24 ,  if the effluent ethanol concentration was reduced from 

46 g/l to 10 g/l (representing a 10% and 2.2% sugar feed respectively 

-1 
in Fig. 6 - 2 4 ) ,  the specific productivity was increased from 0.6 hr 

-1 
to 0.8 hr in the atmospheric fermentation. This is in direct 

support of the finding in the vacuum system. 

The increase in ethanol productivity shown in Fig. 6.31, after 

100 hr of fermentation, was achieved by simultaneously increasing 





the fermentor bleed and feed rate, thus keeping the concentration 

factor at 7.7. The productivity could not be increased above 40 g/l-hr 

and still maintain stable operation. To further increase the 

productivity an increase in feed rate was necessary. But from the 

above discussion, a corresponding increase in bleed rate had to be 

made to keep the concentration of non-volatile components at a level 

compatable with the yeast. However, as the bleed rate was increased 

more cells were :lost in the bleed stream than produced during 

fermentation. As a result, the cell mass concentratfon rapidly 

dropped and conditions analogous to washout of a continuous fermentor 

were experienced. 

6.3 .3 .  Cell Recycle in Vacuum Fermentation 

In order to remove inhibitory substances and still retain the 

cells a settler was used in conjunction with the vacuum system. The 

bleed stream from the fermentor was passed through the settler and 

the settled cells returned to the fermentor. In this manner, the 

a high concentration of cells was maintained in the fermentor at 

high bleed rates and conditions of washout did not occur. 

The results of the settler-vacuum system are shown in Fig. 6 .32 .  

Once again a 33.42  glucose feed was used. A final cell mass of 

124 g/l was achieved resulting in an ethanol productivity of 82 g/l-hr. 

This is almost a fourteenfold increase in productivity over that 

obtained in conventional continuous operation. The specific productivity 

-1 -1 
of the yeast decreased from 0.8 hr to 0.66 hr when cell recycle 

was used in the vacuum system. This, no doubt, reflects that some 

of the yeast died during the extensive recycling. The mean residence 





time of the yeast in the fermentor was 10 times that in conventional 

continuous operation. 

The increased productivities obtained in the vacuum system agrees 

2 2 
with the recent work of Finn on vacuum fermentations. However, 

Finn used an ergosterol supplemented growth medium and did not employ 

cell recycle. The ethanol productivity reported by Finn was 

12.5 g/l-hr. This is much lower than the productivities reported 

here of 40 g/l-hr and 82 g/l-hr for the vacuum system with and without 

cell recycle, respectively. The low productivity reported by Finn 

may be a result of not pushing the vacuum system to its limit. The 

main emphasis of his work to demonstrate that a 50% sugar feed could 

be fermented in a vacuum fermentor. 

6.3.4. -- Effect of Oxygen on Vacuum Fermentation 

As mentioned above, Finn added ergosterol to the medium to 

eliminate the oxygen requirement of the yeast. However, this is 

not economically feasible on an industrial scale. The required 

amount of ergosterol would add 30 cents to the cost of producing one 

gallon of ethanol. For this reason, oxygen was used in this work 

instead of ergosterol. Although it was necessary to use pure oxygen 

rather than air to sustain the fermentation, the cost of oxygen adds 

only 0.5 cent/gal to the ethanol production cost. 

Figure 6.33 illustrates the effect of oxygen on yeast viability 

in the vacuum system. If oxygen was not sparged into the fermentor 

the viability of the yeast continually dropped. Whereas, an oxygen 

feed rate of 0.12 vvm at S.T.P. maintained yeast viability above 95%. 





T h e . c e l l  y i e l d  f a c t o r  Y 
X I S  ' was a l s o  dependent on oxygen a s  

shown i n  Fig.  6 .34.  Under anaerobic condi t ions  Y was 0.016 which 
X/S 

ag rees  wi th  t h e  anaerobic  ba t ch  d a t a  shown i n  F ig .  6 . 7 .  When t h e  

oxygen sparge  r a t e  w a s  increased  t o  0 .1  vvm, YXIS increased  t o  0.058. 

Fu r the r  i n c r e a s e s i n  t h e  sparg ing  r a t e  d i d  no t  e f f e c t  Y 
X I S '  

This  

i nd ica t ed  t h a t  t h e  y e a s t  oxygen requirement had been met a t  a sparging 

r a t e  of 0 .1  wm. 

The maximum c e l l  y i e l d  f a c t o r  of 0.058 i n  t h e  vacuum system 

was lower than  f o r  a tmospheric  fe rmenta t ions  sparged wi th  a i r .  No 

c l e a r  exp lana t ion  i s  ev iden t  f o r  t h e  low y i e l d  f a c t o r  obtained i n  t he  

vacuum system bu t  may be a  d i r e c t  consequence of t h e  vacuum on yeas t  

metabolism. 

I t  was n o t  p o s s i b l e  t o  measure t h e  oxygen t ens ion  of t h e  medium 

i n  t h e  vacuum system, al though t h i s  would have been very d e s i r a b l e .  

When an oxygen probe was put  i n  t h e  vacuum fermentor  a  s t a b l e  reading 

could not  be obta ined  because of t h e  i n t e n s e  b o i l i n g  t ak ing  p lace .  

The opt imal  oxygen sparg ing  r a t e  was, however, determined f o r  

t h e  vacuum system. The r e s u l t s  a r e  shown i n  Fig.  6.35 f o r  t h e  

fe rmenta t ion  of a  33.4% glucose feed.  The d a t a  were obta ined  a t  a 

concen t r a t ion  f a c t o r  of 7.7.  The e thano l  p r o d u c t i v i t y  is p l o t t e d  

a g a i n s t  t he  oxygen feed  r a t e  t o  t h e  fermentor  f o r  va r ious  a g i t a t i o n  

rpm's. The h ighes t  oxygen feed  r a t e  used was 0.37 vvm a t  S.T.P. This  

corresponded t o  5.6 vvm i n  t h e  fermentor because of  gas expansion 

under vacuum. Above t h i s  oxygen feed r a t e  foaming was ex tens ive  and 

i n t e r f e r r e d  wi th  t h e  l i q u i d  l e v e l  c o n t r o l  system. A s  a  r e s u l t  a  

cons t an t  fermentor volume could no t  be maintained i f  more than 0.37 vvm 



Fig. 6.34. Cell yield for various oxygen feed rates during 
vacuum fermentation. 
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Fig. 6.35. Ethanol productivity as a function of oxygen feed rate 
at various agitation rates. 



of gas was sparged into the fermentor. 

The optimum oxygen feed rate for ethanol productivity was between 

0.08 to 0.14 w m  at S.T.P. At high agitation rates the ethanol 

productivity declined more rapidly as the oxygen sparging rate was 

increased. Both increasing the agitation and oxygen feed rate increased 

the mass transfer rate of oxygen into the medium. This undoubtedly 

increased the oxygen tension in the fermentor. The productivity 

curves in Fig. 6.35 may then be viewed as analogous to the ethanol 

productivities obtained for atmospheric operation shown in Fig. 6.17. 

Trace amounts of oxygen stimulated ethanol production but if the 

oxygen concentration was too high the ethanol productivity decreased. 

The result of using an air feed rather than oxygen in the vacuum 

system is also shown in Fig. 6.35. When air was sparged into the 

fermentor at a rate of 0.26 vvm at S.T.P., or 4.0 vvm at operating 

conditions, the ethanol productivity substantially decreased after 

only 12 hr of operation. The datum at 12 hr shown in Fig. 6.30 does 

not represent a steady state point. The productivity and cell mass 

concentration were declining. A n  oxygen feed was resumed because 

conditions of fermentor "washout" were feared. This points out the 

necessity of using pure oxygen instead of air to maintain a high 

enough oxygen transfer rate under vacuum to support yeast growth. 

6.4. Conclusions 

A major conclusion of the experimental work presented is that to 

obtain high ethanol production rates yeast growth is mandatory. 

Repeatedly, the optimal conditions for alcohol production were found 

to correspond to the optimal conditions for cell growth in both batch 



and continuous fermentations. In this light, it was not surprising 

to find that oxygen had a stimulating affect on both yeast growth 

and ethanol productivities. If oxygen was excluded from the fermentations 

ethanol production rates were from 2 to 6 times lower. An otpimun 

oxygen concentration existed above which ethanol and cell mass 

production were suppressed. It was, however, possible to adapt the 

yeast to high oxygen concentrations and eliminate the inhibitory effect 

of oxygen on cell growth. But ethanol production by the adapted yeast 

was extremely sensitive to oxygen concentrations, requiring 1/10 the 

oxygen concentration for optimal ethanol production than did 

unadapted yeast. 

The oxygen requirement of the yeast could be eliminated by the 

addition of 10 mg/l of ergosterol, an unsaturated lipid, to the 

medium. In batch fermentations the oxygen requirement could be met by 

initially air saturating the broth and using a 2% aerobically grown 

inoculum. Although the amount of oxygen in the saturated broth was 

limited, adequate yeast growth was obtained because the yeast utilized 

the pool of unsaturated fatty acidsandlipids carried over in the 

aerobic inoculum. But in continuous operations the fermentor had 

to be sparged with air to achieve optimum ethanol production. If air 

was not sparged into the fermenter and a finite oxygen concentration 

maintained, continuous fermentation was not possible. 

Under optimal fermentation conditions continuous culture proved 

to be a stable and workable means for the production of ethanol. 

Continuous ethanol production was maintained for over 90 days without 

problems of yeast mutation or contamination. When the cell mass 



concentration in the fermenter was increased a factor of 4 by use of 

cell recycle the ethanol productivity correspondingly increased 4 times. 

Further increases in ethanol productivities were obtained in a 

vacuum fermentor in which ethanol was boiled away from the broth as 

it was produced. Since ethanol inhibition was eliminated, concentrated 

sugar solutions (33.4%) could be fermented. Ethanol productivities 

of 82 g/l-hr and 40 g/l-hr were achieved in the vacuum fermentation 

scheme with and without cell recycle, respectively. The vacuum 

fermentor was thus able to increase ethanol productivities by as 

much as 14 times over conventional continuous culture. The economic 

implications of these increased productivities are discussed in the 

next chapter. 
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7.  PROCESS DESIGN AND ECOVOMIC EVALUATIOII 

Based on the experimental observations in Chapter 6, ethanol 

fermentation plants have been designed and an economic evaluation 

conducted to compare four modes of operation; batch fermentation, 

continuous fermentation with and without cell recycle, and vacuum 

fermentation with cell recycle. In each design the optimum 

fermentation conditions of temperature, pH, and oxygen tension have 

been assumed. The major design variables examined are the feed 

sugar concentration and plant capacity. Each design is the result 

of a computer process model and represents an optimum design. The basic 

design equations and assumptions along with the cost estimation methods 

are shown in Appendix A. 

Two sources of sugar for the ethanol fermentation process were 

considered; the sugar produced from the enzymatic hydrolysis of 

cellulosic waste as proposed by  ilke el and "Blackstrap" molasses. The 

hydrolysate sugars were assumed delivered to the ethanol fermentation 

plant in a 4.0% solution and 70% fermentable by S. cerevisiae. The 

effect of concentrating the hydrolysate sugars before fermentation 

was examined. But when hydrolysate sugars were used, the energy for 

the evaporative concentration of sugars, as well as additional energy 

required to run the fermentation plants, was assumed produced from 

the combustion of spent cellulosics in the hydrolysis process.1 As 

a result, unit energy costs are subs tan ti all:^ reduced by self-generation 

of power and steam when the ethanol plant is part of an enzymatic 

hydrolysis complex. The base energy costs, both self-generated and 

purchased, are shown in TaSle A . 4 .  



Pfolasses was assumed delivered to the fermentation plant in a 

3 50% solution, of which 100% was fermentable by S. cerevisiae. For 

the fermentation of molasses, power was assumed purchased from a public 

utility. The cost of steam was calculated based on self-generation 

using No. 5 low sulfur fuel oil. 

The costs reported below are the total ethanol production costs 

excluding the cost of sugar and medium nutrient supplements. The effect 

of sugar and nutrient costs on ethanol production is, however, examined 

at the end of thissection. 

7.1. Fermentation of - Hydrolysate Sugars - 

The process design of each mode of operation is now discussed. 

The following designs were based on the fermentation of cellulose 

hydrolysate sugars to produce 78,000 gallday of 95 wtX ethanol. The 

basis of these designs are justified following their description. In 

all cases the 4.0% hydrolysate sugar solution was concentrated by 

evaporation to 14.3X for atmospheric operation and to 50% for vacuum 

operation. 

The ethanol produced during fermentation was concentrated to 

95 wt% in each process by a single distillation step. Since only 

one distillation was performed, the distillate ethanol product will 

contain approximately 0.5% fusel oil.3 The fusel oils have no affect 

on the product value if the ethanol is used as a liquid fuel. Also, 

the obnoxious taste imparted to the ethanol by fusel oils may eliminate 

the need for addition of denaturants. 



7.1.1. Continuous Fermentation of Hydrolysate Sugars 

The design basis of the continuous fermentation process is shown 

in Table 7.1. Figure 7.1 shows a schematic process flow diagram of the 

continuous fermentation process to produce 78,000 gallday of 95;; 

ethanol. The principal items of equipment corresponding to the flow 

sheet are listed in Table 7.2. The evaporator which concentrates 

the hydrolysate sugar solution is not shown, although it has been 

included in the process cost analysis. 

After the sugars have been evaporatively concentrated from a 

4.0% to a 14.3% solution (10Z fermentable sugars), protein and mineral 

supplements are mixed with the sugars. Sterilized by steam injection, 

5 the fermentation broth is distributed to eight 1.89~10 liter continuous 

-1 
fermentors, each operating at a dilution rate of 0.17 hr . A low 

flow of air (5.0~10-~ vvm) is sparged through each fermentor to 

maintain the oxygen tension at the optimum level of 0.07 m H g .  The 

fermented beer then passes to four continuous centrifuges and the 

yeast is removed. (Only two centrifuges are shown in Pig. 7.1.) 

The yeast is subsequently dried and stored for sale as a protein 

feed supplement. The clarified beer from the centrifuges is next 

distilled to concentrate the ethanol to 95 wt%. An absorber, using 

the distillate bottoms as the absorbing liquid, is employed to 

recover ethanol lost in the exit gases (air and CO ) from the fermentor. 
2 

The ethanol. rich stream from the absorber is also feed to the main 

distillation unit for final ethanol recovery. 



Table 7.1. Continuous fermentation design basis. 

Sugar concentration 1 4 . 3 % ,  70% fermentable 

Dilution rate 0.17 hr-I 

Temperature 35 "C 

Cell yield factor, y ~ s  
Ethanol yield factor, Y 

P I S  

Cell concentration in fermentor 12.0 g dry wt/l 
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Fig. 7.1. Flow diagram and mass balance for continuous fermentation of hydrolysate sugars. 
Capacity 78,000 gallday of 95% ethanol (flows in 103 lb/hr) cw = cooling water. 



Table 7.2. Major itens of equipment for continuous ethanol fermentation plant (Capacity 
78,000 gal/day of 95% ethanol). 

Item Unit Specification Number Cost/Unit $* 
of lJnits 

Sugar Evaporator 4 2 
7 effect, 4.4~10 ft total area 

Ethanol Fermentation 

Fermentor 

Agitator 

Air Compressor 

Air Filter 

Media Sterilizer 

Preheat Exchanger Coupled 
with Sterilizer 

Cooler Exchanger Coupled 
with Sterilizer 

Heat Removal Exchanger 
Coupled with Fermenter 

Solid Feeders 

Nutrient Mixing Tank 
and Agitator 

5 
Vol 1.89x10 liters, stainless steel 
Construction 

14 HP, stainless steel construction 

91 HP, centrifuger type, 30 psig 

0.4x0.3 meters, glass fiber 

8.7x1.2 meters, insulated stainless pipe 

2 
10,000 ft , stainless steel construction 

2 
4,100 ft , stainless steel construction 

2 
410 ft , stainless steel construction 

Screw conveyor, 4 ton/day 

5 Vol 1.03~10 liters, stainless steel 
construction 

1 

Total 

8 

8 

1 

8 

1 

1 

1 

8 

4 

1 







7.1.2. Continuous Fermentation of Hydrolysate Sugars with Cell -- - -- 
Recycle 

The cell recycle process is identical to the continuous process 

described above except that a portion of cell concentrate from the 

centrifuges is returned to the fermentors. This increases the 

cell mass concentration in the fermentors permitting a higher 

volumetric ethanol productivity. As a result, the total fermentation 

volume is reduced in the cell recycle process requiring only 

5 
3 fermentors of 1.45~10 liters in volume to produce 78,000 gallday 

of 95% ethanol. The reduction in fermentation volume is offset 

somewhat by an increased load on the centrifuges. Seven centrifuges 

are needed in the cell recycle fermentation to maintain a yeast cell 

concentration of 50 g dry wt/l in the fermentors. All other process 

equipment is the same as that listed in Table 7.2 for conventional 

continuous operation. A summary of the design basis of the cell 

recycle process is listed in Table 7.3. 

7.1.3. Batch Fermentation of Hydrolysate Sugars 

The batch fermentation process parallels the continuous process 

shown in Fig. 7.1, however, the fermentors are operated batchwise 

instead of continuously. A 14 hr fermentation time was assumed with 

an additional 6 hr required to fill, drain, and sterilize the fermentor. 

5 
The net result is that 28 fermentors of 1.84x10 liters volume are 

required for the batch production of 78,000 gallday of 95% ethanol. 

4 
In addition, two 4.9x10 liter seed fermentors are required to produce 

a 2% inoculum for the main fermentors. All other processing equipment 

is identical to that listed in Table 7.2 for continuous operation. 



Table 7.3. Continuous fermentation with cell 
design basis. 

recycle 

Sugar concentration 14.3%, 70% fermentable 

Dilution rate 

Temperature 

Cell yield factor, 

Ethanol yield factor, Y 
P/ s 0.46 

Cell concentration in fermentor 50.0 g dry wt/l 



The design basis of the batch fermentation is shown in Table 7.4. 

7.1.4. Vacuum Fermentation of Hydrolysate Sugars -- 
with Cell Recycle 

Figure 7.2 shows a schematic flow diagram of a vacuum fermentation 

process to produce 78,000 gallday of 952 ethanol. The design basis 

of the vacuum process is listed in Table 7.5, The principal items 

of equipment corresponding to Fig. 7.2 are shown in Table 7.6. 

The hydrolysate sugars are concentrated by evaporation to 

50 wt% (evaporator is not shown) and mineral and protein supplements 

are mixed with the sugar solution. The medium is sterilized by 

5 steam injection and fed to a single 1.89X10 liter vacuum fermentor 

operating at a total pressure of 50 mmHg and 35°C. As the fermentation 

proceeds, ethanol and water are boiled away from the fermentation 

broth. The vapor from the fermentor is compressed to 340 mmHg and 

condensed in the fermenter reboiler to supply the energy for the 

vaporization of ethanol and water in the fermentor. After the vapor 

recompression cycle, the uncondensable gases (carbon dioxide and oxygen) 

are compressed to 760 rmnHg and cooled to 35OC to condense additional 

ethanol and water. The fermentation gases are finally fed to an 

absorber where the last traces of ethanol are removed. The fermented 

beer is pumped to atmospheric pressure and fed to two continuous 

centrifuges where the yeast concentrate is removed. A portion of the 

yeast concentrate is returned to the fermentor maintaining a yeast 

concentration of 125 g dry wt/l in the fermentor. The remaining 

yeast is spray dried and packaged for sale. The clarified beer 

from the centrifuges and the condensarion products are fed to a 



Table 7.4. Batch fermentation design basis. 

Sugar concentration 14.3%, 70% fermentable 

Fermentation time 14 hr 

Fermentor down time per cycle 6 hr 

Temperature 35 O C  

Cell yield factor, Y 
X I  s 0.056 

Ethanol yield factor, Y 
P I  s 0.48 

Table 7.5. Vacuum-recycle fermentation design basis. 

Sugar concentration 50%, 70% fermentable 

Dilution rate 0.26 hr-I 

Concentration factor* 3.0 

Temperature 35 "C 

Pressure 50 mmHg 

Cell yield factor, Y XI s 0.058 

Ethanol yield factor, Y 
P I  s 0.47 

* 
See Eq. (6.1). 
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Table 7.6. Continued. 

Item Unit Specification Number Cost/Unit $* 
of Units 

Reflex Tank 3 Vol 1.13~10 liters, carbon steel construction 1 

Ethanol Absorber 9.5 ft dia, 70 ft high, 1 in. rasching rings 1 58,900 

Pumps and Drivers 5 2,300 

* 
Costs are estimated for the second quarter 1975, Marshell Stevens Index = 445.6. 



distillation column where the ethanol is concentrated to 95%. A 

portion of the bottom product from the distillation column is cooled 

and fed to the absorber. 

7.2. Process Economics 

7.2.1. Fermentation of Hydrolysate Sugars 

Table 7.7 compares the fixed capital investment required for the 

various fermentation processes. The figures in Table 7.7, as well as 

in Tables 7.8 and 7.9, are based on the production of 78,000 gal/day 

of 95% ethanol from enzymatic hydrolysate sugars. As shown in Table 7.7, 

a substantial decrease in capital investment is experienced in going 

from batch to continuous processing. The batch fermentation process 

requires 200 dollars of capital per gallon of ethanol produced 

each day. This figure is cut in half for continuous fermentation 

requiring only 96 dollar/gal/day. The vacuum process requires the 

lowest capital expenditure of only 5.46 million dollars or 

70 dollar/gal/day. 

The continuous-cell recycle process requires the lowest capital 

for the fermentation equipment, but this is offset somewhat by an 

increased expenditure for centrifuges for yeast recovery and to maintain 

a high cell density in the fermenters. 

Although the vacuum system requires only one fermentor, a higher 

capital expenditure is needed for the fermentation equipment in the 

vacuum system than in the cell recycle fermentation. This is due to 

the large compressors and fermenter reboiler needed in the vacuum 

process. The increased fermentation equipment cost is, however, 

balanced by a reduction in the size of auxiliary equipment (media 



Table 7.7. Required fixed capital investment for different modes of 
operation. Plant capacity 78,000 gal/day of 95% ethanol 
from 4.0% hydrolysate sugar solution. 

3 
Fixed Capital Investment, 10 Dollars 

Batch Continuous Continuous Vacuum 
Cell Recycle Cell Recycle 

Sugar Concentration 717 717 717 912 

Fermentation 14,047 4,283 2,515 2,746 

Ethanol Recovery 916 916 91 6 824 

Yeast Recovery 986 986 1,362 794 

Storage 839 839 839 183 

Total 15,505 7,741 6,349 5,459 



Table 7.8. Ethanol production costs for different modes of operation. 
Plant capacity 78,000 gallday of 95% ethanol from 4.0% 
hydrolysate sugar solution. 

Production Cost Cent/Gal 

Batch Continuous Continuous Vacuum 
Cell Recycle Cell Recycle 

Investment Related Costs 10.8 5.4 4 - 4  3.8 

Operating Labor 3.3 1.0 0.6 0.4 

Supervision and Clerical 0.2 0.1 0.1 0.1 

Utilities 

Water 

Power 

Steam 

Laboratory Changes 0.1 0.1 0.1 0.1 

Plant Overhead 1.8 0.6 0.4 0.3 

Total 

Table 7.9. Ethanol production costs for different modes of operation. 
Plant capacity 78,000 gallday of 95% ethanol from 4.0% 
hydrolysate sugar solution. 

Production Cost ~ent/Gal 

Batch Continuous Continuous Vacuum 
Cell Recycle Cell Recycle 

Sugar Concentration 2.9 2.9 2.9 3.8 

Fermentation 13.9 4.6 2.8 2.7 

Ethanol Recovery 2.5 2.5 2.5 2.2 

Yeast Recovery 0.8 0.8 1.1 0.5 

St orage 0.7 0.7 0.7 0.4 

Total 20.8 11.5 10.0 9.6 



sterilizer, storage and mixing tanks, centrifuges and distillation 

column) because a more concentrated sugar solution (50%) is used 

in the vacuum process. There is of course a slight increase in sugar 

concentration costs for the vacuum system. 

The reduction of capital investment is reflected in the ethanol 

production costs shown in Tables 7.8 and 7.9. The largest decrease 

in production cost is achieved by using continuous operation rather 

than batch. Batch ethanol production costs are 20.3 centlgal while 

only 11.5 cent/gal is required for continuous fermentation. A further 

decrease of production cost to 10.0 centlgal and 9.6 centlgal is 

obtained in the continuous-cell recycle and vacuum fermentations, 

respectively. As shown in Table 7.9 the low fermentation cost of 

the continuous-cell recycle process is partially offset by an increased 

cost for yeast recovery. Whereas, the low fermentation cost in the 

vacuum process is offset by an increased cost to concentrate the 

sugar to 50%. 

7.2.2. Fermentation of Molasses 

Ethanol production costs from "Blackstrap" molasses are shown 

in Table 7.10. The molasses is delivered to the fermentation plant 

in a 50% sugar solution. Thus, no sugar concentration step is required. 

Rather, the sugar must be diluted to a 10% solution before fermentation 

in all processes except the vacuum system. Also, as discussed above, 

the energy for the molasses fermentation processes was assumed 

purchased from a public utility rather than self-generated. As a 

result, the unit energy costs are much higher for the molasses 

fermentations (see Table A.4 in Appendix A). 



Table 7.10. Ethanol  product ion  c o s t s  f o r  d i f f e r e n t  modes of opera t ion .  
P l an t  c a p a c i t y  78,000 ga l lday  of 95% e thano l  from 50% "Blackstrap" 
molasses  sugar  s o l u t i o n .  

Product ion Cost Cent/Gal 

Batch Continuous Continuous Vacuum 
C e l l  Recycle C e l l  Recycle 

Investment Rela ted  Cos ts  

Operat ing Labor 

Superv is ion  and C l e r i c a l  

U t i l i t i e s  

Water 

Power 

Steam 

Oxygen 

Laboratory Changes 

P lan t  Overhead 

To ta l  27.5 17 .3  1 6 . 1  12.4 



Analogous to the hydrolysate sugar fermentations, as shown in 

Table 7.10 a reduction of almost 10 cent/gal in production costs 

results if continuous rather than batch fermentation is employed. 

However, the vacuum process appears much more attractive relative to 

the other processes for the fermentation of molasses than for the 

fermentation of hydrolysate sugars. Almost 5 cent/gal can be saved 

with the vacuum system compared to conventional continuous fermentation. 

The advantage of the vacuum process are twofold. The 50% molasses 

solution must not be diluted and the ethanol distillation cost (as 

reflected by the steam cost) is reduced 

The reduced distillation cost in the vacuum process is due to 

the preliminary concentration of ethanol achieved in the vapor 

recompression cycle used to maintain the fermentor vacuum. The 

ethanol concentration is increased from a mole fraction of 0.03 in 

the broth to 0.24 in the condensed vapor. The resulting increased 

ethanol concentration in the feed to the distillation column allows 

the use of a lower reflux ratio for the final concentration of 

ethanol to 95%. By decreasing the required reflux ratio (i.e., moles 

reflux per mole reflux plus product) from 0.88 for atmospheric 

fermentations to 0.85 for vacuum fermentation an overall steam 

savings of 17% is obtained. This includes the steam required for 

compressor operation in the vacuum system. 

A reduced distillation cost was also experienced in the vacuum 

process for the fermentation of hydrolysate sugars, as shown in 

Table 7.9. But the steam requirement to concentrate the sugar to 

50% offsets the steam savings in the distillation. Thus, as shown 



in Table 7.8, the vacuum system actually requires more steam than 

conventional atmospheric pressure operation for the hydrolysate sugar 

fermentation. 

As discussed above, another advantage of the vacuum fermentation 

scheme is elimination of end product inhibition by boiling off ethanol 

as it is produced. However, by changing the fermentation pressure, 

the equilibrium ethanol concentration is altered and the ethanol 

concentration in the fermenting broth may be adjusted to any desired 

level. Figure 7.3 shows the effect of fermentor ethanol concentration 

on production costs for the vacuum system. The production costs do 

not include sugar concentration costs. When the ethanol concentration 

of the broth is low the equilibrium vapor concentration is also low. 

A high boil up rate is thus necessary to remove the required amount 

of ethanol. This increases the vapor compression costs in the vapor 

recompression cycle and production costs increase. At high ethanol 

concentrations the compression costs are reducedbutfermentation 

costs increase because the yeast becomes inhibited by the ethanol. 

As shown in Fig. 7.3 these two competing effects produce a rather flat 

production cost curve between ethanol concentrations of 5.0% and 8.0%. 

The production cost of vacuum fermentation without cell recycle 

is also shown in Fig. 7.3. Production costs without cell recycle 

rise more rapidly with increased ethanol concentration than when cell 

recycle is employed. This stems from the overall mass balances. 

When the ethanol concentration is high the boil up rate necessary 

to remove the required amount of ethanol is low and, from the mass 

balance, a large bleed rate from the fermentor is necessary. But, 
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Fig.  7.3. Effect of ethanol concentration in vacuum fermentor on 
ethanol production costs. 



a substantial amount of cell mass is removed with the bleed stream 

and the yeast concentration in the fermentor decreases. Since the 

cell mass concentration decreases, the fermentation rate per unit 

volume decreases and the fermentation costs increase. This of 

course is not the case when cell recycle is employed because the 

biomass concentration in the fermenter is maintained at a high level 

by returning a portion of the yeast to the fermenter. 

7.3. Effect of Feed Sugar Concentration on 
Ethanol Production Costs 

Ethanol production costs, excluding sugar concentration charges, 

are plotted against the feed concentration of fermentable sugar in 

Fig. 7.4 for conventional continuous fermentation. There is a 

definite optimum production cost at 10% sugar feed. This coincides 

with the optimum fermentor productivity at a 10% sugar concentration 

shown in Fig. 6.24. As discussed in Chapter 6, above a 10% sugar 

feed ethanol inhibition slows the fermentation rate. As a result, 

a larger fermentor volume must be used and as shown in Fig. 7 . 4  the 

fermentation costs increase. Below 10% sugar feed, the cell mass 

concentration decreases lowering the fermentor ethanol productivity 

which again increases the fermentation costs. Also,atlow feed 

sugar concentrations dilute solutions of ethanol are produced. This 

increases the distillation cost because more energy is required to 

concentrate these dilute solutions to 95% ethanol. 

Since 70% of the hydrolysate sugars are fermented by Saccharomyces 
2 

the 14.3% sugar feed used in the above continuous fermentation 

processes corresponds to the optimum sugar feed concentration shown 

in Fig. 7 . 4 .  





The effect of sugar concentration on ethanol production costs 

for the vacuum fermentation process is illustrated in Fig. 7.5. The 

production costs shown are exclusive of sugar concentration costs. 

As the sugar concentration increases, the fermentation costs steadily 

declines since ethanol inhibition is not a problem in the vacuum 

fermentation and high sugar concentrations allow a reduction in the 

size of process equipment. However, there is a practical limit to 

the sugar concentration which may be employed. If the solution becomes 

too concentrated it is extremely difficult to pump because of high 

viscosity. Also as the sugar is concentrated, so are non-volatile 

constituents in the medium such as minerals and salts. At high 

concentrations these components may become toxic to the yeast. In 

absence of knowledge of the exact optimum, a total sugar con- 

centration of 50% was set in the above designs. This is a typical 

concentration for "Blackstrap" molasses which has been shown readily 

fermentable by Saccharomyces. 
3 

The cost of concentrating the hydrolysate sugars is shown in 

Fig. 7.6. An initial hydrolysate sugar concentration of 4.0% was 

1 
taken. The sugar was assumed concentrated in a 7 effect evaporator 

4 
having a total steam efficiency of 5.0. If low cost steam is 

available (as was the case when the ethanol fermentation was part 

of an enzymatic hydrolysis facility) it is economical to concentrate 

the sugar to 14.3% and 50% for continuous and vacuum fermentation, 

respectively. Comparison of Fig. 7.6 with Fig. 7.5 shows that 1.1 

and 2.0 cents per gallon may be saved by concentrating the sugar in 

the continuous and vacuum fermentations respectively if the cost of 
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steam is $0.325/10J lb. However, when the cost of process 

3 
steam is above $0.45/10 lb, sugar concentration is uneconomical. 

As illustrated in Fig. 7.5 the vacuum fermentation process reduces 

fermentation costs over conventional continuous operation only when 

the fermentable feed sugar concentration is above 13%. Thus, in 

order for the vacuum fermentation to be economically attractive, either 

a concentrated sugar feed (molasses) must be available or low cost 

steam must be available to concentrate a dilute sugar solution. 

7.4. Effect of Fermentation Plant Capacity 

Figures 7.7 and 7.8 show ethanol production costs vs ethanol 

production rate for the four modes of fermentation employing molasses 

and hydrolysate sugars respectively, as the fermentation substrate. 

The production cost of batch fermentation, although high, is a weak 

function of production rate. This is because a large number of 

fermentors are needed for the batch fermentation. As the plant 

capacity is decreased the number of fermentors drops but the cost 

per unit of fermentation volume remains the same. 

This is not the case for the vacuum fermentation, for which a 

production rate of over 70,000 gal/day is necessary to achieve 

maximum economic efficiency. The vacuum system requires only one 

1.89~10~ liter fermentor to produce 78,000 gallons of ethanol per day. 

Thus, as the production rate is decreased the fermentor volume 

drops but the cost per volume increases (economy of scale). As a 

result, the economic advantage of the vacuum system over conventional 

continuous operation decreases as the production rate is lowered. 

The production cost of continuous operation both with and without 
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cell recycle is not as sensitive to plant capacity as vacuum operation 

because multiple fermentors are needed for high production rates. However, 

cell recycle has no benefit in continuous fermentations if less than 

15,000 gal/day of ethanol is produced. 

The main concLusion that can be drawn from Pigs. 7.7 and 7.8 is 

that a production rate of over 60,000 gal/day is necessary to achieve 

the most efficient use of capital in ethanol fermentation processes. 

7.5. Vapor Recompression Distillation 

Because the distillation of fermented broth is the most energy 

intensive step for the production of 95% ethanol, vapor recompression 

distillation was examined as a means of reducing the energy requirement, 

and hence the cost of the distillation step. In this method the over- 

head vapors are compressed and condensed in the reboiler to supply 

the heat for distillation. The overhead vapors contain a substantial 

amount of energy in the form of latent heat. This energy can be 

recovered by adiabatically compressing the vapors so that they will 

condense in the reboiler. The energy for compression is a small 

fraction of the energy required for vaporization in the reboiler. Thus, 

vapor recompression reduces the energy cost of distillation, but at 

the expense of a higher capital cost because a compressor is needed. 

Figure 7.9 compares the ethanol separation cost for a distillation 

column using a conventional direct steam heated reboiler with a 

vapor recompression heated reboiler. A constant overall heat transfer 

2 
coefficient of 487 ~tu/hr-ft -OF was assumed for the steam-heated 

reboiler. However, when vapor recompression was employed, the heat 

transfer coefficient was calculated as a function of temperature 
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Fig. 7.9. Comparison of conventional steam fired and vapor 
recompression distillation to concentrate ethanol from 
5 to 95%. 



difference, AT, in the reboiler (see Eq. (A.32) in Appendix A). 

It is obvious from Fig. 7.9 that as the cost of steam is increased 

the vapor recompression distillation produces substantial savings. 

Also, a temperature difference of 5.0°C in the reboiler was found 

to be optimal for the ethanol-water distillation using vapor recompression 

At AT greater than 5"C,  the compression cost increases due to the 

higher pressure required for condensation, while at AT less than 5"C,  

the reboiler cost increases due to the large exchanger area required. 

3 
If a current open market price of $2.80110 lb for steam is 

assumed, the separation cost is reduced from 8.5 to 2.5 centjgal when 

vapor recompression distillation is employed. This decreases the 

ethanol production costs from Blackstrap molasses shown in Table 7.10 

to 12.3 centlgal and 8.2 centlgal for continuous and vacuum fermentation, 

respectively. Thus, the economic advantage of the vacuum system is 

partially reduced by using vapor recompression rather than distillation 

with direct steam. 

7.6. Total Ethanol Production Costs 

The total ethanol production cost includes the cost of sugar 

and any medium supplements that are required. Based on simple 

stoichiometry, every cent per pound of fermentable sugar costs adds 

14.0 cents to the manufacturing cost of 1 gallon of ethanol. Thus 

it is easily seen, if sugar costs are above 2 to 3 cent/lb the sugar 

cost will dominate the economics of ethanol production. Unfortunately, 

this is the present situation. Both the price of molasses and of 

enzymatic hydrolysate sugars are around 5 cent/lb. 



A break down of the total ethanol production costs is shown 

in Table 7.11 for vacuum fermentation of both molasses and hydrolysate 

sugars. As mentioned previously, reduced energy costs have been 

assumed for the hydrolysate fermentation. 

5 
The cost of molasses was taken at 5.0 cent/lb of sugar and that 

of enzymatic hydrolysate at 5.3 centllb of sugar.' Since the 

hydrolysate sugars are only 70% fermentable, the actual cost of 

fermentable sugar would be 5.310.7 or 7.57 centllb. However, the 

residual unfermented sugars would not be discarded, but rather, fed 

t0.a second fermentation process. The residual sugars could be 

used for the production of single cell protein (SCP) by a Torula 

yeast or for the production of methane by anaerobic digestion8 and 

thus have an inherent value. A recent economic analysis for the 

production of Torula yeast from the residual sugars left after ethanol 

fermentation indicated that the net processing cost was equal to the 

market value of the yeast, 30 centllb. The residual sugar cost 

was taken at the total sugar cost of 5.3 cent/lb in the above study. 

Thus, the production of Torula yeast from the residual sugars defrays 

the cost of these unfermented sugars and the cost of fermentable 

hydrolysate sugars may be taken at the total sugar cost of 5.3 centllb. 

The medium supplement cost of 10 cent/gal of ethanol produced 

was calculated based on the assumption that half of the mineral and 

vitamin yeast growth factors are present in the raw sugar solutions. 

6 
A yeast credit of 30 centllb of yeast produced was subtracted from 

the total production costs. 



Table 7.11. Total ethanol production costs. 

Molasses Hydrolysate Sugars 
cent / gal cent / gal 

Sugar Concentration - 

Fermentation 4.6 2.7 

Ethanol Recovery 6.7 2.2 

Yeast Recovery 0.7 0.5 

Storage 0.4 0.4 

Sugar 70.0 74.2 

Medium Supplements 10.0 10.0 

Sub Total 92.4 93.8 

Yeast Credit 39.9 39.9 

Total 52.5 53.9 



As shown in Table 7.11 the cost of sugar does indeed dominate 

the ethanol production cost, representing almost 80% of the total 

manufacturing cost. However, the net production costs of 53.9 and 

52.5 centlgal, after the yeast credit has been substracted, compares 

favorably with the current selling price for 95% ethanol of 

$1.04/gal. 
6 

Since the processing costs represent only 12% of the total ethanol 

production costs, the effect of taxes, interest and labor rates on 

the final ethanol cost is minor. This is shown in Table 7.12 

along with the effect of sugar costs. 

As mentioned above, the production of Torula yeast from the 

residual hydrolysate sugars offsets the cost of these unfermentable 

sugars when the total sugar cost is 5.3 centllb. However, if the 

cost of hydrolysate sugar increases above 5.3 centllb the residual 

sugar cost is no longer offset by the production of SCP and the ethanol 

production cost must reflect the added cost of the residual sugars. 

This results in a 20 cent/gal increase in ethanol production cost 

for every cent the hydrolysate sugar cost is increased above 5.3 centllb. 

However, in the case of molasses in which the sugars are completely 

fermented each cent per pound increase in sugar cost increases the 

ethanol cost by only 14 centlgal. 



Table 7.12. Incremental  e f f e c t  of v a r i a b l e s  on e thanol  product ion 
c o s t .  

- 

~ e n t / g a l  Increase  of 
Ethanol Cost 

$5.60/hr -t $lO.O/hr I n c r e a s e  i n  Labor Cos ts  0 .5 

4.0% -t 12% Inc rease  i n  Taxes 3.6 

6.0% -t 12% Inc rease  i n  I n t e r e s t  1 . 0  

5 .0  c e n t / l b  -t 8.0 c e n t / l b  Inc rease  i n  Molasses 
Sugar Costs  

5 .3 c e n t / l b  -t 8.3 c e n t / l b  Inc rease  i n  Hydrolysate  60.0 
Sugar Cos ts  



8 .  CONCLUSIONS AND RECOMMENDATIOKS 

Although careful control of oxygen tension and use of optimum 

feed sugar concentrations in alcoholic fermentations may reduce 

capital expenditures by as much as 50%, sugar costs overwhelm the 

ecomonics of ethanol production. Every cent/lb of fermentable sugar 

adds 14 centlgal to the ethanol production costs while the basic 

fermentation charges excluding sugar are only 10 cents to 26 cents per 

gallon. Thus before ethanol fermentation process improvements and 

optimization become of equal economic importance to sugar costs, the 

base cost for sugar must be reduced to 2 cents to 3 cents per pound. 

The experimental work presented in this study does demonstrate the 

practicality of continuous ethanol fermentations. Under optimal 

fermentation conditions, continuous alcohol production in a laboratory 

fermentor was maintained for 90 days without problems of contamination 

or of unfavorable mutation. Vacuum fermentation has been shown to 

eliminate the problem of ethanol inhibition. With a 33.4% glucose 

feed the ethanol productivity of the vacuum system was 7 times 

greater then that for conventional continuous operation. However, 

a bleed of fermented broth had to be continually withdrawn from the 

vacuum fermentor to keep the concentration of nonvolatile components 

at a level compatible to the yeast. Fermentor productivities were 

also increased by using cell recycle in both vacuum and atmospheric 

pressure fermentations. The increased fermentor cell mass concentrations 

achieved with cell recycle produced a corresponding increase in 

ethanol productivity. Extensive cell recycling had little effect on 

yeast viability, even when the mean residence time of a cell was 



increased 10 times over simple continuous operation. 

The fermentation studies of this work were conducted using a purt. 

glucose sugar feed. Further definitive studies are required to 

assess the ethanol fermentation of commercially available substrates. 

The most promising fermentation substrate appears to be sugars produced 

from the enzymatic hydrolysis of waste cellulose. The hydrolysate 

sugars produced from newsprint have been shown to contain 70% glucose, 

26% cellobiose and 4.0% xylose and are 70% fermentable by 

2 
S. cerevasiae. Thus, the need exists to find other strains of yeast - - - - -- .- 

capable of fermenting the remaining 30% of the hydrolysate sugars. 

This becomes extremely important in light of the dominating cost of 

the hydrolysate sugars and could increase the ethanol yield per ton 

of cellulosic waste by as much as 15%. This same situation exists 

if the hydrolysate sugars are produced from agricultural wastes. 

llowever, the hemicellulose fraction of agricultural wastes offer an 

additional source of sugars (xylose, manose and arabinose). Organisms 

must be found which ferment these sugars to useful products. Yeast 

strains of Kloeckera and Hansen la2por.a appear to be likely candidates . 

Cost studies of the various fermentation methods show that the 

s u g a r  cost dominate the economics at present. However, even at a 

sugar cost of 5 cent/lb, the net manufacturing cost of 95% ethanol 

is 52.5 cent/gal with reasonable by-product credits. If the cost 

of sugar were reduced to 3 centllb the manufacturing cost would be 

lowered to 26 centlgal, making ethanol competetive with petrolum as 

motor fuel. Current efforts to produce hydrolysate sugars and ethanol 

I rom celluolse, therefore, appear to be quite promising and we1 l justi Cied 

by the foregoing economic analysis. 
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APPENDIX A. DETAILED DESCRIPTION OF PROCESS 
DESIGN AND COST ESTIMATION PROCEDURES 

Computer programs were used to design and optimize the ethanol 

fermentation plants. Three main programs were written to optimize 

the major subsystems within the alcohol plant so as to keep the 

programs of a general nature and applicable to other fermentation 

processes. The principal program designs the fermentors and the 

auxiliary equipment (heat exchanges, sterilizers, and compressors, etc). 

Another program is used for the product recovery, i.e., distillation, 

and a third used for vapor recompression cycles which are employed 

as an alternative to conventional reboiler operation in distillation 

and in the vacuum fermentation system. The design equations used 

in programs are first explained along with the general computational 

procedures employed. Next, the cost estimation methods are outlined. 

Finally, a description and flow chart of the programs are shown and 

the complete Fortran program listed. 

A.1. Design Equations 

A . 1 . 1 .  Fermentor Volume 

Batch Fermentation. The fermentation cycle time, 4, in batch 

fermentation is taken as: 

$ = T  + T  + T  + T  
f h c  s (A.  1) 

where, Tf = actual fermentation time 

Th = time required to harvest or drain the fermenter (assumed 

to be 1 hr) 

T = time required to charge the fermentor with fresh medium 
C 

(assumed to be 1 hr) 

Ts = time required to clean and sterilize the fermenter (assumed 

to be 4 hr). 



Then, 

Since the feed rate of broth to the fermentation plant is continuous, 

the total fermentation volume, Vf, must be, 

Vt = 0 - F  

or the number of fermentors, N, is, 

where, F = broth flow rate, literslhr 

5 
Vm = maximum fermentor volume, liters (assumed to be 1.89~10 liters 

4 or 5x10 gallons). 

An 80% working volume has been assumed in Eq. (A.3) for the alcoholic 

fermentation. The actual number of fermentors, N', is taken as the 

next highest intergral number of N. The individual fermentor volume, 

Vf, is then calculated by, 

For continuous fermentation the total fermentation volume was 

found as, 

- 1 
where, D = dilution rate, hr 

And again the number of fermentors and individual fermentor volume was 

found as, 



A.1.2. Agitation and Aeration 

In the design of the aeration and agitation systems standard 

geometry fermentors using flat bladed turbines have been assumed. A 

summary of the dimensional ratios of the standard geometry fermentor 

is given in Fig. A-1. 

From the oxygen demand of the yeast, , and the cell mass 

concentration, X, the required volumetric oxygen-transfer coefficient, 

%a, can be found. 

where, = microbial oxygen demand, moles 02/hr-gm cells 

X = cell concentration, gm dry wt/liter 

* 
C = saturation concentration of oxygen at the fermentation 

conditions, moles/liter 

C = oxygen.concentration which is to be maintained in the 
C 

fermenter, moles/liter 

In order to take into account the consumption of oxygen by the yeast, 

* 
C was calculated from an oxygen balance around the fermentor. The 

- 
partial pressure of oxygen leaving the fermentor, PO, is found from, 

RTQ XVw - 

PO = PfYi - ('2 

Q 
(1 - Yi) 

where, 'i = mole fraction of oxygen in inlet gas (for air Yi = 0.209) 

Pf = total pressure in fermentor head space, atm 

-5 3 
R = the gas constant, 8.21x10 atm-m /OK-mole 

T = temperature, OK 

V = working volume of fermentor, m 
3 

W 

3 
Q = volumetric gas flow rate, m /hr 



HL = Dt 

Dt/Di = 3.0 

w d D t  = 0. I 

Wi/Di = 0.2 

= 0.25 

XBL 763- 6556 

Fig. A.1. Standard geometry fermentor using flat bladed turbine. 



The last term in Eq. (A.6j is due to the oxygen consumption by the 

yeast. Assuming that both the gas and liquid phases are well mixed, 

the liquid saturation concentration is then, 

(A. 6a) 

where, H = Henery's law constant in atm/mole-liter 

The assumption of a back mixed gas phase made in Eq. (A.6a) results 

in a lower mass transfer driving force than if plug flow of the gas 

is assumed. This increases the required %a for oxygen transfer as 

calculated in Eq. (A.5) and increases the agitator power (see below). 

In actual practice the gas flow will be neither completely plug flow 

or completely back mixed, but exists in a regime somewhere between 

these two limits. However, the assumption of a well back mixed 

gas produces a conservative design of the aeration and agitation 

system, and is thus made because there is insufficient data to calculate 

the actual flow conditions of the gas phase. 

* 
Once C is found from Eq. (A.6a), the required a is determined 5 

from Eq.  ( A . 5 )  and the agitator power calculated from, 24 

3 
where, P /V = agitator power, H P / ~  of fermentor volume 

g 

v = superfacial air velocity through the fermentor, m/hr 
S 

Equation (A.7) is due to a correlation presented by Cooper et al. 
24 

There are many similar correlations for the calculation of fermentor 

agitator power, 3'25 however, the correlation presented in Eq. (A.7) 

results in a higher agitator power requirement compared to other 



available correlations. Due to the discrepancies between various 

correlations and uncertainty in microbial oxygen demands, the Cooper 

correlation was chosen because it leads to a conservative agitator 

design. 

As can be seen from Eq. (A .7 ) ,  once a has been determined 

many values of v will give a reasonable agitator power. As discussed 
S 

below, an optimum air compressor and agitator cost is used to determine 

v and hence P . However, a minimum power is required to keep the 
S g 

cells in suspension and to insure a well mixed system. This minimum 

3 power is calculated according to Calderbank and Moo-Young. 

where, g = acceleration due to gravity, cm/sec 
2 

3 
Ap = density difference of dispersed and continuous phases, gm/cm 

Uc = continuous phase viscosity, gm/cm-sec 

PC = continuous phase density, gm/cm 
3 

Substituting representative values for yeast and the fermentation broth 

into Eq. ( A . 8 ) .  

Ap = 0.024 gm/cm3 (Ref. 2 )  

uc = 0.0072 gm/cm-sec (water at 35OC) 

3 
one obtains, P /V = 0.06 H P / ~  . 

g 



This sets the lower limit of P /V in Eq. (Ai7). The upper limit of 
g 

P /V is set by the largest commercially available agitator of 400 horse- 
g 

4 4 3 
power, or for a 5x10 gallon fermentor, a P /V ratio of 2.1 H P / ~  . 

g 

It should be pointed out that for the main alcoholic fermentation, 

where the oxygen demand is very small, the optimum solution inevitably 

lies at the lower limit of P /v. However, it is necessary to keep 
g 

the aeration and agitation equations of a general nature so that one 

can design either growth stage fermentors or seed fermentors, both of 

which require high aeration and agitation levels. 

The design of the aeration and agitation system requires that 

the superficial air velocity through the fermentor, v and the 
s ' 

pressure in the fermentor, Pf, be specified. If P is increased the f 
* 

saturation concentration of oxygen, C , rises and the required 
%a 

will decrease (Eq. (A.5)) which leads to a lower agitator power as 

shown in Eq. ( A . 7 ) .  The same situation exists for v ; a higher air 
S 

rate allows a lower agitator power in Eq. (A.7), but the decrease 

in agitator power achieved by raising the pressure and air flow are 

offset by a higher air compressor power requirement. Thus an optimum 

must be struck between the agitator and compressor costs using v 
S 

and P as optimizing parameters. However, another parameter must be 
f 

introduced since the air is sterilized by filtration and the pressure 

drop through the air filter enters into the compressor power 

calculations. As discussed in the air sterilization section, the 

degree of sterilization is set a priori and the filter length and 

pressure drop are calculated once the filter diameter is determined. 

As a result the filter diameter is used as the third parameter necessary 

to optimize the agitation and aeration system. 



The RPM of the agitator impeller is calculated from a correlation 

5 
due to Michel and Miller which relates power consumption in gassed 

and ungassed fermentors. 

where, 
Pg 

= power consumed in the gassed liquid, HP 

P = power consumed in the ungassed liquid, HP 

n = rotational speed of impeller, revlmin 

3 
Q = volumetric flow rate of gas, m /hr 

D. = impeller diameter, m. 
1 

An additional equation can be written for the power number, N , when 
P 

there is turbulent agitation in the fermentor. For flate bladed 

turbine impellers, 

P 
g - 

(A. 10) 

Conditions of turbulence are insured by Eq. (A.8). Rearrangement 

of Eq. (A.10) and substitution for the density of the fermentation 

broth gives, 

3 5 
P = 9.66 n Di (A. 11) 

Substitution of Eq. (A.11) into Eq. (A.9) for rhe ungassed power and 

solving for the rotational speed of the impeller, n, gives, 



Thus, once P and Q are known the rotational speed may be solved for 
g 

directly. 

The gas hold-up within the fermentation broth is then calculated 

to insure that the expanded volume of the broth due to gas entrainment 

does not exceed a 90% working volume in the fermentor. A 10% volume 

head space is taken to allow complete disengagment of the gas and 

12 
liquid. The per cent gas hold-up has been correlated by Richards as, 

where, H = per cent hold-up of gas in the liquid. 
0 

* 
If the hold-up is greater than 10% the volume of the fermentor is 

recalculated so that the total volume of entrained gas and liquid 

is 90% of the total fermentor volume. 

A . 1 . 3 .  Fermentor Temperature Control 

The heat of fermentation must be removed in the batch and continuous 

fermentations to maintain a constant temperature in the fermentor. 

The temperature control system for batch fermentations must be 

designed for the highest heat load which occurs at the end of the 

exponential growth phase. The maximum heat load is calculated from, 

(A. 13) 

* 
The ungassed liquid working volume has been previously set to 80%. 
If H is greater than lo%, 80% + H will be greater than 90%. 

0 0 



where : 
(Hf ) max 

= maximum heat generation rate, Btu/hr 

-1 
V = specific ethanol productivity, hr 

X = cell mass concentration, gm dry wt/liter 

C 
H = heat of combustion of substrate, for glucose 3.74 kcal/gm 
S 

C 
H = heat of combustion of cell mass, for yeast 3.3 kcal/gm 

2 0 
X 

C 
H = heat of combustion of ethanol, 7.1 kcallgm 
e 

Y = product yield, gm ethanol produced per gm substrate PIS 
consumed 

Yx/P 
= cell yield, gm cell mass produced per gm ethanol produced 

The last term in Eq. (A.13) is due to the power dissipation of the 

agitator in the fermentation broth with P the agitator power in horse- 
g 

power. The similar relation is written for continuous fermentation 

systems 

(A. 14) 

with, So = inlet substrate concentration, gmlliter 

S = outlet substrate concentration, gm/liter 

To assure a constant fermentor temperature the heat of fermentation as 

calculated in Eq. (A.13) or Eq. (A.14) is removed through an external 

heat exchanger. Details of the exchanger design are shown below in 

the heat exchange equipment section. 

The flow rate of fermentation broth, w and cooling water, w 
f '  c ' 

through the external exchanger are calculated from an energy balance 

around the exchanger, 

(A. l4a) 



when, w = flow rate of fermentation broth, lb/hr f 

w = flow rate of cooling water, lb/hr 
C 

c = heat capacity of broth and water, 1.0 Btu/lb-OF 
P 

Th2 = inlet temperature of broth, OF 

Thl = exit temperature of broth, OF 

Tcl = inlet temperature of cooling water, 77°F 

TcZ = exit temperature of cooling water, OF. 

The inlet temperature of broth, Th2, is set by the fermentation 

temperature and the inlet cooling water temperature, Tcl, was taken 

at 77OF. Thus, Thl and T may be arbitrarily set and the flows 
c2 

calculated from Eq. (A.14a) provided, 

Thl > T = 77°F 
c 1 

Tc2 < Th2 = fermentation temperature 

However, as T approaches T and T approaches T the required 
hl cl; c 2 h2 

flow of broth and cooling water diminishes, but the exchanger area 

as calculated in Eq. (A.25) increases due to the smaller AT'S. 

The trade off between heat exchanger costs, and the cost of cooling 

water and pumping is optimized using T and T as the optimization 
hl c 2 

parameters. 

A.1.4. Gas Compression 

For both the air supply to the fermentors and the vapor recompression 

in the vacuum fermentation, adiabatic compression is used. The 

compression power requirement is calculated as, 



(A. 15) 

where: HP = horsepower required for compression 

K = ratio of specific heats of gas at constant pressure to 

specific heat of gas at constant volume 

P1 = intake pressure, atm 

P2 = final delivery pressure, atm 

3 Q = volumetric flow rate of gas at inlet conditions, m /hr 

A compressor efficiency of 80% has been assumed in Eq. (A.15) for 

the adiabatic compression. 
4 

A.1.5. Air Filtration and Sterilization 

The air feed to the fermentors is sterilized by filtration through 

fibrous glass wool having a mean fiber diameter of 19.0 microns. The 

single fiber collection efficiency, coy is determined from a 

correlation presented by Aiba. 
2 

when, 

and, 

(A. 16) 

(A. 17) 

when, 



where, NR = d /d 
P f 

N ~ e  
= vd / D  

f BM 

N ~ e  = dfvr)/l-l 

v = vS/(l - a) 

with, d = diameter of particle which is retained by filter, assumed 
P 

to be cm (diameter of bacterial spore) 

-3 d = fiber diameter, 1.9x10 cm 
f 

v = air velocity through filter, cmlsec 

cx = packed volume fraction of filter material, 0.033 for 

industrial filters 2 

2 
D~~ 

= diffusivity of particles, cm /sec 

LI = viscosity of air, gmlcm-sec 

3 
P = density of air, gmlcm . 

The Brownian diffusion coefficient, DBM, is calculated as, 7 

- CKT 
D~~ - 3nlld 

P 

With the Cunningham correction factor for slip flow, C, being found from, 

+ 0.41 exp 
P 

< is the mean free path of gas molecules in centimeters, 

where ; 



the average molecular velocity of gas molecules in cmlsec. 

P = total gas pressure, dyneslcm 2 

K = Boltzmann constant 

T = absolute temperature, OK. 

Throughout these calculations the air velocity through the filter, 

v, is held less than 30 cm/sec to avoid inertial impaction collection 

mechanisms to insure strict adherance to the correlation as presented 

in Aiba. 

Once the single fiber efficiency, 
< 0 9  

has been found from 

Eqs. (A.16) or (A.17) the collection efficiency of fibers in a filter 

bed, T a ,  of volume fraction a is calculated as, 

<a =5(1+4.5a) . 
0 

(A.  18) 

Then the length of the air filter, L, is found from a log penetration 

theory. 

where, L = filter length, cm 

No = level of contamination in inlet air (assumed to be 
4 3 

10 organismslm ) 

N = level of contamination in air after filtration. 

The contamination level of the filtered air, N, is set so that only 

one contaminating organism passes the filter every 100 days. 

The pressure drop through the air filter is calculated by means 

of a modified drag coefficient, which was introduced by Kimura. 
8 

'DB 



and, 

(A. 20) 

where, AP = pressure drop through the air filter, atm. 

A.1.6. Media Sterilization 

A continuous media sterilizer is used for both batch and continuous 

fermentations. A schematic of the sterilizer is shown in Fig. A.2. 

The incoming medium is first preheated by the hot sterile medium 

leaving the sterilizer. This also cools the exiting media saving 

on cooling water costs in the cooler exchanger which cools the sterile 

medium to the fermentation temperature. Direct steam injection is 

used to heat the broth to the sterilization temperature. The 

sterilization temperature is maintained through the holding section 

by insulated pipe. Although direct steam injection dilutes the medium 

with condensate, only a 1%-2% dilution was found for all the design 

cases. This small dilution has a negligible effect on the subsequent 

fermentation and saves the cost of a heat exchanger. 

An effective-sterilization level, N/No, for the media sterilizer 

is obtained from an exact solution of the material balance and death 

rate equations. 
2 

(A. 21) 





where, 

with, L = length of the holding section, m 

d = diameter of the holding section, m 

U = mean velocity of fluid through the holding section, mlmin 

N- = initial level of comtamination in media (assumed to be 
u 

4 
10 organismlcm 3 

N = level of contamination after sterilization 

K = death rate constant of contaminating organisms 

Pe = Peclet number (Pe = U ~ / E  ) 
z 

2 
EZ 

= axial diffusion coefficient, m Imin 

The death rate constant, K, of the contaminating organisms is 

assumed to be the same as the heat resistant spores of B. stearothermophilus 

to insure a conservative design. The death rate constant for this organism 

9 can be written as a function of temperature as, 

38 K =  7.94x10 exp - 6.87~10~ 
RT 

where, T = temperature, OK 

R = the gas constant, 1.98 cal/mole-OK. 

The Peclet number, Pe, is calculated according to Levenspiel. 
10 

with, f = fanning friction factor. 

(A. 22) 

A standard relation for the friction factor may be combined with 

Eq. (A.22). 
11 



(A.  23) 

where, 
* ~ e  

= Reynolds number (dUp/y), 

The quani ty ,  ~ ~ e / d ,  i n  t h e  exponent ia l s  of Eq. (A.21) i s  a  measure of 

t h e  degree of back mixing i n  t he  s t e r i l i z e r  ho ld ing  sec t ion .  I f  

c o n d i t i o n s  of  extreme back mixing and a  low s t e r i l i z a t i o n  temperature 

( i . e . ,  LPe/d = 10, T = 120°C) a r e  s u b s t i t u t e d  i n t o  Eq. (A.21) t he  two 

t e r m s  i n  t h e  denominator a r e  found t o  be: 

GLPe 
( 1  + <)2  exp - = 7 . 1 7 ~ 1 0  

4 
2d 

2 CLPe 
(1 - 5) exp - - = 2 . 1 3 1 ~ 1 0  

-5 
2d 

These c o n d i t i o n s  of back mixing and temperature r ep re sen t  a  very poor 

s t e r i l i z e r  des ign  and i n  t h e  a c t u a l  des ign  t h e  d i f f e r e n c e  between 

these  two t e r m s  w i l l  be  l a r g e r .  Thus t h e  l a s t  term i n  t h e  denominator 

of Eq. (A.21) may be  neg lec t ed  wi th  r e s p e c t  t o  t h e  f i r s t .  Then 

r ea r r ang ing  Eq. (A.21) t o  s o l v e  d i r e c t l y  f o r  t h e  s t e r i l i z e r  l eng th  

one ob ta ins :  

(A.  24) 

Equation (A.24) i s  then  used t o  so lve  d i r e c t l y  f o r  t h e  l eng th  of t h e  

s t e r i l i z e r  a f t e r  t h e  temperature and diameter  have been s p e c i f i e d .  

The contaminat ion l e v e l ,  N / N ~ ,  was s e t  t o  achieve  100 days of 

contamination f r e e  ope ra t ion .  



The steam requirement in the media sterilizer is calculated from 

a heat balance as, 

(A. 24a) 

where, Qs = stream requirement, lb/hr 

w = flow of media, lb/hr 
m 

C = heat capacity of media, 1.0 Btu/lb-OF 
P 

Ts = sterilization temperature, OF 

T = temperature of media coming from preheat exchanger, OF 1 

Here process steam saturated at 60 psia is used to heat the media. 

Details of the heat exchanger design are covered in the next section. 

There are four parameters which must be specified to design 

the sterilizer complex shown in Fig. 2. The calculation of the 

sterilizer length requires that the sterilization temperature, 
Ts' 

and the diameter of the holding section, d, be known. It is evident 

from Eqs. (A.22) and (A.24) that as T increases the length and hence 
S 

the cost of the sterilizer decrease. This advantage is off set by 

the higher steam requirement needed to obtain the higher sterilization 

temperature. The steam requirement is also affected by the design 

of the preheat exchanger. If more heat is transfered to the incoming 

media less steam is needed, but a larger exchanger is necessary. 

Also, the cooling water costs of the cooler are linked to the preheat 

exchanger operation since a higher medium exit temperature from the 

preheater dictates a higher cooling load in the cooler. 

To optimize this situation four parameters were chosen: the 

diameter of the sterilizer, d, the sterilization temperature, Tsy 



the degree of approach in the preheat exchanger, AT, and the exit 

cooling water temperature from the cooler exchanger, and an optimization 

preformed. 

A. 1.7. Heat Exchange Equipment 

The process heat exchangers were sized using overall heat transfer 

coefficients and log mean temperature differences. The area of a 

heat exchanger was found from: 

(A.  25) 

where: A = heat exchanger area, ft 
2 

Q = heat load, ~tu/hr 

U = overall heat transf er coefficient , ~tu/hr-f t2-OF 

ATlm = log mean temperature difference, O F  

Overall transfer coefficients were not calculated for each individual 

exchanger. Rather, a representative coefficient was calculated 

for each mode of heat transfer (lqiuid-liquid, liquid-condensing vapor, 

liquid-boiling liquid, boiling liquid-condensing vapor) used in the 

fermentation process. These heat transfer coefficients were then 

assumed to apply to all exchangers using that particular mode of 

heat transfer. 

The overall heat transfer coefficient may be written as, 

(A.  26)  



with ,  h  = tube  s i d e  f i l m  c o e f f i c i e n t  , Btulhr-f t 2 - O ~  
t 

2 
h  = f o u l i n g  c o e f f i c i e n t ,  B tu lh r - f t  - O F  

f  
2 h = s h e l l  s i d e  f i l m  c o e f f i c i e n t ,  B tu lh r - f t  - O F  

s 

W = t u b e  w a l l  t h i ckness ,  f t  

K = thermal  c o n d u c t i v i t y  of tube ,  Btu/hr-ft-OF 

The s h e l l  s i d e  and t u b e  s i d e  f i l m  c o e f f i c i e n t s  were c a l c u l a t e d  f o r  

each type  of  h e a t  t r a n s f e r  and s u b s t i t u t e d  i n t o  Eq. (A.26) and a  

o v e r a l l  c o e f f i c i e n t  determined. 

2 
A 5,000 f t  h e a t  exchanger w a s  taken a s  a t y p i c a l  process  exchanger. 

The exchanger s p e c i f i c a t i o n s  a r e  l i s t e d  below. 

Area = 5,000 f t  
2 

S h e l l  d iameter  = 4 f t  

S h e l l  l e n g t h  = 14 f t  

Type o f  t ubes  = BWG 14,  314 i n .  o.d. ,  0.584 i n .  I.D. 

Number of  t ubes  = 1810 

Tube spac ing  = 1 i n .  t r i a n g u l a r  p i t c h  

B a f f l e  spac ing  = 5.0 f t  

One p a s s  des ign  

The p r o p e r t i e s  of  t h e  h e a t  exchange l i q u i d  were taken  t o  be t h e  

same a s  those  of water  a t  150°F, and t h e  condensing vapor t h e  same 

a s  s a t u r a t e d  steam a t  266OF u n l e s s  o therwise  s p e c i f i e d .  

For l i q u i d - l i q u i d  h e a t  exchange t h e  tube  s i d e  f i l m  c o e f f i c i e n t  

i s  c a l c u l a t e d  a s :  
4  

(A.  27) 



where, K =  

Using a  mass 

by pure drop 

thermal  c o n d u c t i v i t y  of t h e  l i q u i d ,  ~ t u / h r - f t - O F  

tube  i n s i d e  d i ame te r ,  f t  

mass v e l o c i t y  of  l i q u i d ,  l b / h r - f t  
2 

v i s c o s i t y  of  l i q u i d ,  l b l h r - f t  

h e a t  c a p a c i t y  of f l u i d  

2  
v e l o c i t y  o f  1 . 5 ~ 1 0 ~  lb lhr - f  t ( t h i s  w i l l  be j u s t i f i e d  below 

c a l c u l a t i o n s )  one ob ta ins :  

The s h e l l  s i d e  f i l m  c o e f f i c i e n t  is  found from 4 

with:  F = 
S 

G = 
S 

- 
Do - 

s a f e t y  f a c t o r  t o  account  f o r  bypassing e f f e c t s ,  from 
4  

P e t e r s  F = 1 . 8  
S 

s h e l l  s i d e  m a s s  v e l o c i t y  based on f r e e  a r e a  between b a f f l e s  

and s h e l l  a x i s ,  l b lh r - f  tL 

tube o u t s i d e  d iameter ,  f t .  

Using t h e  same t o t a l  mass f low r a t e  a s  on the  tube s i d e  (5.0x106 l h l h r  

G i s  c a l c u l a t e d  a s :  
S 

No. of tubes  normal - - 48 i n .  s h e l l  i . d .  
t o  flow = 48 0.75 i n .  tube  0.d.  + 0.25 i n .  c l e a r a n c e  

f r e e  a r e a  - (48) (0.25) (5.0) = f t  - 2 
f o r  flow 12 



Subs t i tu t ion  i n t o  Eq. (A.28) y i e l d s ,  

Using a fou l ing  c o e f f i c i e n t  of 2000 ~ t u l h r - f  t 2 - 0 ~ , 4  the  o v e r a l l  coe f f i c i en t  

f o r  l iquid- l iquid  hea t  exchange i s  found from Eq. (A.26). 

The pressure  drop through t h e  exchanger i s  next ca lcu la ted  t o  

a s su re  t h e  assumed flow r a t e s  a r e  reasonable. The tube s i d e  pressure  

drop i s  cor re la t ed  a s ,  
4 

(A. 29) 

with, n = number of tube passes  
P 

f  = Fanning f r i c t 2 o n  f a c t o r  

G = mass v e l o c i t y  i n  tube  

B .  = cor rec t ion  f o r  sudden con t rac t ion  and expansion a t  headers 
1 

c = 4.17 ft-lbm/hr-lbf 

3 
p = l i q u i d  dens i ty ,  l b l f t  . 

For the  e x i s t i n g  flow cond i t ions ,  B. and f  a s  ca lcula ted  according 
1 

4 
t o  Peters  a r e ,  

Subs t i tu t ion  i n t o  Eq. (A.29) g ives ,  

2 
AP = 328 l b f / f t  = 2.28 p s i  



In a similar manner t h e  s h e l l  s i d e  p r e s s u r e  d l t ) p  i s  found a s ,  

(A.  30)  

where, f '  = s p e c i a l  f r i c t i o n  f a c t o r  f o r  s h e l l  s i d e  flow 

N = number of tube  rows r 

B = c o r r e c t i o n  f o r  f low r e v e r s a l  
0 

Once aga in  f lowing P e t e r s 4  f o r  t h e  s h e l l  s i d e  flow, 

f '  = 0.084 

Nr = 24 

and, 

2 
AP = 554 l b f l f t  = 3.84 p s i  

These p r e s s u r e  drops are c e r t a i n l y  r ea sonab le  and j u s t i f y  t h e  assumed 

flow r a t e s .  

Condensation and Boi l ing .  For t h e  condensat ion of vapors on t h e  

s h e l l  s i d e  of a  h o r i z o n t a l  exchanger t h e  f i l m  c o e f f i c i e n t  has  been 

c o r r e l a t e d  f o r  steam a s ,  1 3  

where : Nv = number of tube  rows i n  a  v e r t i c a l  t i e r ,  48 

Do = tube o u t s i d e  d iameter ,  f t  

AT = temperature d i f f e r e n c e  a c r o s s  film, O F  
f 

(A.  31) 

L e t t i n g  ATf be  10X of t h e  average t o t a l  AT between s a t u r a t e d  s team 

a t  266°F and b o i l i n g  water  a t  a tmospheric  p r e s s u r e ,  



one obtains, 

To calculate the tube side coefficient, forced convection with 

nucleate boiling is assumed. According to ~bele ,14 the film coefficient 

may be found from, 

hfc 
is the film coefficient due just to the forced movement of fluid 

as calculated above for liquid-liquid heat exchange. The pool boiling 

coefficient, h is given as, 
pb ' 

with, A = latent heat of vaporization, Btu/lb 

a = surface tension, lbf/ft 

AT = temperature difference between tube wall and saturation 

temperature 

Using the properties of saturated water at 1 atmosphere and a AT of 30°F 

gives, 

Combining the shell side and tube side film coefficients with a fouling 

coefficient of again 2000 one obtains the overall heat transfer 

coefficient for a reboiler arrangement, 



This reboiler heat transfer coefficient must be recalculated 

for the vacuum fermentation system to take account of the non-condensable 

gases (carbon dioxide and oxygen) in the vapor stream used in the vapor 

recompression cycle. The shell side coefficient may by estimated from 

a two film model of heat transfer which takes into account heat 

conduction both through a noncondensable gas film adjacent to the 

condensate film on the cooling surface and through the condensate 

film. 
19 

(A. 33) 

where, Qs = sensible heat for cooling non-condensable gas, Btu/hr 

Qt = total heat load, Btu/hr 

2 
h = gas film coefficient, ~tu/hr-ft -OF 

g 

hc = condensate film coefficient, ~tu/hr-f  OF 

To estimate the gas film coefficient a representative vapor composition 

from the vacuum fermentor is taken as,* 

mole fraction of water = 0.657 

mole fraction of ethanol = 0.139 

mole fraction of CO = 0.151 
2 

mole fraction of 0 = 0.053 
2 

* 
This represents a 40% sugar feed and a oxygen flow of 0.13 WM at STP. 



Using a 100 mole basis and a condensation temperature of 40°C, the 

heat loads can be calculated assuming a compressor discharge 

temperature of 200°C.* 

The gas film coefficient is found from the shell side film coefficient 

correlation given in Eq. ( A . 2 8 )  as, 

Substitution of these values into Eq. ( A . 3 3 )  along with the condensate 

film coefficient previously calculated, the shell side coefficient 

for the fermentor reboiler is: 

and the overall transfer coefficient for the fermentor reboiler in the 

vacuum system becomes, 

2 
Again a fouling coefficient of 2000 Btu/hr-ft -OF has been assumed. 

* 
This discharge temperature corresponds to a discharge pressure of 
500 mmHg and will condense 99% of the ethanol and water. 



The various film coefficients thus far calculated may now be 

combined with use of Eq. (A.26) to determine the overall heat transfer 

coefficients for the other modes of heat exchange. The results are 

summarized in Table A.1. It should be remembered that for the 

coefficients listed in Table 1, all boiling which takes place is on 

the tube side with condensation taking place on the shell side. 

A. 1.8. Vapor Recompression 

A vapor recompression cycle is used in the vacuum fermentation 

system and as an alternative to conventional reboiler operation in the 

distillation to 95 wt% ethanol. A general schematic of a vapor 

recompression cycle is sho~srn in Fig. A . 3 .  The recompression cycle 

adiabatically compresses saturated vapor coming from a boiling 

environment to a pressure such that the vapor will condense at a 

higher temperature than the boiling point of the solution. The 

latent heat of condensation of the vapors then supplies the energy 

necessary for boiling. 

The basic approach was to calculate the required compressor power 

given the composition and flow rate of vapor. Other parameters 

specified by the process conditions are: 

TI = inlet temperature of vapor to compressor, O K  

T = condensation temperature of vapor in reboiler, OK 
2 

P1 = suction pressure of compressor, mHg. 

The compressor discharge pressure, P2, necessary for condensation of 

the water-ethanol vapor in the reboiler is calculated from: 



Table A.1. Summary of typical overall heat transfer coefficients. 

u 
Mode of Exchange 
Tube-Shell Btulhr-ft2-OF Process Application 

Boiling liquid-condensing vapor 487 Distillation reboiler 

Liquid-condensing vapor 448 Condenser 

Liquid-Liquid 416 Media sterilization, heat recovery 
fermentor temperature control 

Boiling liquid-condensing vapor 237 Fermentor reboiler in vacuum 
with noncondensable gas present system 



Compressor 
F, xeF 

Agitator 

? 

Reboiler r 
4 Condenso te 

XBL 763-6559 

Fig. A . 3 .  Vapor recompression cycle for vacuum fermentation. 
Symbols explained in text. 



(A.  3 4 )  

e 
where, x = mole f r a c t i o n  of e t h a n o l  i n  vapor 

xW = mole f r a c t i o n  o f  water  i n  vapor 

i 
y = mole f r a c t i o n  of non-condensable gases  

W 
The l i q u i d  phase a c t i v i t y  c o e f f i c i e n t s  f o r  water ,  y , and e t h a n o l ,  

e Y , a r e  given by 
1 5  

l o g  ye = 0 . 7 7 1 5 ( ~ ~ ) ~  
(2.00 xe + xw)2 

(A.  35) 

l o g  yw = 
0.3848 (xe) 

(0.5 xW + xe12 

The s a t u r a t i o n  p re s su res  a r e  ob ta ined  from t h e  Antoine equa t ion ,  f o r  

e thano l ,  

s 
l o g  Pe = 8.0449 - 1554.3 

T2 - 50.35 

and water ,  

S 
l o g  Pw = 8.1076 - 1750.29 

T2 - 38.0 

The presence of carbon d i o x i d e  and oxygen i n  t h e  vacuum system 

must be taken i n t o  account  s i n c e  some e thanol  and water  w i l l  l e ave  

wi th  these  non-condensable gases .  A n  e thanol  balance i s  f i r s t  

w r i t t e n  around t h e  compressor and r e b o i l e r .  

( A .  36) 



where: F = vapor feed to compressor, moles/hr 

C = condensate flow from reboiler, moles/hr 

G = uncondensed gas flow from reboiler, moles/hr 

Dividing Eq. (A.36) by F and solving for the mole fraction of ethanol 

e 
in the condensate, x gives, 

c ' 

where: 0 = C/F 

Then knowing 8 from process specifications Eq. (A.37) must be solved 

e e 
by trial and error for x since the activity coefficient, y , is a 

C 

e e 
function of x as shown in Eq. (A.35). After x is known the compressor 

C C 

discharge pressure is found from Eq. (A.34) and the compressor power 

calculated from Eq. (A.15). 

A.1.9. Distillation 

The alcohol in the fermentation broth is concentrated to 87.5 mole% 

(95 wt%) by distillation. A McCabe-Thiele type computer model was 

used to determine the number of plates required to accomplish the 

concentration. The McCabe-Theile approach is applicable since the 

molar heats of vaporization of ethanol and water differ by only 5%. 

Also as shown in Fig. A . 4  the heat of mixing of the water-ethanol 

system is minor. The net affect is only a 6% change in the molar 

flow rates through out the column. 

A general schematic of a distillation column with multiple feed 

streams is shown in Fig. A.5. For the design calculations, the 

operating parameters specified by the process conditions are: 



Saturated vapor 

Mole fraction of ETOH 

Fig. A.4. Enthalpy-composition diagram for ethanol water binary 
system. 



Cooling 
water 

Preheat 
Feed *f exchangers 

Ff * Zf z I t 

Feed #2 

Feed #I 

F, * z l  

Bottoms 
8, XB 

n =  n- l  

XBL 763-6558 

Fig. A.5. Distillation column with multiple feeds. Symbols 
explained in text. 



xD, mole f r a c t i o n  of e thano l  i n  d i s t i l a t e ,  0.875 

F1,F2,. . .Ff ,  molar feed  r a t e s ,  moles/hr 

z1,z2,. . . z f ,  mole f r a c t i o n  of e thano l  i n  f eeds  

Pry p e r  cen t  recovery of e t h a n o l  i n  d i s t i l a t e  

f ,  number of f eeds  

I n  a d d i t i o n ,  t h e  r e f l u x  r a t i o ,  r ,  must be set t o  t o t a l l y  spec i fy  

t h e  d i s t i l l a t i o n .  The a f f e c t  of t h e  r e f l u x  r a t i o  on t h e  sepe ra t ion  

c o s t s  is  examined below. 

From a n  o v e r a l l  e t h a n o l  balance t h e  d i s t i l l a t e  and bottoms flows 

can  be found as: 

And t h e  e thano l  concen t r a t ion  i n  t h e  bottoms s tream, x is  
B 

(A.  38) 

where, B = bottoms f low r a t e ,  moleslhr  

D = d i s t i l l a t e  flow r a t e ,  moles h r ,  

Once x i s  known, t h e  composition on each p l a t e  of t h e  column can 
B 

be  c a l c u l a t e d  from a  mass balance i n  conjunct ion  w i t h  vapor- l iquid 

equi l ibr ium d a t a .  For t h e  s t r i p p i n g  s e c t i o n  t h e  mass balance y i e l d s ,  

(R + D) yz + xgB 
X 

e -  - 
n+l (R + F + F2 + . . . F f )  

( A .  39) 
1 



D r 
with, R = 

1 - r  (the reflux flow rate, moles/hr). 

e where, x 
n+l 

= mole fraction of ethanol in down flowing liquid from 
t h 

the n + 1 plate 

ye = mole fraction of ethanol in rising vapor from the nth plate 
n 

n = plate number, n = 1 for reboiler 

In order to start the calculation the vapor phase mole fraction coming 

e 
from the reboiler, ynZl, must be found. From the data reduction 

correlation of Hala et al. 15 

where the superscript e refers to ethanol and w refers to water. 
*e 
'n 

is the equilibrium vapor phase mole fraction from the nth plate. 

The relative volitility, a is calculated from an empirical equation 
12' 

presented by Hala. 15 

For the water-ethanol system Ilalal5 has reported; 

(A.  41) 



Thus once x is found from Eq. (A.38)' 
B 

and 

are substituted into Eq. (A.41) to find a 
12 ' 

Then assuming equilibrium 

*e - - e e conditions exist in the reboiler (i.e., Yn=l Y ~ = ~ ) ~  Yn=l is 
e 

calculated from Eq. (A.40). Knowing y the liquid mole fraction 
n=l ' 

e 
of ethanol, x 

n+l= 2 ' coming from the first plate is found from Eq. (A.39). 

This process is then repeated to calculate the composition on each 

plate of the stripping section by adjusting the subscripts in 

Eqs. (A.39) through (A.41). However, the assumption of equilibrium 

which was made for the reboiler is not valid for the contacting plates. 

To correct for this a Murphee-V-phase efficiency is used. 

*e 
where again y refers to equilibrium conditions and E is the Murphee 

n G 

plate efficiency. (A 70% efficiency is assumed for the water- 

e ethanol distillation.) Solving for y 
n ' 

*e Then after y is found from Eq. (A.40), Eq. (A.42) is used to determine 
n 

e 
'n 

to be used in Eq. (A.39). When a feed point is reached, Eq. (A.39) 

must be replaced by a new mass balance for the intermediate feed 

sections : 



(A. 43 )  

where, f = total number of feeds 

p = number of feed points already reached 

When all the feed points have been reached, i.e., p = f, a mass 

balance for the rectifying section is used in place of Eq. (A.43).  

The feed points are determined by simultaneously evaluating 

Eqs. (A. 38), (A. 43) and (A.44) for all plates. Whenever the mass 

balance equation of a lower section gives a lower liquid phase mole 

e 
fraction, x 

n+l ' than the next higher section, a feed point is 

determined and the mass balance equation for this next section is 

used. As shown in Fig. 5 the feed streams are preheated with the 

exiting bottoms stream. As well as producing a steam saving which 

more than offsets the cost of the heat exchangers, the preheat 

exchangers heat the feeds to essentially saturation conditions. 

To determine the column diameter, the temperature on each plate 

must be evaluated in order to calculate the liquid and vapor 

velocities. The Antoine equation for the vapor pressure of ethanol 

is first rearranged to give: 

T = 
1623.22 

8.1629 - log P: 



where, T = temperature, OC 

pS = saturation pressure of ethanol, mHg. 
e 

Then assuming an ideal gas phase, the partial pressure of ethanol, 

*e 
in the vapor phase may be written as: 

(A. 46) 

where, PT = total pressure, rnmHg 

ye = ethanol liquid phase activity coefficient 

From Hala, 
15 

log ye = 
0.7715 ( x ~ ) ~  

(2.00 xe + xW)2 
(A. 47) 

After the liquid and vapor phase compositions on each plate have been 

found fromEqs. (A.39) through (A.44), these values are substituted 

into Eqs. (A.45) through ( A . 4 7 )  to determine the temperature on each 

plate. 

The densities of the vapor and liquid phases are next calculated. 



where, = vapor density, lb/ft 
3 

Pv 

PL = liquid density, lb/ft 
3 

fi = average molecular weight of vapor v 

= average molecular weight of liquid 

= density of ethanol, lb/ft 
3 

'e 

P, = density of water, lb/ft 
3 

The densities of water and ethanol have been correlated by I?rancel7 as: 

'e 
= 62.38 (0.87 - 6.2~10-~ T - l9/ (300 - T ) )  

-6 2 
Pw 

= 62.38 (1.0064 - 2.5x10-~ T - 2.3x10 T ) 

Finally, the volumetric flow rates are determined, 

3 
where, Qv = volumetric flow of vapor, ft /sec 

3 
QL = volumetric flow of liquid, ft /sec 

V = molar flow rate of vapor, (V = R + D), lb moles/hr 

L = molar flow rate of liquid, lb moles/hr. 

The gas flooding velocity can then be calculated at each plate 

following Treybal . 18 

(A. 48) 

(A. 49) 

(A.  5 0 )  

where, VF = superficial gas flooding velocity 

CF = empirical constant 



For sieve trays C has been correlated as, 
F 

(A. 51) 

with the constants a and b given by 

a = 0.0062.t + 0.0385 
b = 0.0025-t + 0.05 

where, t = tray spacing, in. 

Ah = total hole area per tray, ft 
2 

A = active area per tray, ft 
2 

a 

0 = surface tension of solution on plate, dyneslcm 

The surface tension was estimated by a parachor contribution method. 19 

- 
The average parachor of the water-ethanol solution, P, is, 

= 130.8 xe + 50.8 xW 
and the surface tension is found as, 

to evaluate C the geometric configuration of the distillation column 
F 

was assumed to be: 

Tray spacing, t = 24 in. 

Ratio of hole area to active area per tray, %/A = 0.128 
a 

Ratio of total tower cross sectional area to area available to 

gas flow = 0.92. 

After the flooding velocity has been calculated from Eqs. (A.48) 

through (A.51) the column diameter D is found, 
C 



(A.  52) 

Here the superficial gas velocity has been taken at 80% of the flooding 

velocity. With this constraint the liquid entrainment was found 

to be less than 4% for all column designs and the gas velocity through 

18 the perforated tray was high enough to stop incipient weeping. Using 

Eq. (A.52) a column diameter corresponding to 80% of flooding was 

calculated for each plate. The largest diameter was then taken as 

the actual diameter for the design. A uniform column diameter was used 

since the high reflux ratios required to achieve the separation minimize 

the effect of the increased liquid flow in the stripping section. As 

a result the exact column diameters in the stripping and rectifying 

section differ by only 10% and do not justify the use of a multiple 

diameter column. 

Reflux Ratio. Examination of the ethanol-water equilibrium diagram 

shows three possible areas which could determine the minimum reflux 

ratio: (1) the rectifying section, (2) the last feed point, and (3) the 

first feed point. A minimum reflux ratio corresponding to each of 

these points was calculated and the largest ratio was taken to be 

the minimum reflux ratio for the particular distillation. 

The minimum reflux in the rectifying section was determined 

graphically from the intersection of the operating and equilibrium 

curves. For all the water-ethanol distillations this occurs at, 

r = R(R + D) = 0.76  
m i n  



R = 0.76 ~/(1 - 0.76) 
min 9 (A.53) 

because the conditions of the feeds do not affect the shape of the 

equilibrium curve. However, more severe limitations on the reflux 

may take place at the feed points. Since minimum reflux occurs when 

the operating and equilibrium curves intersect, the equations for 

these curves can be equated and the minimum reflux solved directly. 

For the final feed point: 

Because conditions of constant composition exist at the pinch point, 

e 
i-e., xe = x Eq. ( A . 5 4 )  may be rearranged to find the minimum 

n n+lY 

re flux. 

min 
4;: - xD) R = -  

(x; - 2-) 
(A. 55) 

e 
Substitution of, x = z and xW = 1 - z into Eq. (A.55) specifies the 

n f n f 

minimum reflux as determined from the last feed point. In the same 

manner the minimum reflux set by the first feed point is found as: 

*e 
+ F 2 + .  . . F ) - x B - D y  

f B n 
R = 
min 

n 

with, xe - 
- z1 

and xW = 1 - 
n n z1 

By use of Eqs. (A.53) through (A.56) a minimum reflux is 

evaluated at the three possible pinch points. The largest R min 



c a l c u l a t e d  i s  then  set a s  t h e  minimum r e f l u x  requi red  f o r  t h e  sepa ra t ion .  

It should be poin ted  ou t  t h a t  on ly  t h e  f i r s t  and l a s t  feed p o i n t s  

need be examined because t h e  s l o p e  of any in t e rmed ia t e  ope ra t ing  

l i n e  between t h e s e  two p o i n t s  w i l l  be g r e a t e r  than  t h e  r e c t i f y i n g  

ope ra t ing  l i n e  but  l e s s  t han  t h e  s t r i p p i n g  ope ra t ing  l i n e .  

Once t h e  minimum r e f l u x  r a t e  has been s p e c i f i e d  t h e  ope ra t ing  

r e f l u x  r a t e  i s  s e t  a t  1.25 t imes t h e  minimum, i .e. ,  R = 1.25(R ). 
min 

This  procedure was used r a t h e r  than  determining t h e  optimum r e f l u x  

r a t e  because of  t h e  extreme s e n s i t i v i t y '  t h e  d i s t i l l a t i o n  e x h i b i t s  

a t  t h e  optimum r e f l u x  r a t i o  and a  r a t h e r  f l a t  c o s t  curve i n  t h e  

reg ion  of h ighe r  r e f l u x .  This  i s  shown i n  Fig. A . 6  which p l o t s  

r e f l u x  r a t i o  a g a i n s t  s e p a r a t i o n  c o s t s  f o r  a 5  w t %  e thano l  feed .  

The optimum r e f l u x  r a t i o  is  0.8 r e q u i r i n g  110 con tac t ing  p l a t e s  

t o  accomplish the  s e p a r a t i o n .  I f ,  however, t h e  r e f l u x  r a t i o  i s  

decreased a  smal l  amount t o  0.793 t h e  number of p l a t e s  requi red  

jumps t o  200 and t h e  o v e r a l l  s e p a r a t i o n  c o s t s  a l s o  d r a s t i c a l l y  i nc reases .  

Because of p o s s i b l e  u n c e r t a i n t i e s  i n  equ i l i b r ium d a t a ,  p l a t e  

e f f i c i e n c i e s  and s t a b i l i t y  of ope ra t ion ;  t h i s  optimum r e f l u x  r a t i o  

does n o t  r ep re sen t  a r a t i o n a l  des ign .  Hence, t h e  r e f l u x  r a t i o  i s  

inc reased  t o  1 - 2 5  t i m e s  t h e  minimum. Although t h i s  r a i s e s  t h e  

s e p a r a t i o n  c o s t s  by 2% i t  produces a  much more p l a u s i b l e  and r e a l i s t i c  

des ign .  

Since t h e  r e f l u x  r a t i o  i s  s e t ,  t h e  op t imiza t ion  of t h e  d i s t i l l a t i o n  

column i s  cen te red  around t h e  h e a t  exchange equipment. An analogous 

equat ion  t o  Eq. (A.14a) may be w r i t t e n  f o r  t h e  overhead condenser.  



Reflux ratio 
X B L  763-6554 

Fig. A . 6 .  Effect of reflux ratio on separation costs to produce 
64,700 gallday of 95% ethanol from a 5% ethanol feed. 



where, Qc = condenser duty, Btu/hr 

R = reflux flow, lb moles/hr 

D = distillate flow, lb moles/hr 

v 
AH = molar heat of vaporization Btullb mole 

W = cooling water flow rate, lblhr 

C = heat capacity of water 1 Btu/lb-OF 
P 

Tcl 
= exit temperature of cooling water, OF 

Tc2 = inlet temperature of cooling water, 25OF 

The ethanol vapor condenses on the shell side of the condenser at 

7B°C, thus once T is set the cooling water flow and condenser 
cl 

area may be found from Eqs. (A.57) and (A.25) respectively. However, 

as T approaches the vapor condensation temperature (7a°C), 
cl 

Eq. (A.57) dictates a lower cooling water requirement, but from 

Eq. (A.25), the condenser area must be increased. An optimum then 

exists and is determined using T as the optimization parameter. 
c 1 

Likewise, in the preheat exchangers, if there is a small AT 

between the bottoms and feed streams, the feed enters the column 

at saturation conditions and the reboiler duty is lowered but large 

preheat exchangers are needed. The energy requirement of the reboiler 

may be related to the operation of the preheat exchangers by, 



where, 

with, QB = reboiler duty, Btulhr 

QC = condenser duty, Btu/hr 

T~ = saturation temperature of mth feed, OF 
s 

TF = inlet temperature of feeds, OF 

C = molar heat capacity of feeds, 13tu/lb mole O F  

P 

F = molar flow of mth feed, lb moleslhr 
m 

Here the inlet temperature of all feeds has been assumed the same, 

i.e., the same degree of approach in all preheat exchangers. The 

exiting bottoms temperature is set by the boiling point in the 

reboiler (212OF) and the feeds enter the preheat exchangers at the 

fermentation temperature. With these temperatures known, the 

preheat exchanger area is calculated from Eq. (A.25) and the boiler 

duty from Eq. (A.58) once T is specified. The trade off between 
F 

boiler heat load, or steam cost, and preheat exchanger cost is then 

optimized using T as the variable parameter. F 

It is evident from Eq. (A.58) that if the optimum T is 
F 

m 
appreciably lower than T the energy required to heat the feeds to 

S 

saturation will be substantial. This energy is derived from condensing 

vapor on the feed plates and will cause a corresponding increase in 

liquid flow. The net result being a change in the mass balances 

equations in the stripping and intermediate sections of the column 

(Eqs. (A.39) and ( A . 4 3 ) ) .  Thus after the preheat exchangers have been 

optimized new molar flows of liquid and vapor are calculated and the 



column des ign  repeated u n t i l  t h e  molar f lows of succeeding des igns  

d i f f e r  by only  2%. .The new molar f lows a r e  found from, 

where, 

(A. 59) 

(A. 60) 

* 
wi th ,  TF = optimum v a l v e  o f  T 

F 

f  = t o t a l  number of f e e d s  

P = number of  feed  p o i n t s  reached.  

To o b t a i n  t h e  des ign  based on c o r r e c t e d  i n t e r n a l  flows L i s  
m 

s u b s t i t u t e d  f o r  t h e  denominator i n  Eqs. (A.39) and (A.43) and Vm 

s u b s t i t u t e d  f o r  t h e  (R + D) term i n  t h e  numerator of t h e  same equat ions .  

A . l . l O .  Aux i l i a ry  Equipment 

Tanks. I n  a d d i t i o n  t o  t h e  fermentor  v e s s e l s  mixing and s t o r a g e  

tanks  are requi red .  The t h r e e  a r e a s  w i t h i n  t h e  process  which r e q u i r e  

s t o r a g e  f a c i l i t i e s  are: feed  suga r  s o l u t i o n  s to rage ,  fermented 

beer  s t o r a g e  and product e thano l  s to rage .  The s to rage  capac i ty  of both 

t h e s u g a r  f eed  s o l u t i o n  and product  a l c o h o l  was set t o  accommodate 

a  2 day supply.  

The i n  p l a n t  s t o r a g e  of t h e  fermented bee r  was designed t o  al low 

2 h r  o p e r a t i o n  of t h e  d i s t i l l a t i o n  column i n  t h e  event  of a  process  

i n t e r r u p t i o n .  One a d d i t i o n a l  v e s s e l  i s  used as a mixing tank t o  



dissolve mineral and vitamin supplements in the sugar feed solution. 

This vessel was sized assuming a 30 min residence time necessary 

for dissolution of the solids. 

The solids are fed to the mixing tanks by screw conveyors; one 

conveyor for each solid supplement. The conveyor designs were based 

on the tonage of material to be handled and a 70 ft conveyor length 

was assumed in each case. Solid storage bins to accommodate a 20 day 

supply were also included in the design and cost estimation. 

Pumps. The centrifugal pumps used to pump the fermentation broth 

through the media sterilizer, from the fermentor to the beer storage 

and to and from the distillation column were assumed to pump against 

a 30 psi pressure differential. A 10 psi pressure differential was 

used to size the pumps linked to heat exchangers. 

Centrifuges. The centrifuges used to separate the yeast and 

fermentation broth were designed using actual performance data for 

de Lava1 yeast separators. 
23 

Ethanol Absorption. The ethanol vapor in the carbon dioxide 

and air stream leaving the fermentors is recovered by absorption 

into water. A portion of the distillation bottoms is used as the 

absorbing liquid which then returns to the distillation column and 

is stripped of ethanol. The ethanol adsorption column was designed 

using a computer program as described in Sherwood, Pigford and 

wilkeZ2 (Chapter 9, Appendix A). 

The ethanol absorber represents a minor piece of equipment 

amounting to only 0.45% of the total capital investment, and its 

operation increases the feed rate to the distillation column by 



only 1.0%. Hence, no at tempt was made t o  optimize the  absorber. 

However, i t  was found economically advantageous t o  recover t h e  

ethanol  i n  t h e  e x i t i n g  gas s t ream by absorption.  The t o t a l  absorption 

recovery cos t  amounted t o  4.5 cen t s  per  gal lon of ethanol  recovered 

while t o t a l  conversion c o s t s  va r ied  from 8 t o  20 cents  per  gal lon.  

A.2. Cost Estimation 

Fixed Capi ta l  Investment. The process equipment c o s t s  were 

4 
estimated using two main sources ,  Peters  and ~ u t h r i e . ~ '  The graphical  

c o s t  d a t a  presented i n  these  two references  was f i t t e d  t o  exponential 

equations r e l a t i n g  t h e  F.O.B. equipment c o s t  t o  t h e  equipment s i z e .  

A summary of these  c o s t  e q u a t i o n s i s l i s t e d  i n  Table A.2. The equipment 

cos t s  have been general ized by d iv id ing  by t h e  Marshell Steven cos t  

index of t h e  year of t h e  reference.  To ob ta in  the  current  F.O.B. cos t ,  

t h e  current  Marshell Stevens index i s  used i n  the  cos t  equations 

shown i n  Table A.2. Also l i s t e d  i n  Table A.2 is  the  maximum u n i t  

capacity f o r  each p iece  of equipment. When the  process design 

d ic ta ted  a l a r g e r  t o t a l  equipment capaci ty  than the  l i s t e d  maximum, 

an i n t e g r a l  number of equal ly  s i zed  u n i t s  was used. 

The mater ia ls  of const ruct ion f o r  t h e  ethanol  fermentation process 

were taken t o  be s t a i n l e s s  steel f o r  any piece  of process equipment 

which came i n  contact  wi th  t h e  fermentat ion broth  before o r  during 

t h e  fermentation, and carbon steel f o r  a l l  o ther  process equipment. 

The fermentor cos t s  were est imated using s t a i n l e s s  steel mixing tanks 

ra ted  a t  an operat ing pressure  of 100 p s i .  The cos t  includes nozzles,  

manways and a l l  supports .  The a g i t a t o r  cos t  was then added t o  obta in  

t h e  p r i c e  of the  b a s i c  fermentor u n i t .  The cos t  of t h e  media s t e r i l i z e r  
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includes the stainless steel pipe and 85% magnesia insulation. 

The cost of centrifuges has been left out of Table A.2 because 

the design,performance and cost of centrifuges differ greatly 

depending on manufacture. Many commercial centrifuges are not able 

to separate a yeast suspension. As a result, performance and cost 

data for de Lava1 yeast separatorsa3 was used throughbut the design 

calculations. 

After the F.O.B. equipment costs have been calculated, a ratio 

factor of 3.09 is applied to estimate the total fixed capitol 

investment. A breakdown of the factor is shown below. The multiplier 

factor for fermentors was increased to 4.24 to reflect the additional 

instrumentation, piping, and installation costs associated with 

fermentors as compared with mixing tanks used to determine the F.O.B. 

fermentor costs. 

Operating Costs. The plant operating costs were divided into 

two main catagories: fixed charges and direct production costs. A 

summary of the fixed charges are shown in Table A.4. Here a 10 year 

straight line depreciation was assumed and local taxes have been 

included. The total fixed charges amount to 19.0% of the fixed 

capital investiment per year. The direct production costs include 

labor, utilities and overhead. The labor and utility charges are 

often subject to debate and are difficult to estimate in today's 

inflating economy. As a result, a sensitivity analysis of the effect 

of labor and energy costs on ethanol production costs was made. The 

base labor and utilities rates are discussed below. 



Table A.3. Ratio factor for estimation of fixed capital 
investment from F.O.B. equipment cost. 

1. Direct costs (D) 
Process Fermenters 
Equipment 

(a) Purchased equipment (E) 1.0 1.0 

(b) Equipment Installation 0.3 0.5 

(c) Piping 0.2 0.4 

(d) Instrumentation 0.1 0.3 

(e) Insulation 0.05 0.05 

( f )  Electrical 0.1 0.2 

( g )  Building/Facilities 0.3 0.4 

(h) LandIYard Improvement 0.1 0.1 

2.15 2.95 

2. Indirect cost (I) 

(a) Engineering + Construction 0.25D 

(b) Contractor's Fee + Contingency 0.15 (D + 0.25D) 

3. Fixed capital investment (D + I) 

Process Equipment (1.15) (1.25) (2.153) = 3.09E 

Fermentors (1.15) (1.25) (2.95E) = 4.243 



Table A.4. Fixed operating costs .  

Per Cent of Fixed Capital 
Investment per Year 

Depreciation 10.0% 

Taxes 4.0% 

Insurance 1.0% 

Maintenance and Repair 3.0% 

Operating Supplies 1.0% 

Total 19.0% 



The labor requirement was taken as 0.25 men per fermentor plus one 

man to run auxillary fermentation equipment. The distillation column 

and ethanol absorber were assumed to require one man each. Throughout 

the cost calculations a 8,500 hr year was assumed and the base labor 

rate was set at $5.60 per man hour. Laboratory changes were taken 

at 12% of labor costs, and plant overheat at 50% of labor and maintenance 

cost. Supervision and clerical costs were estimated at 12% of labor. 

The base utility rates are shown in Table 4. These costs are 

assumed to include the capital amortization, raw material and fuel 

costs to supply the particular utility. 

Electric power requirements were calculated assuming an 80% 

efficiency in electric to mechanical power converson. Also, an 80% 

efficiency was taken for adiabatic compression and pumps. 

A . 3 .  Computer Programs 

General Optimization Procedures. The computer programs used to 

design both the fermentation equipment, CONFER, and the distillation 
* 

equipment, DISTL, employ a pattern search subroutine, PATERN, to 

determine the optimum values of design variables. The independent 

design variables required for the design of a piece of process 

equipment, or complex of process equipment, are initially specified 

in the main programs. Each step size by which the design parameters are 

initially adjusted is also set in the main programs. The subroutine 

PATERN is then called and an array of values for the- design variables 

is generated, each value being equally spaced around the initial variable 

* 
The pattern search subroutine was not written by the author and is 
of unknown origin. 



Table 4 .  Base u t i l i t y  rates.  

Cooling Water $0. 128110~ gal 

* 
Electric Power 1 centlkw, 3 centlkw -I- 

Steam 
* 

$0.325110~ l b ,  

* 
Cost based on fermentation plant coupled to  

cel lulose  hydrolysis f a c i l i t y  which burns waste 
l igno-celulosics for power and steam. * * 

Bought from public u t i l i t y .  

'Self generated from low sulfur fuel  o i l .  



value by the step size set in the main program. 

The physical limit of each variable is set in a subroutine BOUND. 

As a new value of a variable is generated in PATERN, BOUND is called 

to verify that the value is within specified limits. With the multi- 

dimentional array of parameter values set, subroutine PROC is called 

from PATERN. In PROC the equipment is designed and costed for 

each set of parameter values generated in PATERN. Control is then 

returned from PROC to PATERN and the cost at each set of variable 

values compared. The set of parameter values that produced the lowest 

operating cost is selected and another search conducted around these 

parameter values. This process is continued until no further 

decrease in cost is determined. The step size is then reduced by a 

factor of ten and the search repeated around the above optimum parameter 

values. The number of times the pattern search is repeated is set 

by specifying the number of step size reductions to be performed 

in the variable list of PATERN. The optimum values of the design 

variables are returned to the main program. 

As with most optmization techniques, the pattern search does not 

guarantee that a universal rather than local optimum will be determined. 

However, by setting a large initial step size the pattern search is 

conducted over the entire specified range of each variable. The fact 

that the pattern search method does result in a optimum design and 

that the optimum design parameters are correct was demonstrated 

by hand calculation of fermentation plant designs. Comparison of 

2 weeks of hand calculations, making the most judicious choice of 

design parameters, with a computer design showed a 30% reduction in 



ethanol production cost was obtained by the computer design. It 

should be pointed out that the hand calculations were done before 

the computer programs were developed and the tediousness of the 

calculations was a main impetus for the development of the programs. 

A.3.1. O~timization of Fermentor and Auxiliarv Eaui~ment. 
Computer Program CONFER 

The computer program CONFER designs and optimizes the fermentation 

system shown in Fig. A.7; this includes the media sterilizer, fermentors, 

agitators, temperature control and air delivery systems. The program 

has been arranged so that up to four simultaneous fermentation products 

and cell mass may be produced. Although a single stage fermentation 

is shown in Fig. 7, CONFER may be used for multiple stage fermentations 

by entering the succeeding stage fermentation conditions and rerunning 

the program. 

There are three areas within the fermentation system which are 

independently optimized; (1) the media sterilizer, (2) the fermentor 

agitator and air delivery system, and (3) the fermentor temperature 

control system. The general structure of the computer program 

and the interrelationship between the various subroutines is illustrated 

in Fig. A. 8. 

The optimization of the media sterilizer complex was performed 

over four variables: 

DS = diameter of sterilizer holding section, m 

TS = sterilization temperature, OC 

DTH = degree of approach in sterilizer pre-heat exchanger, OC 

TC2 = exiting cooling water temperature from cooler, OC 
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These variables are initiallized in the main program and then a 

pattern search subroutine, PATERN, is called to locate the optimum 

values with the aid of subroutine PROC3. The PATERN subroutine 

determines the direction and magnitude which the variables are changed 

while the actual cost and design calculations are done in PROC3 with the 

adjusted variables fed to PROC3 by PATERN. PROC3 calculates the 

length of the sterilizer holding section from Eq. (A.24) and uses 

Eq. (A.25) in conjuction with the heat transfer coefficients listed 

in Table A.l to size the heat exchangers. The steam requirement is 

found from the energy balance of Eq. (A.24a). With the equipment sized, 

the cost of the sterilizer complex is calculated using the cost 

parameters listed in the cost estimation section. The total operation 

cost of the sterilizer (dollars per year) is returned to PATERN and 

compared with previously calculated cost figures and the variables 

adjusted until the optimum valves are determined and returned to the 

main program. Throughout these calculations the value of the adjusted 

variables generated in PATERN are checked in subroutine BOUND3 to 

insure that they are within specified limits and represent a 

reasonable design. 

The fermentor agitator and air delivery system are optimized 

in the same manner. The optimized parameters initiallized in the main 

program are: 

P = pressure of the 

VS = superficial air 

CSAFT = cross sectional 

fermentation, ATM 

velocity through fermentor, m/hr 

area of air filter, m 
2 



The subroutines PSOCl and BOUND1 have the same functional relationship 

to PATERN as enumerated above for PROC3 and BOUND3. Within PROCl 

the agitator power is calculated from Eqs. (A.6) and (A.7). Subroutine 

AIRFIL is then called from PROCl to determine the length of the 

air filter from Eqs. (A.16) through (A.19), and the pressure drop 

through the air filter from Eq. (A.20). These values are returned 

to PROCl and the compressor power calculated from Eq. (A.15). Next 

the overall operation cost of the agitation, air filter, and compressor 

is found and control is returned to PATERN until an optimum is reached. 

Similarly, for the fermentor temperature control, two parameters 

are initiallized in CONFER. 

TH1 = temperature of broth returning to fermentor from external 

heat exchanger, OC 

TC1 = exit temperature of cooling water, OC 

The size of the heat exchanger from Eq. (A.25), and the total cost 

from the cost equations are calculated in PROC2. The values are 

returned to PATERN and the parameters TH1 and TC1 adjusted until an 

optimum is found within the specified limits set in subroutine 

BOUND:!. The optimum values are then returned to the main program, 

CONFER. Throughout the program, subroutine INUMBER is called from 

the PROC subroutines to determine the size and number of individual 

pieces of equipment. The subroutine INUMBER calculates the integral 

number of equally sized units to meet the design specifications 

generated in the PROC subroutines when the total capacity is greater 

than the maximum unit capacity set in the cost estimation section. 

A FORTRAN listing of CONFER and summary of variables are given next. 



Explanation of Variables Used in Fermentation Plant Optimization, 
Computer Program CONFER (in order of appearance) 

MM 

XMSI 

QH 

YXS 

YPS1-4 

HC S 

HCX 

HC1-4 

DUMY 

MN 

NN 

CAP 

SO 

DI 

T 

402 

CLC 

PPT 

Number of total different fermentation processes 

Current Marshall-Stevens Index 

Dumy variable 

Cell yield factor (gram/ gram) 

Product yield factor of products 1 to 4 (gram/gram) 

Heat of compustion of substrate (kilocalories per gram) 

Heat of combustion of cell mass (kilocalories per gram) 

Heat of combustion of up to four products (kilocalories per gram) 

Dummy variable (reads in 0) 

= 1 if producing product or = 0 if producing cell mass (integer) 

Number of the case for a given fermentation (can vary capacity, 

So' dilution rate, temperature, , critical liquid oxygen 

concentration, and per cent utilization of substrate) 

Capacity (pounds per day) 

Limiting substrate concentration inlet (gramlliter) 

-1 
Dilution rate (hr ) 

Temperature (OK) 

Specific respiratory rate (millimoles 0 /(gram dry weight-hour) 2 
-4 

Critical liquid oxygen concentration (10 gram moles per liter) 

Per cent utilization of substrate 



Calculation of Product and Cell Yields 

M Medium flow rate (liters per hour) 

P Pr~duct steady-state concentration in fermentor (gram/liter) 

X Cell mass steady-state concentration in fermentor (gramlliter) 

Calculation of Heat of Fermentation 

HFERM Heat of fermentation (kilocalories per liter) 

QH Heat of fermentation (Btu per hour per liter) 

Calculation of Henrv' s Law Constant "H" 

TK Temperature in OK 

A-E Parameters 

BT 1000/~ 

HL Logarithm of Henry's Law constant 

H Henry's Law constant (atmlmole fraction) 

TC Temperature in OC 

DSF Density of water in grams per cubic centimeter 

Q Total oxygen demand (moles/liter-hour) 

Calculation of Number and Size of Fermentors 
(Working volume = 0.8* Total Volume) 

VW Working volume of fermentor (liters) (total required for all 

f ermentors) 

V Total volume of all fermentors 

5 
VM Maximum allowable size of f ermentor (1.8~10~ liters=5"10 gal) 

INUMBER Subroutine calculates integral number of equal capacity units. 

Parameter list: V total required capacity 
VM Maximum unit capacity 
VF Calculated unit capacity 
FN Number of units 

VWW Working volume per fermentor (liters) 

DF Diameter of each fermentor (meters) 



Optimization of Agitation, Air Compressor, and Air Filter 

STPl Parameters of PATERN subroutine, initial step sizes 

OP Parameters of PATERN subroutine, initial guesses 

OP(1) Pressure (atm) 

OP (2) Superficial gas velocity, V (meter/hour) 
S 

OP(3) Cross-sectional area of air filter (square meter) 

Optimizes over pressure in fermentor, superficial air 

PROC 

BOUND 

P 

VS 

C SAFT 

KO 

PV 

VCKl 

VCK2 

PA 

WM 

DAF 

XLAF 

velocity, air filter cross-sectional area based on total 

of compressor capital cost plus power cost, agitator 

capital cost plus power cost, and cost of air filter 

External function to calculate cases and costs for PATERN 

External function to insure that the guesses PATERN makes 

are within stated limits 

Pressure (atmospheres) 

Superficial air velocity (meter/hour) 

Cross-sectional area of air filter (square meter) 

Per cent hold-up of gas in fermentor 

Power per unit volume (hoursepower per cubic meter) 

Total gassed volume 

90% of total fermentor volume (liter) 

Agitator power (horsepower) 

Volume of gas per volume of fermentor liquid per minute 

(liter/liter-min) 

Diameter of air filter (meter) 

Length of air filter (meter) 



CAF 

AFN 

PC 

CC 

CN 

C A 

RPM 

CF 

PSWV 

n 

wc 

DT21 

AHE 

HEN 

CHE 

CCW 

Cost of air filter (dollars) 

Number of air filters (integer) 

Power of compressor (horsepower) 

Cost of compressor (dollars) 

Number of compressors (integer) 

Cost of agitator (dollars) 

Revolutions per minute of impellor 

Cost of fermentor (dollars) 

Per cent working volume of fermentor 

Fermentor height (meter) 

Optimization of Fermentor Heat Exchangers 

Total heat generated in fermentor by all sources (~tu/hr) 

(previous QH plus heat produced by agitator) 

See diagram 25OC = constant TE(2) cold out 

Exchanger 
See diagram 

TE(1) to fermentor 
4 

Initial step sizes 

Temperature of fermentor stream fed into fermentor heat 

exchanger to remove heat of fermentation (OC) 

Cooling water flow rate (gallons per hour) 

Degree of approach in exchanger (TH2-TE2) (OF) 

2 
Area of heat exchanger (ft ) 

Number of heat exchangers (integer) 

Cost of heat exchanger (dollars) 

Cost of cooling water (dollars) 



STP3 

TH2 

TS 

DS 

DTH 

AFNT 

AFN 

FN 

CC 

CN 

TPEC 

CF 

C A 

CSTP 

SHEN 

CMSHE 

Optimization of Medium Sterilizer 

Temperature of sterilizer (TS) ("C) 

Diameter of sterilizer holding section (DS) (meter) 

Degree of approach in feed pre-heat economizing heat 

exchanger (DTH) ( OC) 

Exiting cooling water temperature from medium heat 

exchanger (TC2) (OC) 

Step sizes for optimization iteration 

Temperature of medium coming out of economizer ( "C)  

Temperature of sterilizer ("C) 

Diameter of sterilizer holding section (meter) 

Degree of approach in feed pre-heat in economizing heat 

exchanger ( OC) 

Accounting of Final Cost Items 

Total number of air filters (integer) 

Number of air filters per fermentor (integer) 

Number of fermentors (integer) 

Cost of all compressors (dollars) 

Number of compressors (integer) 

Total purchased equipment cost (dollars) 

Cost of - a fermentor (dollars) 

Cost of an agitator (dollars) 

Cost of medium sterilizer (dollars) 

Number of exchangers for economizer (integer) 

Cost per unit exchanger for economizer (dollars) 

TFC I Total fixed capital investment (dollars) 



FOC 

CWCT 

STCT 

PWCT 

CSTLS 

PlOCT 

TOCT 

TPPO 

TPPl 

TPP2 

TPP3 

TPP4 

TPCP 

Fixed opera t ing  charges ( d o l l a r s )  

Cooling water c o s t  ( d o l l a r s )  

Steam cos t  ( d o l l a r s )  

E l e c t r i c a l  power c o s t  ( d o l l a r s )  

Labor and Supervision c o s t  (do l l a r s )  

P lant  overhead c o s t  ( d o l l a r s )  

Tota l  cos t  ( d o l l a r s )  

Yearly production r a t e  of c e l l  mass (pounds per  year)  

Yearly production r a t e  of  Product 1 (pounds per  year)  

Yearly production rate of Product 2 (pounds pe r  year)  

Yearly production r a t e  of Product 3 (pounds per  year)  

Yearly production rate of Product 4 (pounds per  year)  

Total  cos t  pe r  pound of product ( d o l l a r s  pe r  pound) 



Computer Program CONFER 

PROGRAM CC ( TAPETTY=~O~DOUTFUT=TAPETTYD TAPE~=TAPETTYD INPUT=TAFETTY) 
COMMON/UNIVR/ TI FMD OSr FND VFr XMSIDVWWDFACTRDSTEMDPOWRCT~ hATERr 
lLABRCT 
COMKON/AGI?/ X~DSFDG~CLCDPA,CABAFNDXLAF,CAFDPCBCN,PV~C rDAF 
COXMON/FiEOP/ OH# AHEr CHED UCD CCUD DT2r HEN, Tti2~?b::'?C 1 
COMMON/STMCP/ ZDAHMSI SHEND C~+S%EDCSTP~XL~SDCST~B SMN 
DIMENSION YPS(4)rSTPl C ~ ) D O P < ~ ) ~ T E ( ~ ) ~ S P ( ~ ) ~ S T ? ~ C ~ ) D S T P ~ C ~ )  
DIMENSIGN IFETC8) 
EXTESNAL Pi?OClr PROC2r PRCC3r ECLNGir 30UND22 6CUND3 
CALL PET( 5LTAPEl r IFETD 8) 
IFET(2~=IFET~2).0R.O000 0010 0300 0000 00006 
IFET<B)=IFET<8).OR.4300 OOQO 0000 0000 OOOOB 
CALL FET<SLTAPElr IFETI-y) 

308 PRINT 301 
301 FORMAT < 1Xr*HCW MANY DESIGNS ARE YOU GOING TO DO*) 
41 READ 300rNM 

300 FO3MAT < I1 ) 
IF<MM.LE.O)GO TO 40 
PRINT 302 

302 FORMAT <lXr*ENTER X M S I D Y X S D Y P S < ? ) D Y P S < ~ > D Y P S < ~ ) D Y P S < ~ >  ONE PER LIN 
1 E*) 
READ 303rXMSIr~XSrYPS<l )rYPS<2)r YPS<3>rYPS<4) 
FACTR ~4.91 
STEM ~1.20 
POWRCT =0.01 
WATER = *  128 
LABRCT = 5 - 8 0  

303 FORMAT (F10.3) 
PRINT 304 

304 FOaMAT < 1x1 *ENTER H C S D H C X D H C I D H C ~ D H C ~ ~ H C ~  ONE PE9 LINE*) 
READ 3 0 3 ~  HCSr H('XD HCl  rHC2, HC39HC4 
PRINT 3C5 

305 FUZMAT < ~ X J  *AXE YOU PRODUCING CELL MASS=O OR A PRODUCT=l*) 
READ 300rMN 
DO 60 LzlrMK 
NN=L 
PRINT 307 

307 FORMAT <lXs*ENTER CAPDSODDIDTDQO~DCCLIPPT ONE PER LINE*) 
READ 3C3r CAP, SODDID ID QO~DCLCDFPT 

C- - . - - - - - - - - - - - CALCULATION OF PRODUCT A N 3  CELL YEILDS------------------- 
IF<MN.EQ.I)GO TO 100 
FM=CAP*453. t/ (85. *YXS*SO*PPT)*354. 
GO TO 101 

100 FM=CAP*453.6/(85.*Y?S< 1 > tS3:FPPT >*354. 
lC1 S=S3*(1.-PPT/!OO.) 

X=YXS+< SO- S )  
Pi=YPS<1)*(SO-5) 
P%=YPS<2)*(SO-S) 
P3=YPSC3)*(SO-S) 
P4=YPSi4l*<SO-S) 



c --------------- --- CALCULATION OF HEAT OF FERMENTATION------------- 
HFERM = (SO-S)*CHCS - YXSiHCX - YPS<I)*HCl - YPSi2)*HC2 - YPSC3)* 
IHC3 - YPS<4)*HC4) 
QH = HFERM+2.968 

c-------------- CALCULATION OF HENRYS LAW CONSTANT H-------------------- 
T K=T 
A=0*0005943 
B=. 147 
C=0.0512 
D=* 1076 
E= 8447 
BT=l.C/TK*lOOO. 
HL=-CC*BT+D-SQRT<CC*B'i+D)**2-4.*A*CB*BT**2-E*3T+l* )))/C'&?**A> 
H=EXPC2.3026+HL)*lO@OO* 
TC=T-273.15 
DSF= 1.0- *0000048*TC**2 
Q=Q02*X*m00 1 

c-------------- CALCULATION OF NUMBER AND SIZE OF FERMENTERS------------ 
VW=FM/DI 
v=vw/ 8 
VM=189000. 
CALL INUMBR <VB VMB VFB FN) 
VWW=VF** 8 
DF=CVWW*e001273)**. 333 

C- - - - - - - - - - - - - - OPTIMIZATION OF AGITATION. AIR COMPRESSOR AND AIR FILTER 
IFCQ.EQ.O.O>GO TO 6 
STPl<l)=<4*33-1.)/4* 
STPI <2)=150*/4* 
OPi 1 )=2. 
PLL=0.1*DF*-209/AL06CC*l*DF+OPi1))/OPCI)) 
TOP=*08206*T*Q*DF 
BOT=?LL-W*CLC/(DSF*S-S6ES) 
OP<Z?)=l.+TOP/BOT 
OPC3)= OP<2)*3* 141 59*DF*+'&?/288b 
STPli3)- OPC2).*3.14159*CF**2/1440* 

4 CALL P A ~ E R N C ~ ~ O P B S T P I B ~ ~ O ~ C S T ~ J P R O C ~ B ' ~ O U N D ~ )  
CALL PROCICOPBCSTI) 
P=OP C 1 ) 
VS=OPCP) 
CSAFT=OP C 3) 
HO=l7.l S*ALOGCPV** -4 *VS* * . 5 ) -29 *5  
VCKI=VW*Cl*+HO/iOO*) 
VCK2=V+. 9 
IFCVCKI .LT*VCK2>GO TO 3 
V=VCK1/*8 
CALL IN~MBF!<V~VMIVFBFN) 
VWW=FM/ < DI *FN) 
DF=<VWk*.0@1273)*+-333 
GO TO 4 

6 PV=-06 



FL=.001273*VF/DF**2 
c-------------- OPTIMIZATION OF FERMENTER HEAT EXCHANGERS--------------- 

QH=CH*VWW*DI +PA*254O* 
TEC1 )=T-276* 15 
TEC2)=28.0 
STP2<2)=ii-25.2)/4* 
STP2<1 )=<T-25.21/4. 
TH2=T-273.15. 
CALL PATERN(2s TEs STP2s 3rOs C S T ~ S P R O C ~ D  BOUND21 
CALL PROC2 < TED CST2 
WCl=UC 
DT21=DT2 
AHE I =AKE 
HENl=HEN 
CHEI =CHE 
CCWl=CCW 

c-------------- OPTIMIZATION OF MEDIA STERIL'IZER------------------------- 
SP<1)=!40. 
SP<2)=0.1 
SPC3)=3. 
SP<4)=35. 
STP3C1 )=:l6O.-llO.)/4. 
STP3<2)=.5 
STP3<3)=2. 
STP3<4)=7.85 
TH2=5O= +SPC3)  
CALL PATERN C 4, SPD STF3r3s 0s C S T ~ D P R O C ~ S B O U N D ~ )  
CALL PROC~CSPDCST~) 
TS=SPCl) 
DS=SPC2) 
DTH=SP<3) 
AFNT=AFN*FN 



CC=CC*CN 
TPEC= FN*CF+FN+CA+HEN 1 *CHE 1 +CC+Ai:NT*CAF~CSTP+SKEN*CMSHE+HEN*CHE 
T F C I = T P E C * F 4 C T R  
F O C = T F C I * .  19  
CWCT=CCY! +CCW 
S T C T = C S T S  
P U M P C T = P U M P C l  +FM*.203A*3+  *POVRCT 
PWCT= ( P A + F N + P C * C N l  * P O W R C T * 6 3 3 9 - / - 8 + P U M P C T  
CSTLS=<iN*-25+l.)*LARRCT*S500. 
PLOCT=.  S * C C S T L S + - 0 3 * T F C I )  
TOCT=FOC+STCT+PWCT+CWCT+PLOCT+CSTLS 
TPPO=FM*X*85- /  4 . 5 3 6  
T P P l = F M + P l * S S - / 4 -  536 
T P P 2 = F M * P 2 * 8 5 * / 4 . 5 3 6  
T P P 3 = F M * P 3 * 8 5 - / 4 -  5 3 6  
T P P 4 = F M * P 4 * 8 5 . / 4 -  536 
T P C P = T O C T / < C A P * 3 5 4 . ?  *6.728 
P R I N T  33 

33 FORMAT 1x1 I O <  I H * ) r * I t J T E R N A L  DESIGN PARAMETERS*, l o (  I H * ) / )  
P R I N T  34r  V t V o  PS!!VI D F r  F L r  P 
P R I N T  34s V S r  VVMr RPMr  W C l r  D T 2 1  
P R I N T  34r C f H r  HC. D T 2 r T S r  D 1  
P R I N T  34, X r  P l r  P 2 r  P 3 r  P 4  

34 FORMAT C 1 X> S F 1  4- 41) 
P R I N T  l U r N N  

10 FORMAT < I H l  r 1 x 1  1OC lH*) r*OPTIMUM D E S I G N  O F  RUN NUMBER*r 121) 
P R I N T  11 

1 1  FORMAT (3x1 *ITEM*r  17x1 *CAPACITY*.7X, *NO* O F  UNITS*. 4x1 * C O S T / U N I T  F 
1 0 9 t ,  lHSi)  

P R I N T  15 
15 FORMAT < l X r 7 0 < 1 H * > )  

P R I N T  1 2 r  V F r  F N r  C F  
12 FORMAT ClXr*FERMENTOR*rlIXrF8m1r~ LITERS*r6XrFS~1rlOXrFlO*1/~ 

P R I N T  13r P A S  F N r  CA 
13 FOPMAT <lXr*AGITATOR*r12XrF8.1r* H P . * r 9 X r F S * l .  l O X r F l O *  1 1 )  

P R I N T  14r  A H E l r  H E N l r  C H E l  
1 4  FORMAT C 1 x 1  *HEAT REMOVAL E X C H R * r 2 X r F 6 .  l r  * S Q * F T * * r 6 X r F S .  l r  l O X r F 1 0 .  

1 l / )  
PRlNT 16, P C B  CNr  CC 

16 FORMAT ( I X r  * A I R  C O M P i 3 E S S O R * r 6 X r F 8 .  l r  * HP.*r 1 O X r F 4 .  l r  l O X r F 1 0 -  I / )  
P R I N T  172 X L A F r  DAFr  A F N T r  CAF 

1 7  FORMAT < I X r  * A I R  F I L T E R * .  I O X r F 4 -  l r * M  X * r F 4 . 1 r * M * r 9 X r F S .  I D  l O X r F l O *  1 
1 / )  

P R I N T  18, Z r  D S I S M N ~  C S T P  
F FORKAT < lX,*MEDIA S T E H I L I Z E R * r  4 X r F 5 -  lr*M X *.FS.3r  * M * r ? X r F 4 .  l r  10x1 

t F l O * l / )  
P i ? I N T  1 9 ,  A H Y S r  S H E N r  CMSHE 

19 FORMAT < I X r  * P R E  HEAT EXCHANGER*r2X,F8 .  l r  * S Q e F T m * r 7 X r F 4 *  1, l O X r F l O *  
1 I / )  

" R I N T  209 A H E r  8EPGr CHE 



FORMAT C l X r * C 0 3 L E R  EXCHANGER*. ~ X I F S *  I s *  S Q * F T * * ~ ~ X D F ~ *  l r  l O X * F l G *  1 )  
F R I N T  1 5  
P R I N T  2 1 r  T P E C  
FORMAT C 1 x 1  *TOTAL PURCHASED EQUIPMENT COST*. E l  I  4s lHS/> 
P R I N T  22, F A C T 3  
FORKATC 1  XI *PlULTI?L I C A T l U N  FACTOR IS *r F 5 . 2 / )  
P R I N T  231 T F C I  
FORMATC 1x1 *TOTAL F I X E D  C A P I T A L  INVESTMENT I S * r E 1 1  41 1 H S / )  
P R I N T  24 
FORMATC 1  X, *TEN YEAR S T R A I G H T  L I N E  D E P R E C I A T I O N  A S S W E D * / )  
P R I N T  25 
FORMATCI X r  1OC l H * l r  *OPERATING C O S T S  DOLl.ARS/YEAR*r l o (  l h'*) / )  
P R I N T  1 5  
P R I N T  26, F O C  
FORMATCIX,*FIXED CHARSES ( . l ? / Y R  O F  T C I ) * r l O X r E i 2 * 3 / )  
P R I N T  2 7 , S T C T  
FORMATC 1 X r  * S T E A M * r 3 L i X r E 1 2 * 3 / )  
P R I N T  28s PWCT 
F O R M A T C ~ X I * F O W E H * I ~ ~ X ~ E ~ ~ * ~ / )  
P R I N T  29r CWCT 
FORMAT C l  XI *COOLING W A T E R * r 2 6 X a E 1 2 . 3 / )  
P R I N T  30s C S T L S  
FORMAT< 1  X. +LABOR AN3 S U P E R V I S I O N * s  1 8 x 1  E 1 2 . 3 / )  
P R I N T  3 1  D P L O C T  
FORMATC 1  XI *PLANT O V E R H E A D * D ~ ~ X D E ~ ~ * ~ I  
P R I N T  15 
P R I N T  32, T O C T  
FORMATC24Xr  * T O T 4 L * r 9 X s E 1 2 - 3 / )  
P R I N T  36s MNr T P C P  
FORMAT C 1  XI *PRODUCTION COST O F  PRODUCT *r I 1  I 4X. F a *  4r 4HWGAL/) 
P R I N T  37 
FORMAT C l X ~ * P R O D U C T I O N S  R A T E S  I N  LBS/YR*)  
P R I N T  38, TPPO,  T P P l r  T P P 2  

P R I N T  39, T P P 3 ,  T P P 4  
FORMAT < IX;*PRODUCT 3 *I E l  1 * ~ ~ ~ X I * P R O U D C T  4 *r E l  1.3) 
CONTINUE 
GO TO 308 
P R I N T  43 
FORMAT CIX,*THU THU THU THiJ T H A T l S  A L L  FOLKS*) 
CALL E X I T  
END 



SUBROUTINE P.~TERNCNPBP,STEPBN~~D~ I00 COST ~PF?OSIROUNDS . 
c----- W E  SIZE OF B I ~ B ~ B T B A N D  S NEED ONLY SE EQ!JAL TO THE NUMBER OF PAR 

DIMENSIGi; P ~ ~ E i P ~ ~ S T E P C N P ~ r 8 1 < 1 0 ~ r B 2 < 1 0 ~ r ? C 1 0 ~ s ~ ~ 1 0 ~  
c----- STARTING ?3INT 

L= 1 
ICK=2 
I TTER=O 
DO 5 I ~ I B N P  
BI <I)=P<I) 
B2CI)=PCIi 
T<I)=PCi) 

5 S<I>=STEP(I)*)O* 
C-- - - - INITIAL BCWJDARY CHECK AND COST EVALCAfIOhi 

CALL BOUNDSCPB IOUT) 
IFCIOUT.LE.0) GO TO 10 
PRINT 1005 
PRINT 1 0 0 0 ~  C J~PCJ)B JtlrN?) 

6 RETURN 
10 CALL PROC<PBCI) 

IPCIO*LE*l) GO TO 1 1  
PRINT loor D ITTERsCl 
PRINT 1 0 0 0 ~  <JBP<J>BJ=IBNP) 

1 1  DO 99 INRD-IrNRD 
DO 12 I=IDNP 

12 SCI)=SCI~/1O. 
IFCIO.LE*I)GO TO 20 
PRINT 1003 
PRINT 1 0 0 0 ~  <JBSCJ)DJ=~BNP) 

20 IFAIL=O 
DO 30 I=1rNP 
I C=O 

21 PCI)=T<I)+S(I) 
IC=IC+l 
CALL BOUNDSCPr IOUT) 
IFCIOUT*GT-0) GO TO 23 
CALL PROC<PrC2) 
L=L+l 
IF<IO*LT-3) GO TO 22 
PRINT 1002wLsC2 
PRINT 1000s :JDP<J), J-lrNP1 

600 CONTINUE 
22 IFCABSCCI-C2)aLT- I m O E - 0 8 )  GO TO 23 

IF<CI-C2223~23r2S 
23 IF (IC-GE.2) GO TO 24 

S <  I )=-sc I )  
GO TO 21 

24 IFAIL=IFAIL+l 
PCI)=T<I) 
GO TO 30 

25 T(I)=PCI) 



Cl=C2 
30 CONTINUE 

1FCIFAIL.LT.NP) GO TO 35 
IFCICK-EQ.2) GO TO YO 
IFCICK-EQ.1) GO TO 35 
CALL PROCCPr C2) 
L=L+I 
IF(I0-LT-3) GO TO 31 
PRINT 1002s L J C ~  
PRINT 1000~ C JBPC J)r J=lrNP) 

31 IF<Cl-C2>32a24r34 
32 ICK=l 

DO 33 I=lrNP 
B1 <I)=B2(I) 
PCI)=BB<I) 

33 T<I)=B2CI) 
GO TO 2 0  

34 Cl=C2 
35 IB1=0 

DO 39 I=lrNP 
B2CI)=T<I) 
IFCABS<BI<I)-B2<I)).LT.IoOE-20) IBl=IBl+l 

39 CONTINUE 
IFCIBl*EQ*NP) GO TO 90 
ICK=O 
ITTER=ITTER+l 
IFCIO.LT.2) GO TO 40 
PRINT 1001, ITTERBCI 
PRINT 1000s<JrP<J)~J~lr~~IP) 

40 CONTINUE 
DO 45 II=lrll 
SJ=l1-I1 
SJ=SJ/lO. 
DO 42 I=lrNP 
TCI)=B2CI)+SJ*CB2CI)-GlCI)) 

42 PCI)=TCI> 
SJ=SJ-• 1 
CALL BOUNDSCPB IOUT) 
IFCIOUToLT. 1 )  GO TO 46 
IFCII-EB.11) ICK=l 

45 CONTINUE 
46 DO 47 I=lrNP 
47 Bl<I)=62<1) 

GO TO 20 
90 DO 911 I=lrNP 
911 T<I)=B2<1) 
99 CONTINUE 

DO 100 I=lrNP 
100 PCI)=TCI) 

COST=C 1 



IFCIO.LE.0) RETURN 
PRINT 1004s LsCl 
PRINT 1006s <J>P<J)rSCJ)# J=l#NP) 

1000 FORMAT<IX*I7rE13.6) 
1001 FORMATC//IXS*IIERATION*P 110*3X~*ERROR-*r El 3.6) 
1002 FORMAT</, lXr*NO* *t 3Xs *ERROR=*#EI 3 . 6 )  
1003 FORMAT</* *STEP SIZE*) 
1004 FORMAT<///s lXs *FINAL ANSWER*, I?s*EVAL.*s ~XJ*ERROF?=*SE~ 3.6) 
1005 FORMAT< 1x1 *LNI TIAL PARAMETERS OUT OF SOUNDS*) 
1006 FORMAT(lXs17sEl3*6t*PLUS OR MINUS*#2X#El3.6> 

RETURN 
END 





I 
SUBkObT INE PROC2 < TEI CST2) 
COMi4ON/UN I V R /  TSFMD DFIFN, \iFsXMSI , VWW,FACTR.STEMIPOWRC~', kATER, 

1 LEtBRCT 
COMMGN/HEOP/ QHs AHESCHEW WC,CCk,D12sHENs 'TH2,PCIMPCl 
DIMENSION TE(2) 
THl=TFCl) 
TC2=TE<2) 
TC1=25.0 
DTl=TH>-TCI 
DT2= TH,?- TC2 
IF~AB~~DT~-DT~).LT.O.OOO~)GO TO I 
DTLMzfDT2-CTl )/ALOG(DT2/DT1)*1*8 
AHET=CE/ i 400. *DiL?) 
GO TO 2 
AHET=Gli/CLOO. *DT1*1 .8) 

WC=OH/<CTC2- TCl)*8-34*10&) 
AHEM=10000. 
CALL INUMBRiAHET,AHEM,AHE.HEN) 
WH=QH/<<THl-TH2)*8.34*1.8) 
CHErXMSI I. 696*AHE**.64 
PUMPCl=WH*9.7PE-S*6339-/-8*PoWRCT 
CCW=WC*WATER*I?.S 
CST2=FACTR*. 19*CHE*HEN+CCW+PUMPC 1 
RETURN 
END 
SUBROUTINE BOUNDBCTE, IOUT) 
COMMOK/HEOP/ BI!DAKEDCHE, WCDCCWDUT~,HEN, TH2,PUMPCI 
DIMENSION TEi2) 



SUBROUTINE PROC3(SP~CST3) 
COMMON/LtNI JR/ TBFMBDF DFNB VFBXKSIB VkrCJ> FACTRBSTEMBPOWRCTD WG~ERB 

1 LA5RCT 
COPMON/STKOP.' 21 AFP'SS SHENI CMSHED CSTPB XLBSs CSSS9SMN 
COMf"ON/HEilP/ Q H B ~ ~ Z D C H E B  WCBCC~B DI~DHENBTH~JPUVPCI 
DIMEQ!SION SP(4) 
TS=SP ( : 
DS=SP(2) 
DTH=SP(3) 
Y=4.165E- 12/FM 
G=7.9PE38/EXP<6870./(.198*C'IS+273-15))) 
S=.7854*DS**2 
U=FR/(6000.*S) 
RE=U*DS*20000. 
PE=3.57*5&3i<.Oib/RE1*.2) 
ZTA=SQRT< 1 .+4. *G*PE*DS/U) 
Z=PE+DS*2. *ALOG(Y*C 1 .+ZiA)**2/(4-*ZTA) >/Cl .-ZiA) 
TMlz50.G 
TM4=50.O+DTH 
TM3=TS 
TF?2=TM3-DTH 
QHM=FM*CTM3-TM4)/.252 
AHME=BHM/< 400. *DTH*1.8) 
AHMEN= 10000. 
CALL INUVBR(AHEEBFHMENBAHMSB SHEN) 
CSAT=-785*DS**2 
CSAM=5.1 
CALL INUMBR CCSATB CSAMD CSABSMN) 
DS=SBR T<CSA/.'TRS) 
CMSl-iE=XMSI *.696*AHMS**.64 
CSTP=(S.F5*(DS/.0245)1*.93*XMSI/273.1 +1*7*(D5/ .22S6)**-5*CXt4SI/  
1256.))*Z*3.28*SXN 
XLBS=FM*(TS-Ttq2)/( .252*9E)I - 7 )  
CSTS='XLES*STEM*E. 5 
GH=FM*(50- +DTH-T+273.15)/.252 
TC2=SP(4) 
TFil=35- 
TC1-25.0 
DTl=THI-TCI 
DT2=TH2-TC2 
IFCASl~DTl-DT2)~LT~O~0001)60 TO 1 
DTLM=<DT2-DTl)/ALOG(DT2/DT1)*1.8 
AHET=CH/ (400. ;bDTLM) 
GO TO 2 
AHET=QH/(4QO.*DTl*I.U) 
WC=QH/<(TC2-TCl)*8.34*1.8, 
AHEM= 10000. 
CALL I:VUXE~(AHETIAHEMBAHE.HEN) 
WH=OH/(CTHI-TH2)*8.34*1.8) 
CHEzXMSI *. 696*AHE**.64 
CCU= WC*WATER+S* 5 
CSi3=(CSTP+CNSHE*SHEN)*FACTR*-19+CSTS+CCW+CHE*HEN*FACTR*-l9 
RETURN 
3 D 



SUBROUTINE BOUND~CSPDIOUT) 
CONMON/IJNIVR/ TDFMD DFDF ND VFDXMSI~VWWDFACTRD STEMDPOW~~CTD NATERD 
ILABRCT 
COMMON/HEOP/ QHDAHED CHED WCDCCWD D T ~ D H E N D  T H ~ D ~ U M P C  1 
DIMENSION SP<4> 
IOL;T=O 
IFCSPC I )  .LT. 110.0) 10UT=l 
IFCSP<I).GT-160.0)IOUT=l 
IF<SP<2).LT*0*076) 10UT=l 
IFCSP~2).GT*FM*2* 12E-S)IOUT=l 
IF<S?<3>*LT.O*3)IOlJf=1 
IF<SP<3?~Gf*2C.~IOUTsf 
IF<SPC4).LT-25* l)IOUT=l 
IF<SPC4)*GT.TH2-.3)IOUi=l 
RETURN 
END 



SUBROUTINE A I ~ F I L < V S , P D A F S C S A F T ~ X L A f S C A F s A F N ~ P ~ D A F U ~  
COMMON/UNIVR/ TsFMsDFsFNs VFDXMSIS VWWSFACTRSSTEMSPOWRCTS bATER* 
lLABRCT 
FD= 1 6E-03 
PD=I .OE-04 
XIN=l .OE+C4 
FREQ= 100 
T AC=20 
ALPHA=.033 
TAK=T4C+273* 15 
RHO=P/<2*82966*TAK) 
TR=TAK/132.5 
B=<0*9/2.3Q25SS)*ALOGC1-9*TR) 
P U N K = ~ . O ~ ~ * < T R * ~ O . ~ ~ ~ ) - O O ~ ~ I / C C ~ . ~ * T R ) * * B >  
V I S = <  1.094iE-C4>*FbKK 
PI=3.14159 
VBAR=SQRT<<P+B-l04E+06)/<PI*RHO>) 
XMFPz2. *VI S /  CRHO*VBAR, 
RAT82. *XI4FP/PD 

12 C=1*0 + RAT*( 1.23+0- 41/EXP<O*gP/RAT>) 
DBM=C*<1.3BE-l6)*TAK/(3*O*PI*VIS*PD) 
ENR=PD/FD 
EPS= l -0-ALPHA 
VC=l.l25*VIS*FD/(C*PC**2> 
FLOW=VS*PI *DF**2/4 .  
FLS=FLOW/3600- 
VSF=IOO**FLS/CSAFT 
VAF=VSF/EP S 

20 RE=RHO*FD*VAC/VI S 
25 VOL=FLOW*2 4. *FREQ 

XOUT= 1 .O/ VOL 
ARG=XIN/YOUT 
PE=FD*VAF/DEN 
XAXIS=<ENR>*:PE**(l*/3*>>*CRE**Cl-/18.)> 
IF<XAXIS-19.) 15rlS. 16 

16 PRINT 99, XAXIS 
99 FORMkTC 1 Fr *WARNING. - XAXIS = * r  €10.5~ *WHICH IS OFF GRAPH*) 
15 IF<KAXIS-i.1 2 1 ~ 2 1 ~ 2 2  
21 YAXIS=10.**<.43912 + ~ . ~ ~ O ~ ~ * A L O G I O < X A X I S ~ )  

GO TO 23 
22 YAXIS=l@.**C.43912 + 3*592SS*ALOGIO<XAXIS)) 
23 ADAO=YAXIS/<ENR*PE) 

ADAA=ADAO*Cl.O + 4.5*AL?HA) 
Z = < P I  *FD*iZPS/<4. *ADAA*ALPHA) )*ALOGCARG) 
CDM=52*/RE 
PD4C= CDM+2~0*RHO*Z*~VA~**2~*CALPHA*C1~3S~/~.jI*FD*l~O25E+O6> 
XLAF= Z/ 100 - 
CSAF51=F I 
"ALL INUMBRCCEAFTs CSPFMS CSAFSAFN) 
DACU=SQHTCCSAF*4./? I) 



VUAF=CSAF*XLAF 
VTAF=VUAF*AFN*FN 
CFIB=CVTAF*2ll.S7)*CXMSI/332.)*10. 
CUPS=572.5*(VUAF**.557)*XMSI/263. 
CTFS=CUFS*AFN*FN 
CAF= CCFIB + CTFS)/CAFN*FN) 
RETURN 
END 
SUBROUTINE INUMBRCTCSUMCDUCDXY) 

c-------------- - TC IS THE TOTAL CAPACITY REQUIRED 
b-------------- UCM IS THE MAXIMUM UNIT CAPACITY 
c---------------- UC IS THE ACTUAL UNIT CAPACITY EASED ON XY INTERGRAL 
c-------------- NUMBER OF EQUkt CAPACITY UNITS 

1FCTC.LE.UMC)GO TO 1 
XX=TC/UMC 
LL=XX 
XY=LL* 1 
UC=TC/XY 
GO TG 2 

1 UC=TC 
XY= 1.0 

2 RETURN 
END 



A.3.2. Optimization of Distillation Column Computer 
Program DISTL . . 

The computer program DISTL optimizes the distillation column 

shown in Fig. A.5 for two feed streams. Since, as discussed above, 

the reflux ratio is set a priori at 1.25 times the minimum, the 

optimization is made around the condenser and feed preheat exchangers. 

A flow chart of the computer program DISTL is shown in Fig. A.9. 

First, the minimum reflux is calculated, and then the bottoms 

ethanol concentration, XB, is found from the overall mass balance, 

Eq. (A.38). Beginning at the bottom of the column, subroutine EQUIB 

is called to calculate the gas phase ethanol mole fraction, Y, and 

the tower cross sectional area, AN, at each plate in the stripping 

section. When the mass balance equations (Eqs. (A.39) and (A.43)) 

indicate a lower liquid concentration in the stripping section, XS, 

than would be present in the intermediate section, XI, a feed point 

is determined. This process is repeated to determine the second feed 

point; the ethanol liquid phase mole fractions are calculated in the 

main program and then EQUILB is called to determine the gas phase 

mole fraction from Eqs. (A.40) to (A.42), and a tower cross sectional 

area at each plate from Eq. (A.52). When the top of the tower is 

reached (i.e., Y = 0.875), the column diameter is found from the 

largest required cross sectional area. 

The condenser is then optimized using the temperature difference, 

DTC, between the condensing ethanol vapor and exiting cooling water 

as the optimized variable. DTC is initiallized in DISTL and a patern 

search subroutine, PATERN, is called to perform the optimization. From 



the PATERN subroutine PROC4 is called which designs and costs the 

condenser using the adjusted value of DTC generated in PATERN. The 

total condenser operating cost is then fed back to PATERN for comparison 

with previously calculated costs and further adjustment of DTC until 

the minimum cost is found. The subroutine BOUND4 is called from 

PATERN each time the valve of D E  is altered to check that the 

adjusted valve is within physical limits. 

With the condenser costs minimized, the feed preheat exchangers 

are optimized using the degree of approach between the column bottoms 

product and the feeds, DTPH, as the parameter. The subroutines 

PROC5 and BOUND5 have the same relation to PATERN as PROC4 and 

BOUND4. The preheat exchangers are sized and operating costs 

determined in PROC5 every time PATERN feeds a new value of DTPH. 

In both the condenser and preheat optimization subroutine INUKBER is 

called from the PROC routines to determine if the design specifications 

exceed the maximum unit capacity set in the cost estimation section. 

If so, INUMBER sizes an integral number of equally sized units to 

meet the design requirement. 

As discussed previously the operation of the preheat exchangers 

affect the vapor and liquid flow rates in the lower sections of the 

column. Thus once the preheat exchangers have been optimized, new 

molar flows are found from Eqs. ( A . 5 9 )  and (A. 60) and the entire 

design repeated until the flow converges to within 2.0% between 

successive designs. 

A FORTRAN listing of DISTL and a summary of variables is shown 

below. A  listing of subroutine PATERN used with DISTL is not shown, 



RATIO, COST INDICES 

ANCFS C A E .  EXOH MOLE 
FRACTION AND FLOW RATE 
O F  BUITCMS AND D I S T I L  
I A T E  FLCkl RATE I 

C., moss sEC.AHm 

I i 

IS THE REFIIJX RATIO 
> 0.0 > 0.0 (0 .o 

CALC. L I W D  EMlH MOLE 
m c .  mCM nth +1 
P I A T E  USING STRIPPING 
AND I W E M E D I A T E  SEC- 
T I O N  OPERATING W E  1 
W E  I N T E M W I A T E  OP- 
ERATING L I N E  PRODUCE 
A HIGHER !DOH MOLE 

r 

S r n I P P I N G  -- 
SECTION 

I 
d 

X B L  763-695 

Pig .  A . 9 .  Flow d i a g r a m  f o r  computer program DTSTL. 

= 0.0 ? > 
<o.o 

E N D  

b 



m c .  FRCM nth +1 
PIATE USING RECTIFYING 
AND INPER-lEDLATE SE- 
TION OPFXATING LINE 

WES RECTIFYING OPER- 
ATIN LINE PRODUCE A 
HIGHEB D O H  MOLE FRAC. I-- 

m c . ,  a36s S!E.AR 
AND TEMP. AT EACH 

CALC. LIQUID ETOH MOLE 
m c .  FR(M nth +1 
PIATE USING RECTIFYING 
SECTION OPERATING LINE 

I S  L I Q m D  MOLE FWC. 
G R U T W  THAN SET DIS- 
TILIATE MOLE FRAC. 

WO 

( 0 . 8 7 5 )  1 

1NTl.rnEDIATE -- 
SECTION 

Fig. A . 9 .  Continued. 



PRE NEAT EXCIIANGERS 

I N I T I A I J Z E  DEGREE OF 
APPROACH I N  PRE MEAT 
EXCHANGERS 

C A E .  NEW MOIAR FIDWS 
I N  C O U 4 N  

DIFFER BY MORE THAN 
2 dp FRCM INITIALLY 
CAW. FILMS ? 

C A E .  CAPITAL COSTS 0 
L 

J I 

PRINP E Q U I R . I ~  SIZE P R I N r  PROWCTION 
AND COST C W T S  E N D  

Fig. A . 9 .  Continued. 



but is identical to the PATERN subroutine used with the computer 

program CONFER. 

Explanation of Variables used in Distillation Column Optimization, 
Computer Program DISTL (in order of appearance) 

XMS I 

ZI 

22 

F1 

F2 

PR 

RR 

EM 

AM 

XD 

D 

B 

XB 

R 

X(I) 

Y(I) 

RS 

VS 

RI 

VI 

AN 

T 

Current Marshall Stevens cost index 

Mole fraction of ethanol in feed number one 

Mole fraction of ethanol in feed number two 

Feed rate of first feed (moleslhr) 

Feed rate of second feed (moleslhr) 

Per cent recovery of ethanol in distillate 

Reflux ratio (RR = R/(D + R)) 

Murphee V-phase plate efficiency 

2 
Maximum cross sectional area required in column (ft ) 

Distillate mole fraction 

Distillate flow (molelhr) 

Bottoms flow (mole/hr) 

Ethanol mole fraction of bottoms product 

Reflux flow (molelhr) 

Ethanol mole fraction of liquid on ITh plate 

Ethanol mole fraction of vapor coming from plate 

Liquid flow in stripping section (molelhr) 

Vapor flow in stripping section (nolelhr) 

Liquid flow in intermediate section (molelhr) 

Vapor flow in intermediate section (molelhr) 

2 
Tower cross sectional area at ITH plate (ft ) 

Temperature ( O C )  



D I  

H 

C T 

CST 

D TI 

DT2 

QC 

AC 

CDC 

QB 

AB 

CDB 

QPH 

APH 

CPH 

TPEC 

CSTLS 

PLOCT 

GPD 

TOCT 

CPG 

STCT 

Diameter of tower ( f t )  

Height of tower ( f t )  

Cost of tower ( d o l l a r s )  

Cost of t r a y s  ( d o l l a r s )  

Degree of approach i n  condenser (OF) 

Degree of approach i n  feed preheat  exchangers (OF) 

Condenser hea t  load (Btu/hr) 

2 
Beat exchange a r e a  i n  condenser ( f t  ) 

Cost of condenser ( d o l l a r s )  

Reboiler hea t  load (Btulhr)  

2 
Heat exchange a r e a  i n  r e b o i l e r  ( f t  ) 

Cost of r e b o i l e r  ( d o l l a r s )  

Heat load of feed preheat  exchangers (Btulhr) 

2 Area of preheat  exchangers ( f t  ) 

Cost of preheat  exchangers ( d o l l a r s )  

Tota l  purchased equipment c o s t  (do l l a r s )  

Labor and supervis ion  opera t ing  cos t  (do l l a r s )  

Overheat c o s t  ( d o l l a r s )  

Production r a t e  (gal lday) 

Tota l  ope ra t ing  c o s t  ( d o l l a r s )  

Production c o s t  ( cen t lga l lon)  

Cost of steam ( d o l l a r s )  



Computer Program DISTL 

PROGRAk DI < TAPETTY=70OrOUTPUT=TAPET7Yr TAPEl=TAPETTYr INPUT= TP.PEITY1 
COMM@N/DIST/ A12rA21rA122rA21 1rP~JrPE~EMrVrTL 
COb?MON/COST/XMSIr F A C I U ~ S T E M D P O W R C T ~ W A I E R ~ ~ - G ~ R C T  
COMMON/HEXOP/AUCs WC, CDCr CWCTr XYCr QC 
COMNON/PHEAC/CB, F I DF~D.~B!JD CDEL CPHr QPHr STCT,XYBDXYPHD X'fPHl r XYPH2r 
ICPHlrCPH2 
DIMENSION XC.310)~ Y(310)r DTlCl)rDT2(1 )*ST1 <l>~Si2(l)sCKC60) 
DIMENSION LFEiC3) 
EXTEZNAL P 70G4,PEOC5rBOUND4s BOUND5 
CALL FET(5LTAPElr IFETrG) 
IFETC2)=IFFT<2)~0R~O000 0010 0000 0000 Q@@3B 
IFETCG)=ITET<8).0R.4000 0000 0000 0000 OOOOS 
CALL FETCSLI'AFEI t IFETs-8) 

c FLOWS IN POUND MOLES PER HOUR ***************%******************** 
PRINT 200 

200 FOEMATClXr~ ENTER MARSHALL STEVENS COST INDEX.*) 
READ 201 r XMSI 

201 FORMATCFlC.3) 
PRIN'I 202 

202 FORKAT(1Xs * ENTER Zlr Z2r Flr F2r PRD ONE ENTRY PER LINE*) 
READ ~ ~ ~ D Z ! D Z ~ D F ~ D F ~ D P H  

103 PRINT 203 
203 FORMATCIX,* ENTER REFLUX RATIO-+) 

PRINT 505 
505 FORt?ATCIXr*IF ReO.0 STOPS RzO.0 1.25 RMIN FOUND, R>OeO R=E*) 

READ 20lrER 
PRINT 204 

204 FORHAT< lXr* DO YOU UANT A LISTING OF CONC* AND TWP. ON EACH P l A r E  
l ?  Ol=YESr OOtNC*) 
PRINT 504 

504 FORMAT( 1Xs *- 1 ONLY SEPERATION COST IS PRINTED*) 
READ 205,K 

205 FORMATCI2) 
I I = 2  
EM=0 70 
AM=O. 0 
FACTR= 4.9 1 
STEW=1.2 
POWHCT=O-01 
WATER=O. 128 
LPBRCT= 5.6 
XD=.875 
A=1.0 

A12=7.7105 
A21=9.9817 
A122=6.7539 
A211=-lC.0836 
P W = 5 0 - 8  
PE=130.8 
R2~0.0 





XI=CVI*Y<I )-Z2*F2+X6tB~/RI 
XR=<V*Y<! )-D*XD)/R 
IF<XI*LT*XR)GO 10 4 
N-1-2 
IFCAN.GT.AM)AM=AN 
IFCX-LE.0) GO TO 301 
PRINT 2r X(I)r Y<I)r AND TI N 

301 IF CN-GT.300)GO TO 9 
X<I+I )=XI 
1=1+1 
GO TO 6 

4 IF<K-LE.0) GO TC 7 
PRINT 5 

c RECTIFYING SECTION **+**********+***+**+*************************** 
7 X2=1.-XCI) 

TL=R . 
CALL EBUILCXDYDANS IsX2rT) 
XR=(V*Y<I)-D*XD)/R 
N= 1-2 
IF <AN.Gf .AM)AM=AN 
IFCK-LE.0) GO TO 310 
PRINT 29 X<I)r Y<I)s AN* TD N 

310 IF<N.GT-3OO)GO TO 9 
IF(Y(I).GE.XD)GO TO 8 
X<I+l)=XR 
I=I+l 
GO TO 7 

9 PRINT 10 
ENDFILE I 

10 FORMAT ClXs*PINCH POINT POSSIBLE---300 PLATES WILL NOT ACCOMPLISH 
1 SEPERATION*) 
PRINT 206 

206 FORMAT <lXr*I ASKED FO6 REFLUX RATIO NOT YOUR I- go * )  
GO TO 103 

C SEpERATION COSTS ***+*******+************++*******t+***************** 
8 AT=AM/CI--.088) 

DI=<1.87*AT)**.S 
H=N+2+4 
CT=XMSI*G. 3089*H**.El la*DI**-8787 
CST=XMSI*0~0156*H**-9758*D1**1~634 
CTT=CT+CST 



C HEAT EXCHANGER EQUIPMENT AND HEAT LOAD 
C 30 PSI STEAM USED IN HEBOILER T=195 C 

DTl<l)=3*0 
STl<l)=2.0 
DT2<1)=3.0 
ST2<1)=2.0 
CALL ?ATERN( 1 r DTlr STlr3rO,CST4,PROC4*BOUND4) 
CALL PROC4<DTlrCST4) 
CALL PATERM< 1, DT2, ST2,3rO, CST5,PROC5, BOUIrjDS) 
CALL PROCS(DT2,CSTS) 
CK(II)=VS 
CK(1 )=D+FI 
VSC=DT2(1)*(fl+F2)*18*f17510. + CKCII-1) 
IF(ABS<CVSC-VS)/VS).LT.O.O2)GO TO 704 
II=II+l 
IF<II-GT*50)GO TO 506 
VS=VS+DT2(1)*<Fl+F2)*I8./17510. 
VI=VI+DT2(1)*Fl+l~./17510. 
RS=RS+<Fl+F2)*(DT2(1)*18-f17510*) 
RI=RI+Fl*(DT2(1)*16./17513-) 
GO TO 703 

704 TPEC=CTT+CDC*XYC+CGB*XYB+CPH 1 *XYPH 1 +CPH2*XYPH2 
TFCI=TPEC*FACTi? 
FOC=TFCI *= 19 
CSTLS=LABRCT*SSOO- 
PLOCT=*5*<~P324.+0.03*TFCI) 
GPD=D*<XD*46.+( 1 .-XD)*18* )*244f6*728 
TOCT=FOC+CSTLS+?LGCTOCT=FOC+CSTLS+PLOCT+CWCT+STCfC+CWC'C+STCT 
CPG=TOCT/<360.*G?D)*100. 
CPH=CPHl +CPH2 
1FCK.LT.Q)GO TO 503 
PRINT 38 

38 FORMAT < IHl, 1x1 *CAPTIOL COSTS*r lo< l H * ) / )  
PRINT lOlr R2 

101 FORMAT ClXr*REFLUX RATIO = *rF7.3/) 
PRINT 1 1  

1 I FORMAT (3X,*ITEM*r 17x1 *CAFACITY'+,~XD *NO. OF UNIiS*r4Xs*COSTf UNIT f 
10B*, IHE) 
PRINT 15 

15 FORMAT <lXa70(1H*)) 
PRINT 13, DI, N, A, CTi 

13 FORMAT < lXa.*DIST COLCMN3r 5X,F6.2a *CT.DIA**r 14, *PLATES+, 4XnF30 I r  
1 1  lX~F9.2/) 
PRINT 14, OC, X Y C ,  CDC 

14 FORKAT C lX,*CGNDENSER*, E X I E ~ ~ . ~ ~ * B T U / H R * ~ ~ X D F ~ -  1s 1 lX>F992f) 
PRINT 16s QBI XYBJ CDB 

16 FORMAT <lXr*REBOILEd*> ~ ~ X I E ~ O . ~ , * B T U / H R * S ~ X , F ~ - ~ ~  1 lXsF9.2f) 
P2INT 17, OPHI XYPHD CPH 

17 FORMAT < 1 X ,  *PREHEAT EECHX*r 6x1 EIO.31 *BTUf HR*, EX,F3.1 s 1 lX,F9.2/) 
PRINT 15 



PRINT 21, TPEC 
2 1 FOPM9T C 1x1 *TOTAL PURCHASED EaUIPMENT COST*# El 1-41 lHS/l 

PRINT 22r FACTH 
22 FORMAT< I XI *MULTIPLICATION FACTOR IS *rFS.2/) 

PRINT 23, TFCI 
23 FORMAT< 1 X I  *TOTAL FIXED CAPITAL INVESTMENT IS*. El 1.4.1 HS/)  

PRINT 2 4  
2A FORMAT<lXr*TEN YEAR STRAIGHT LINE DEPRECIATION ASSUMED*/) 

PRINT 25 
35 FORMAI< 1x3 !OClS*)r *OPERATING CQP-fS DCLLARS/YEAR*t i3C lt;iir)/> 

PRINT 15 
PRINT 26, FOC 

26 FORMAT<lXr*FIXED CHARGES C-19/YR OF ~CI)*siOXrE12.3/) 
PRINT 27rSTCT 

27 FORMAT<!Xr *STEAM*> 34XrE12- 3/) 
PRINT 29t CUCT 

29 FORMATClXr *COOLiNG WATER*r26XtE12.3/) 
PRINT 301 CSTLS 

30 FCRMAT(IX# *LASOR AN0 SUPERVISION*r l8Xr E12.3/) 
PRINT 3lrPLOCT 

31 FORMAT( 1 XI *PLANT OVERHEA@*t25Xn El 2.3) 
PRINT 15 
PRINT 32, TOCT 

32 CORMAT<21X**TOTAL*.* 9rirE12*3/) 
503 PRIRT 36, GPD 
36 FORMAT < I XI *PRClDUCTION RATE*# El 1 3s 3x1 *GAL/DAY*/ 

PRINT 37s CPG 
37 FORMAT < 1x1 *SEPERATION COST*# 3XrF7.4~ *CENTS/GAL*/) 

GO TO 103 
506 PRINT 507 
507 FOSMATC 1x1 *ITERATION OF VAPOR FLOWS EXCEED LIMI TS--STCP*) 
12 STOP 

EN D 





SUBROUTINE PROC4CDTlrCST41 
COMMOK/HEXOP/ AUCI WCr CDCs CWCTD XYCD QC 
C O ~ Y O N / D I S T / A ~ ~ D A ~ ~ D P . ~ ~ ~ J A ' . ' ~  ~ D ? ~ D ~ ~ J ~ ~ ~ D ~ D ~ ~  

COMMON/COST/ XMSIr FACT2r STEM3 POWPCrr WATERJLABHCT 
DIMENSION DTl< 1) 
DTC=GTl ( 1 )  
QC=166!1-*V 
DTLMC=<C53.-U?C)/<ALOG(53./DTC)))*l-8 
AC=QC/ <44E?. *DTLMC) 
CALL INUNBR(PCr10000.sACU.XYC) 
WC=QC/C(53--DTC)r1.8*8.34) 
CWCT=WC*WATEZ*S. 5' 
CDC=XMSI*. 696*ACU**.64 
CST4=CWCT+CDC*FACTR**19*XYC 
RETURN 
END 
SUBROUTINE SOUND4<DTIn IOUT) 
DIMENSION DTl C I ) 
IOUT=O 
IFCDTl(1) .LT*O* 5) IOUT=l 
IF(DTlC1).GT.20.)IOUT=l 
RETURN 
END 
SUBROUTINE FROCSC DT2r CST5) 
COMMON/PHEXC/ SasF1 SF~~P.BUDCDB~CPHDQF~~D STCTDXYBDXYPH~XYPHI DXYPH~D 
lCPHlrCPH2 
COMMON/HEXO?/PUCr WCJ c ~ c ~ c ~ c ~ ~ x Y c 8 ~ c  
COMMGN/CGSf i X X S I  D FACTRr STEI4s10WriCT~ 3ATERrLAEPCT 
DIMENSION DT2C1) 
DTPH=DT? ( 1 ) 
QB=QC+<Fi+F2>*18.*DTPH*l.8 
AB=Qa/30680. 
CALL I N U M S ~ < A B S ~ O O C O ~ ~ A ~ U D X Y B )  
CDB=XMSI*.696*ABU**.64 
STCT=QB/945*3*S? EX*E.S 
QPHl=Fl*32.4*<65.-DTPH) 
QPH2=F2*32.4*(65.-DTPH) 
OPX=QPHI +QPH2 
APHl=OPHl/< <416.*DTPP>*l - R )  
APH2=QPH2/CC416. *DTPH)*I * S >  
CALL INUkRX(4PHl s 10000.sAPH1 ifr XYPHl) 
CALL INUMBR(APH2r I 0090*rP.PH2C;rXYPH2> 
IFCF2.ER-O.O)XYPH2=0.0 
XYPH=XYPHl +XYPH2 
CPHl=X!ISI*. 696*APHl U**- 64 
CPH2=XNSI*. 696*APh2U**.64 
CPH=CPHl +C?h2 
CSTS=STCT+CCDB*XYB+CPH*XYPH) *FACTR*. 19 
RETURN 
EN Ij 



SUai;OUf I N €  EOUNDSCDT2* IOUT) 
DIMENSION DT2C 1 )  
IOIJT=O 
IF(DT2(1 ).LT.O.5)IGUi=l 
IFiDT2(! ).GT.23- )iOUT=l 
RETURN 
END 

*** 
The pattern search subroutine PATERN is l i s t e d  with 
program CONFER. 



A.3.3. Design of Vapor Recompression Cycle. 
Com~uter Program VAPRC 

The computer program VAPRC designs the recompression cycle shown in 

Fig. A.3 used in the vacuum fermentation system and as an alternative 

to conventional steam driven reboilers used in the final alcohol 

distillation. The composition, temperature, and pressure of the 

feed to the compressor are entered, and the compressor discharge 

pressure and temperature are calculated from Eqs. (A.34) through (A.36) 

to obtain complete condensation of the vapor at a specified condenser 

(or reboiler) temperature. If non-condensable gased are present, 

Eq. (A.37) is used to determine the ethanol concentration in the 

condensate for a set of condensation ratios (condensate ratelfeed rate). 

As explained previously, Eqs. (A.34) through (A.37) are solved by 

trial and error when noncondensables are present. 

With the molar flows established, the required compressor power 

is found from Eq. (A.15). 

Explanation of Variables Used in Computer Program VAPRC 

F Feed to compressor (moleslhr) 

T Uncondensed vapor (moleslhr) 

B Condensed vapor (noleslhr) 

T1 Temperature of feed (OK) 

T2 Condensation temperature (OK) 

T3 Exit temperature from compressor (OK) 

EF Ethanol in feed (moleslhr) 

W?? Water in feed (moleslhr) 

C02F CO in feed (moleslhr) 
2 

02F Oxygen in feed (moleslhr) 



PES Saturation pressure of ethanol at condensation temperature (mmHg) 

PWS Saturation pressure of water at condensation temperature ( W g )  

P1 Compressor intake pressure (mmHg) 

P2 Compressor discharge pressure (mHg) 

PHI Ratio of condensed vapor to condensable vapor in feed 

(B = PHI(F) - C02F - 02F) 

ET Ethanol which is not condensed (moleslhr) 

HP Compressor power (horsepower) 



C o m p u t e r  P r o g r a m  VAPRC 

* FLOidS QRE IN i4GLES PER HOUR 
* E REFERS TC E ~ ~ P N G L D W  REFERS TO WATER 
* PRESSLRES PIrP2r ARE IN MM HG 
* F IS FFEDD? TCPSD 6 ECTTOMS 
* TI, T2, ARE SENPLRATUHE IN DEGREES KILVEN 

R E A C ~ T I S P ~ ~ E F D W F D C C ~ F . C ~ F  
4 READD T2 

PHI=0.9 
I = i  
F=EF+UF+COBF+O2F 
XCF=EF/C 
YI=(COPF+012F)/F 
XLR=FF./C EF cWF) 

3 XMB= I a-XEE 
72C= 12-273-0 
PES=EXP(2. 303* (Q .04A9dd1554-3J (222*65+12c l ) )  
P W S = E X P ( ~ . ~ O ~ * ( E . I ~ ~ ~ L - ~ ~ ~ C I ~ I ~ @ ~ / C ~ ~ S - + T ~ C ~ ) ~  

5 GME=EXP<2.303*.7236/C I .+I *9J~>EB/Xwt3)**2) 
GMW=EFP<2 .303* .3818 / (1 .+ .526*X i lB /X I IB ) * *2~  
P~=(CMS*YEE+PES+GMW*PWS-~~IY:~'*PWS*XE~~)/(~ .O-YI 1 
I F C C C 2 ~ + 0 2 F ~ E C ~ O ~ O l G O  TG 7 
XERI=XEF/((l--PHI>*GWE*PES/?i!+PHI) 
3-PHI *F-C02F-02F 
T=F-8 
YI=CCOL?F+02F)/l 
IFCABSCXEBI-XLB).LE.O.OOOI>GO TO e 
XEL=XEBl 
I = I + 1  
IFCI.GT.1OO)GO TG 4 
GO 10 5 

7 B=EF+WF 
PHI=1.0 
T=C02F+WF 

8 PRINTrPfJ! 
E7=EF->Ed*B 
Wl=WF-(1-3-XEb)*fi 
PRINTsEIs W ?  
PRINT 8rF1 T~BDXFFDXEB 
PRINT 9rP2 
OF=F*16.6S*Tl/Pl 
PCI=P1*2.7€, 
HP=l-@lSE-4*PCI*OF*C~P2~P1)**-166-1~) 
T3=TI *(P2/Pl>**- I66 
PRINT 6rqP#73 
IF(PHI.GE.0-959)GO TO 4 
PHI=PhI +0.02 
I= 1 
GO TO 5 
STOP 
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APPENDIX B. EXA,VLE DESIGN USING COMPUTER PROGRAMS 

In order to use the computer programs to design an ethanol 

fermentation plant the ethanol production rate must be specified 

as well as certain metabolic parameters of the yeast. For the design 

example a continuous fermentation plant producing 78,000 gal/day of 

95% ethanol from enzymatic hydrolysate sugars was taken. Unless 

otherwise indicated, the fermentation parameters used in the design 

represent optimal conditions as determined in Chapter 6. 

First using the computer program CONFER, the basic fermentation 

process was designed. The input data required by CONFER are sho* 

in Table B.1. The data are entered in the order shown below, one 

datum input per line when the program is run on a time sharing 

basis using a teletype. Minor modifications of input format statements 

are required if the data is entered on cards. As mentioned in 

Appendix A, the computer program CONFER was written to be applicable 

to general fermentation processes and capable of accounting for the 

simultaneous production of four ferinentation products and cell mass. 

Thus for the ethanol fermentation only two product yield factors 

and product heats of combustion were specified. The remaining yield 

factors and heats of combustion were set equal to zero. 

The optimum design of the fermentation process specified in 

Table B.l was obtained from the output of CONFER shown in Table B.2. 

The internal design parameters of the fermentation process which 

were generated in CONFER are first listed. An explanation of these 

numbers is shown in Table B.3. The internal design parameters are 

followed by an equipment list for the fermentation process. The 



Table B.1. Input data to CONFER. 

Variable Name Value for 
in CONFER Explanation Design Example 

n1s I 

YXS 

YPS (1) 

=s (2) 

YPS (3) 

YPS (4) 

HCX 

HC1 

HC2 

HC3 

HC4 

CAP 

SO 

DI 

T 

402 

CCL 

PPT 

Current Marshall Stevens Cost Index 

Cell yield factor, g cellslg substrate 
fermented 

Yield Factor of product 1 (ethanol), g 
yroductlg substrate fermented 

Yield factor of product 2 (C02), g 
productlg substrate fermented 

Yield factor of product 3, g productlg 
substrate fermented 

Yield factor of product 4, g productlg 
substrate fermented 

Heat of combustion of cell mass, kcal/g 

Heat of combustion of product 1 (ethanol), 
kcal/g 

Heat of combustion of product 2 (C02), 
kcall g 

Heat of combustion of product 3, kcallg 

Heat of combustion of product 4, kcallg 

Plant capacity, lblday 

Limiting substrate concentration, g/l 

-1 
Fermentor dilution rate, hr 

Fermentation temperature, OK 

Specific respiratory rate of yeast, mM 
02/g cell-hr 

Critical liquid oxygen concentration, 
moles/lxl0-4 

Per cent utilization of limiting substrate 



Table B.2. Computer output of CONTER. 

1 **********OPTIMUM D E S I G N  O F  R U N  N U M E E R  1 

I T E M  C A P A C  1 TY NO. O F  U N I T S  C O S T / U N I T  F O B S  
...................................................................... 
F E R M E N I C 2  1 8 8 , 5 4 1  3 L I T E R S  6 - 0 90530.3 

A G I T A T O R  13.9 H P .  6.0 6482. 7 

H E F T  R F f l O V A L  E X C H R  408-3 SQoFT. 1 .O 14540. 5 

A I R  C O M P R E S S O R  90.7 H P .  1 . 0  37974.1 

A I R  F I L T E R  - 4 %  X - 3 M  6.0 

H E G I A  S T E R I L I Z E R  S- 7M X 1 . 3 7 8 M  1 . 0  

P R E  H E A T  EXCtIANGER 9994.8 S Q - F T .  1 . 0  1 1 2 5 6 6 . 4  

C O O L E R  E X C H A N G E R  4119.2 S Q a F T .  1 .O 63831 i 
...................................................................... 
TOTAL PURCHASED EQUIPMENT COST I . O I ~ ~ E + O ~ S  

M U L T I P L I C A T I O N  F A C T O R  I S  3.09 

T O T A L  F I X "  D C A P I I A L  I N V E S T M E N T  IS 3.14696+065 

T E N  YEAR S T R A I G H T  L I N E  C E P R E C I A T I O N  A S S U M E D  

**********OPERATING COSTS GCLLARS/YEAR+********* 

S T E A M  2 . 2 5 7 E + O 4  

P O W E R  1 0 7 7 6 E + 0 4  

C O O i I N G  WATEK 7.0 1 9 E + @ 4  



Table B.3. Explanation of internal design parameters in output of computer program CONFER. 

Fermentor working 
volume, 1 

Superficial gas 
velocity through 
fermentor, m/hr 

Degree of approach 
in sterilizer preheat 
exchanger, O C  

Cell mass concentration 
in fermentor, g/l 

% Working volume Diameter of Height of 
of total fermentor fermentor, m fermentor, m 
volume 

WM of gas flow Agitator RPM Cooling water 
flow to 
fermentor, gal/hr 

Cooling water flow Degree of approach Temperature of 
to sterilizer, gal/hr in cooler exchanger sterilization, O C  

of sterilizer, O C  

Steady-state concentrations of products 1-4 in fermentor, g/l 

Fermentation 
pressure, atm 

Degree of approach 
in fermentor 
exchanger, "C 

Fermentor dilution 
rate, hr'l 



capacity, number of units and cost per unit is listed for each item 

of equipment. Finally, the operating cost for the basic fermentation 

is shown. 

Once the basic fermentation process is designed the computer 

program DISTL was used to design and cost the distillation step. The 

ethanol concentration and total flow rate of fermented beer determined 

in CONFER were fed to DISTL. The input data required by DISTL to 

design the distillation equipment for the continuous production of 

78,000 gallday of 95% ethanol are shown in Table B.4. As shown in 

Table B.4, a zero reflux ratio was specified in the input data. When 

this is done 1.25 times the minimum reflux is calculated in DISTL and 

used for the column design. Justification of using 1.25 times the 

minimum reflux was discussed in Appendix A, Section A.1.9. However, if 

a reflux ratio greater than zero is entered that value will be used in 

the column design. If the reflux ratio is too low and a pinch point 

is reached an error message will be printed. 

An optimum design of the distillation equipment for the example 

design is shown in the computer print out of DISTL in Table B.5. 

The equipment is first listed along with the capacity and cost per unit. 

This is followed by the operating cost for the distillation to produce 

78,000 gallday of 95% ethanol. 

To obtain a complete ethanol fermentation plant design the 

auxiliary equipment specified in Appendix A, Section A.l.10 was next 

designed. The capacity of mixing and storage tanks were calculated from 

the required holding time and the volumetric flow of process streams 

(see Section A.l.lO). The ethanol absorber was sized based on the 



Table B.4. Input data to DISTL. 

-- 

Variable Name Value for 
in DISTL Explanation Design Example 

XMS I Current Marshall Stevens cost index 445.6 

Z1 Mole fraction in feed 1 0.0194 

22 Mole fraction in feed 2 0.0064 

Flow rate of feed 1, lb moles/hr 23350.0 

Flow rate of feed 2, lb moles/hr 341.0 

Recovery fraction of ethanol in 
distillate 

Reflux ratio 0.0 



TaSle B.5. Computer output of DISTL. 

R F F L U X  P A T I O  = 8 & 0  

I TEM C A P A C  I TY NO. O F  U N I T S  C O S T / U N I T  F O B S  
........................................................................ 
D I S T  COLUMN 1 1 - 1 9 F T . D I A .  4 5 P L A T E S '  1 . 0  7 6 2 2 0 . 1 2  

C O N D E N S E R  ~ . O ~ S E + O ~ B T U / H R  1 00 69857- 60 

P R E H E A T  EXCHR 3 0 , 9 6 1  E + 0 7 B T U / H R  1 . 0  64484035 

. . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . .  

TOTAL P U F i C t J A S E D  E Q U I P M E N T  C O S T  2 * 5 8 3 9 E + O S S  

M U L T I P L I C A T I O N  F A C T O R  I S  3.09 

T O T A L  F I X E D  C A P I T A L  I N V E S T M E N T  IS 7 . 9 6 4 3 E + 0 5 5  

T E N  YEAR S T R A I G H T  L I N E  D E P H E C I A T I O N  G S S U M E D  

**********OPERATING C O S T S  DOLLARS/YEAR********** 

...................................................................... 
F I X E D  C H A R G E S  < - 1 9 / Y R  O F ,  IC1) 1 5 1 7 E + 0 5  

S T E A M  2 * 3 5 3 E + 0 5  

C O O L I N G  bJATFR 1 *0436+05 

LABOR 4 N D  S U P E R V I S I O N  4 . 2 5 0 E + C L i  

P L A N T  O V E R H E A D  3 . 6 1 7 E + 0 4  
...................................................................... 

1 G ' I P L  5 . 7 0 0 6 + 0 5  



3 computer program presented by Sherwood, Pigford and Wilke assuming 

2 
a molar mass velocity of 13.6 and 12.1 lb moles/hr-ft for gas and 

mG 
liquid respectively (- = 0.7). With these mass velocities the average L 

height of a gas phase transfer unit was 2.2 ft and that of a liquid 

phase transfer unit 0.77 ft when 1 in. rasching rings were employed. 

Also, the pressure drop through the column was only 4.0 in. of water 

at these flow conditions. For a more detailed description of the 

absorber design the reader is referred to the original referen~e.~ The 

ethanol absorber was not optimized because, as discussed previously, 

it represents only 0.45% of the total capital investment and its 

operation has a negligible effect on the distillation column. 

To complete the design of the enzymatic hydrolysate fermentation 

process an evaporative sugar concentrator must be designed. Based on 

the ethanol yield factor, 14.0 lb of fermentable sugar are required 

to produce 1 gallon of 95% ethanol. Since the hydrolysate sugars 

are 70% fermentable, the total amount of sugar needed is 14.0/0.7 

or 20 lb. The sugar arrives at the fermentation plant in a 4.0% 

solution and is concentrated to 10% fermentable sugars or 10/0.7 = 14.3% 

total sugar solution. Thus, the amount of water which must be removed 

per gallon of ethanol produced is, 

Oog6 0-875) = 378 lb Fi20/gal of ethanol 
2o*o(m - m 

3 
Assuming the heat of vaporization of the water to be 10 Btu/lb, the 

total heat load on the evaporator to concentrate enough sugar to 

produce 78,000 gal/day of 95% ethanol is, 



78,000 gal . day . 378 lb 
day 24 hr gal 

L 
If an overall heat transfer coefficient of 560 Btu/ft -hr-OF and a 

4 
temperature driving force of 50°F are assumed the total evaporator 

area is calculated as, 

9 2 4 2 1.23x10 Btu . ft -hr-OF . 1 - 4.4x10 ft 
hr 560 Btu 50°F 

The steam requirement for the evaporation may then be calculated 

for a 7 effect evaporator having a total steam efficiency 

378 lb water = 75.6 lb steam/gal of 
gal of ethanol 5 

of 5. 4 

ethanol 

The process equipment designs generated in CONFER and DISTL as 

well as the auxiliary equipment are combined to produce a complete 

fermentation plant design. A complete equipment listing of the example 

design is shown in Table 7.2 and the operating costs are shown in 

Table 7.8. 

The vacuum fermentation processes were designed in an analogous 

manner. CONFER and DISTL were used to design the fermentation and 

distillation equipment respectively. However, an additional computer 

program, VAPRC, was used to size the compression equipment necessary 

for the fermentor vapor compression cycle. The input data to VAPRC 

for the production of 78,000 gallday of 95% ethanol by vacuum fermentation 

is shown in Table B.5. The numbers shown in Table B.5 correspond to 

maintaining a 7.3% liquid ethanol concentration in the fermentor. The 

effect of changing the fermentor liquid ethanol concentration was 



discussed in Section 7.2.2 and illustrated in Fig. 7.3. 

The output of VAPRC is shown in Table B.6. In order to condense 

901 of the condensable vapor in the feed to the compressor (PHI = 0.9) 

at 313OK, (a 5OC AT in the fermentor reboiler) a compressor power 

of 2194 HP was required (HP = 2194). The remaining output of VAPRC 

corresponds to mass balances around the compressor-reboiler complex 

and was explained in Section A.3.3. 

With the compressor power for the recompression cycle calculated, 

the auxiliary equipment was then designed as discussed above and 

combined with the process equipment specified in CONFER and DISTL 

for a complete ethanol fermentation plant design. An entire equipment 

list and operating cost for a vacuum fermentation is shown in Table 7.6 

and 7.8 respectively. 



Table B.6. Input data to VAPRC 

Variable Name Value for 
in VAPRC Explanation Design Example 

TI Temperature of feed to compressor, OK 308.0 

P1 Compressor intake pressure, mmHg 55.0 

EF Ethanol in feed to compressor, moleslhr 381.0 

WF Water in feed to compressor, moles/hr 1207.0 

CO in feed to compressor, moles/hr 
2 

Oxygen in feed to compressor, moleslhr 70.0 

Condensation temperature in fermentor 313.0 
reboiler, O K  

Table B.7. Computer output of VAPRC. 

PHI = 0.9 

ET = 125.200074 WT = 86.1999259 

F=2114.0 T=737.40 B = 1376.6 XEF = 0.1802 XEB = 0.1858 
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